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Abstract 

This thesis focuses on the development and optimization of a low-energy anaerobic 

membrane bioreactor (AMBR) for chemical oxygen demand (COD) removal in 

municipal wastewater treatment. The AMBR consists of an anaerobic bioreactor 

coupled to an external tubular ceramic membrane. The pore sizes and molecular weight 

cut-offs of the used micro- and ultrafiltration membranes ranged from 0.4 µm to 

100,000 Dalton. The use of fluidized glass beads for low-energy fouling mitigation was 

investigated in a laboratory-scale AMBR. The addition of fluidized glass beads to the 

membrane module enabled the operation at extraordinarily low crossflow velocities of 

0.073-0.074 m/s. Glass beads with a diameter of 1.5 mm were more effective than 

smaller ones with a diameter of 0.8-1.2 mm. The electrical energy required for filtration 

was predicted to be about 0.31-0.33 kWhel/m³ treated effluent. Due to further process 

optimization, the energy demand might be reduced to about 0.15 kWhel/m³. The 

fluidized glass beads damaged all four membranes tested in the AMBR by abrasion. 

However, the extent of damage varied. In a clean water filtration test, a highly resistant 

microfiltration membrane was identified, which might offer a promising option for the 

novel AMBR. At hydraulic retention times between 1.3 and 2.3 h, the overall COD 

removal of the AMBR was about 80 % and did not vary distinctly with the type of 

applied membrane. Due to the addition of membrane filtration, the specific methane 

production (g CH4-COD/g influent COD) was enhanced by 26-35 %, from 0.23 

(anaerobic bioreactor without membrane) to 0.29-0.31 (anaerobic bioreactor coupled 

to membrane module). In the AMBR, 0.45-0.52 g COD per g influent COD were 

biologically degraded (sum of methane and COD utilized for sulfate reduction). In 

contrast, in the anaerobic bioreactor without membrane, only 0.34-0.37 g COD per g 

influent COD were biologically degraded. At a mean COD influent concentration of 

about 400 mg/l and a COD/sulfate ratio of 3.2 (measured in this study), between 44 

and 83 % of the required electrical energy for AMBR operation were covered by 

energetic utilization of the produced methane. In the absence of sulfate, an energy-

neutral process for COD removal might be attainable. However, recovery of the 

dissolved methane is mandatory to achieve such promising energy balances.  
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Zusammenfassung 

Gegenstand dieser Arbeit ist die Entwicklung und Optimierung eines energieeffizienten 

anaeroben Membranbioreaktors (AMBR) für die Abscheidung des Chemischen 

Sauerstoffbedarfes (CSB) aus kommunalem Abwasser. Der betrachtete AMBR besteht 

aus einem anaeroben Bioreaktor, welcher mit einer extern installierten keramischen 

Rohrmembran gekoppelt wurde. Die Porengrößen bzw. Trenngrenzen der eingesetzten 

Mikro- und Ultrafiltrationsmembranen lagen im Bereich von 0,4 µm bis 100.000 Dalton. 

Der Einsatz fluidisierter Glaskugeln zur energieeffizienten Minimierung des 

Membranfoulings wurde im Labormaßstab untersucht. Die Erzeugung einer 

Wirbelschicht aus Glaskugeln innerhalb der Rohrmembran ermöglichte eine Filtration 

bei außergewöhnlich geringen Crossflow-Geschwindigkeiten von 0,073-0,074 m/s. 

Glaskugeln mit einem Durchmesser von 1,5 mm zeigten eine stärkere Wirkung als 

kleinere Glaskugeln mit einem Durchmesser von 0,8-1,2 mm. Die elektrische Energie, 

welche zum Betrieb des AMBR theoretisch benötigt wird, beträgt 0,31-0,33 kWhel/m³. 

Die vier im AMBR eingesetzten Membranen wurden durch die fluidisierten Glaskugeln 

beschädigt. Das Ausmaß der Beschädigung varierte unter den Membranen jedoch 

erheblich. In einem Reinwassertest konnte eine Mikrofiltrationsmembran mit einem 

hohen Widerstand gegen die abrasive Wirkung der Glaskugeln identifiziert werden. 

Diese stellt eine vielversprechende Option zum Einsatz in dem untersuchten AMBR dar. 

Bei hydraulischen Verweilzeiten von 1,3-2,3 h wurde eine CSB-Abscheidung von 

ca. 80 % beobachtet, welche nur geringfügig vom Typ der eingesetzten Membran 

beeinflusst wurde. Durch Integration der Membranfiltration konnte die spezifische 

Methanproduktion (g CH4-CSB/g CSB im Zulauf) von 0,23 (anaerober Bioreaktor ohne 

Membranstufe) auf 0,29-0,31 erhöht werden. Dies enspricht einer Steigerung um 26-

36 %. Im AMBR wurden 0,45-0,52 g CSB pro g CSB im Zulauf biologisch abgebaut, d. 

h. zu Methan umgewandelt oder bei der biologischen Reduktion von Sulfat umgesetzt. 

Im Gegensatz hierzu, wurden im anaeroben Bioreaktor (ohne Membranstufe) lediglich 

0,34-0,37 g CSB pro g CSB im Zulauf biologisch abgebaut. Bei einer CSB-Konzentration 

von ca. 400 mg/l im Zulauf und einem CSB/Sulfat-Verhältnis von 3,2 (representative 

Werte aus der vorliegenden Studie) ist es möglich, zwischen 44 und 83 % der 

benötigten elektrischen Energie zum Betrieb des AMBRs aus dem produzierten Methan 

zu erzeugen. In Abwesenheit von Sulfat kann der gesamte elektrische Engergiebedarf 

des AMBRs theoretisch durch das produzierte Methan gedeckt werden. Um derart 

günstige Energiebilanzen zu erreichen, ist eine Rückgewinnung des gelösten Methans 

im Ablauf des AMBRs jedoch zwingend erforderlich.  
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Y (mg VSS/mg COD) Growth yield 

 

Greek symbols 

γ̇m (1/s) Shear rate at membrane surface 

δ (µm) Boundary layer thickness 

ε (-) Bed voidage 

εmf (-) Bed voidage at onset of fluidization 

η (Pa·s) Liquid viscosity 

λ (-) Friction factor 

μ (1/d) Specific growth rate 

μmax (1/d) Maximum specific growth rate 

ρl (kg/m³) Liquid density 

ρp (kg/m³) Particle density 

τm (Pa) Shear stress at membrane surface 



 

 

xxiv 

Φb (-) Bulk particle volume fraction 

Φc (-) Cake layer particle volume fraction 
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 Objective 

In contrast to aerobic wastewater treatment, anaerobic treatment offers several 

substantial advantages, e.g. low production of waste biological solids, generation of a 

useful end product in the form of methane gas, and lack of energy-intensive aeration 

(Rittman & McCarty 2001). In anaerobic treatment, the electrical energy generated 

from the produced methane might cover the energy demand of the treatment process. 

However, anaerobic treatment of municipal wastewater, characterized by low substrate 

concentrations and a high particulate fraction, still represents a challenge for 

wastewater engineers, particularly at low temperatures (≤  20 °C) (Lettinga et al. 2001). 

Even in warm climates, the commonly applied reactors for anaerobic municipal 

wastewater treatment show only low reduction of the chemical oxygen demand (COD) 

of about 60 % (Chernicharo et al. 2015; Heffernan et al. 2011). Hence, they are not 

able to generate high-quality effluents. Recently, the anaerobic membrane bioreactor 

(AMBR), a combination of an anaerobic bioreactor and membrane filtration, was 

suggested to be a promising option for the upgrading of anaerobic municipal 

wastewater treatment (Smith et al. 2012; Ozgun et al. 2013). Although, Grethlein 

(1978) has already demonstrated the feasibility of the AMBR for municipal wastewater 

treatment in the late seventies of the last century, only recently the application of 

AMBRs in municipal wastewater treatment was investigated more comprehensively.  

Several studies, e.g. by Martinez-Sosa et al. (2011), Bae et al. (2013), and Smith  et al. 

(2013), showed that by means of AMBRs, a high COD removal of 70-90 % can be 

achieved in the treatment of municipal wastewater, even at temperatures below 20 °C. 

A crucial obstacle in launching AMBRs to commercial application is fouling control, 

resulting e.g. from deposits on the membrane surface, as it is associated with a high 

energy demand (Liao et al. 2006; Smith et al. 2012; Stuckey 2012). 

Against this background, the objective of the present study is to introduce a novel AMBR 

for upgrading anaerobic municipal wastewater treatment by means of low energy 

micro- and ultrafiltration. The novel AMBR consists of an anaerobic bioreactor coupled 

to an external tubular membrane module. For fouling control, a fluidized bed of glass 

beads is generated within the membrane module. As the strong effect of fluidized glass 

beads regarding fouling mitigation in membrane processes was shown before 

(Noordman et al. 2002; Mikulášek & Filandrová 1995; de Boer et al. 1980), it is 

expected that the fluidized glass beads enable the operation at low crossflow velocities 

and low energy demands, respectively. The objective of the present thesis is to answer 

the following main questions:  

 Is the use of fluidized glass beads an efficient way to reduce fouling in AMBRs? 
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 How do the fluidized bed parameters (e.g. glass bead diameter or bed voidage) 

affect fouling mitigation and energy demand, respectively? 

 Do the fluidized glass beads damage the membranes in questions and if so, are 

there suitable, resistant membranes on the market?  

 Does possible membrane damage remarkably affect COD rejection? 

 How does the pore size of the membrane affect their fouling behavior in presence 

of fluidized glass beads?  

 To what extent does the integration of the membrane module improve anaerobic 

municipal wastewater treatment? 

 To what extent does the pore size of the membrane affect the overall COD 

removal of the AMBR? 

 Is it possible to run AMBRs with electrical energy generated from the produced 

methane, i.e. can energy-neutral carbon removal be achieved? 

 Structure of the thesis 

The answers to these questions and the needed principles and tools are presented in 

five self-contained chapters. The goals and contents of each chapter are briefly 

summarized here: 

 Chapter 2 gives an introduction into the AMBR process. The fundamentals of 

anaerobic digestion and micro- and ultrafiltration are presented and the AMBR 

is described. Besides benefits and promising applications in municipal 

wastewater treatment, the main challenges in launching the AMBR into large-

scale application are pointed out. 

 Chapter 3 focuses on an experimental study on anaerobic treatment of municipal 

wastewater with a fluidized bed reactor at 20 °C in laboratory scale. In- and 

output COD mass flows were balanced to quantify the COD removal and to 

understand the removal mechanisms in more detail. 

 In Chapter 4, the novel AMBR process is introduced. The process consists of an 

anaerobic fluidized bed reactor coupled to an external tubular membrane 

module. To mitigate fouling, glass beads were fluidized within the used ceramic 

membrane. The use of fluidized glass beads with a diameter of 0.8-1.2 and 

1.5 mm to mitigate fouling was examined. Furthermore, in- and output COD 

mass flows were balanced to quantify whether the integration of the membrane 

unit led to upgraded COD removal and methane production. 

 Chapter 5 focuses on the identification of suitable ceramic membranes for the 

novel AMBR process. Fouling behavior in the presence of fluidized glass beads, 

mechanical resistance against abrasion, and solute rejection were evaluated for 



 

 

5 

three ceramic MF and UF membranes. Furthermore, operation with intermittent 

fluidization as a measure for reducing the energy required for fluidization was 

examined. Additionally, in a clean water filtration test, a further ceramic MF 

membrane was tested regarding its mechanical resistance  

 Chapter 6 focuses on the biological reduction of sulfate in the AMBR and its 

impacts on the energy balance of the novel AMBR process.  

 In Chapter 7, the main conclusions are summarized. Furthermore, future 

research needs are pointed out. 
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 Introduction 

The objective of Chapter 2 is to familiarize the reader with the anaerobic membrane 

bioreactor (AMBR) process and its promising application in anaerobic municipal 

wastewater treatment. This chapter starts with an introduction into anaerobic 

municipal wastewater treatment. Benefits and limitations of anaerobic treatment are 

pointed out. Thereafter, in the second section of this chapter, a short introduction to 

filtration with micro- and ultrafiltration membranes is given. Both types of membranes 

are commonly applied in AMBRs. Finally, in the third section of this chapter, the AMBR, 

the combination of an anaerobic bioreactor and micro- or ultrafiltration, is discussed. 

Besides benefits and promising applications in municipal wastewater treatment, the 

main obstacles for launching the AMBR into large-scale application are identified. 

 Anaerobic municipal wastewater treatment 

 Anaerobic degradation of complex biomass 

Anaerobic microbiological decomposition of complex biomass to methane (CH4) takes 

place in conditions where electron acceptors other than CO2 (e.g. O2, NO3
-, SO4

2-) and 

light are lacking (Hattori 2008; Liu & Whitman 2008; Thauer et al. 2008). This process 

occurs, for instance, in natural wetlands, rice fields, intestinal tracts of ruminants, or 

landfill sites (Ritchie et al. 1997). The anaerobic conversion of biomass to methane 

involves plenty of different syntrophic microorganisms (Kamagata 2015) and can be 

subdivided into four main steps (Bitton 2005; Angelidaki et al. 2011; Schnürer 2016): 

hydrolysis, acidogenesis (or fermentation), acetogenesis, and methanogenesis.  

In the first step, hydrolysis, complex organic compounds such as proteins, 

polysaccharides, and lipids are broken down into soluble compounds, such as sugars, 

amino acids, long-chain fatty acids, and glycerol (Bitton 2005; Schnürer 2016). For the 

hydrolysis of organic polymers, the involved bacteria use extracellular enzymes (Vavilin 

et al. 2008; Schnürer 2016), which may be attached to the cell walls or secreted into 

the bulk solution (Schnürer 2016). For modelling industrial anaerobic digestion, the 

hydrolysis process of particulate organic matter occasionally is subdivided even further 

into disintegration by cell lysis, non-enzymatic decay, and physical breakdown followed 

by biochemical hydrolysis of proteins, polysaccharides, and lipids (Batstone et al. 2002). 

It is generally assumed that hydrolysis represents the rate-limiting step (Pavlostathis & 

Giraldo-Gomez 1991) during the anaerobic degradation of particulate organic matter. 

During acidogenesis, monomers resulting from hydrolysis are broken down further. 

Here, fermentative bacteria convert mainly sugars and amino acids to organic acids 

(e.g. acetate, propionate, and butyrate), alcohols, hydrogen, and, carbon dioxide 



 

 

10 

(Bitton 2005; Schnürer 2016). During fermentation of amino acids, ammonia and 

sulfide (in case of sulfur-containing amino acids) are released, as well (McInerney 

1988). Saturated long-chain fatty acids are not further degradable by fermentative 

bacteria, but are oxidized to acetate by hydrogen-producing acetogenic bacteria 

(McInerney 1988). 

In the third step, acetogenic bacteria degrade organic acids (with chains longer than 

acetate) and alcohols produced during acidogenesis, to acetate, carbon dioxide, and 

hydrogen (Bitton 2005; Schnürer 2016). Obligatory hydrogen-producing acetogenic 

bacteria oxidize organic acids (e.g. propionate) and alcohols (e.g. ethanol) to acetate 

and hydrogen, according to Equations (1 and 2 (Dolfing 1988). Due to the unfavorable 

thermodynamics of these reactions, they can only proceed at low product 

concentrations (Schnürer 2016; Dolfing 1988). Especially the hydrogen partial pressure 

has a strong influence on thermodynamics and must be kept on a low level (Dolfing 

1988). The products of the obligatory hydrogen-producing acetogenic bacteria can be 

used by methane-producing archaea, who can only utilize few substrates, e.g. acetate 

and hydrogen (Stams & Plugge 2009; Kamagata 2015). Hence, the hydrogen-producing 

and methane-producing microorganisms are closely linked and form a so-called 

obligatory syntrophic community (Stams & Plugge 2009). Besides the obligatory 

hydrogen-producing acetogenic bacteria, there are facultative hydrogen-producing 

acetogenic bacteria, which only produce acetate and hydrogen under favorable 

conditions using e.g. glucose as substrate (Dolfing 1988). Acetate can also be produced 

by hydgrogen-utilizing acetogenic bacteria according to Equation 3 (Dolfing 1988; 

Hattori 2008). 

CH3CH2COO-+3 H2O → CH3COO-+HCO3
-+H++3 H2 (1) 

CH3CH2OH+H2O → CH3COO-+H++2 H2 (2) 

4 H2+2 HCO3
-+H+ → CH3COO-+4 H2O (3) 

In the final step, methanogenic archaea mainly utilize hydrogen and carbon dioxide or 

acetate to produce methane (Bitton 2005). Although there are known more than 25 

different genera of methanogens, the number of their substrates is restricted to carbon 

dioxide, methyl-group-containing compounds, and acetate (Liu & Whiteman 2008). 

According to the utilized substrates, methanogens can be classified into 

hydrogenotrophic, methylotrophic, and acetioclastic methanogens (Liu & Whiteman 

2008). Hydrogenotrophic methanogens produce methane from hydrogen and carbon 

dioxide according to Equation 4. Many hydrogenotrophic methanogens can also use 

formate, some alcohols, and carbon monoxide as electron donors (Liu & 
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Whiteman 2008). Methylotrophic methanogens utilize substrates, such as methanol, 

methylamins, and dimethylsulfide (Liu & Whiteman 2008). However, these 

methanogens are of minor significance (Ferry 2011). The third type, aceticlastic 

methanogens, use acetate as substrate as shown in Equation 5 (Liu & Whiteman 2008). 

In freshwater, two thirds of the methane are produced by aceticlastic methanogens and 

the remaining one third by hydrogenotrophic methanogens (Ferry 2011). In case of 

soluble or rapidly degradable substrates (Batstone & Jensen 2011), aceticlastic 

methanogensis generally represents the rate-limiting step of anaerobic degradation.  

4 H2+HCO3
-+H+ → CH4+3 H2O (4) 

CH3COO-+H2O → CH4+HCO3
-   (5) 

 Benefits and limitations of anaerobic municipal wastewater 

treatment 

In wastewater engineering, anaerobic biotechnology is widely established to stabilize 

municipal wastewater sludge and high-strength industrial wastewater (Speece 1996; 

Rittmann & McCarty 2001). In contrast, so far, anaerobic treatment of municipal 

wastewater has only been established in warm climates, mainly in emerging countries, 

such as Brazil and India (Heffernan et al. 2011; Chernicharo et al. 2015). Reasons why 

are discussed later in this section. First, the focus is on the benefits of anaerobic 

municipal wastewater treatment.  

In contrast to aerobic wastewater treatment, anaerobic municipal wastewater treatment 

offers several substantial advantages, (cf. Table 1), e.g. production of methane gas.  This 

valuable product can be used for on-site electricity and heat generation, but can also be 

stored and transported readily. According to Equation 6, complete oxidation of one 

mole methane requires two moles of oxygen (O2), and thus the chemical oxygen 

demand (COD) of one mole methane is 64 g. Consequently, 350 Nl methane are 

generated per kg converted COD, which is equal to 3.5 kWh/kg COD. Note that the 

COD of the educts and products in case of anaerobic degradation is equal: for instance, 

from one mole acetate (COD = 64 g/mole) results one mole methane (COD = 64 

g/mole) and one mole carbon dioxide (COD = 0 g/mole). Assuming a municipal 

wastewater with a COD of 500 mg/l, the absence of O2, NO3
-, SO4

2-, the conversion of 

50 % of the influent COD to methane, and a conversion factor of 0.33 from combustion 

heat to electricity, 0.29 kWhel/m³ electrical energy could be generated from the 

produced methane. 

CH4+2 O2 → O2+2 H2O (6) 



 

 

12 

A further advantage of anaerobic treatment is the low production of excess sludge. Cell 

yields of anaerobic microorganisms range from 0.02 to 0.15 g cells per g degraded COD 

(Bitton 2005). This is distinctly lower than cell yields of aerobic microorganisms, which 

range from 0.4 to 0.6 g cells per g degraded COD (Bitton 2005). Thus, in anaerobic 

treatment, the amount of excess sludge can be reduced considerably. 

Table 1 Pros and Cons of anaerobic municipal wastewater treatment 

Pros Cons 

 Generation of a useful product in form of 

gaseous methanea, b, c 

 Low production of excess sludgea, b, c 

 Low energy demand (lack of energy-

intensive aeration)a, b, c 

 High organic loading rates can be 

applieda, b, c 

 Low nutrient requirementsb, c 

 Suitable for seasonal treatment 

(anaerobic microorganisms can preserve 

unfed for long periods)a, b 

 Lower COD removal efficiency in 

comparison to aerobic processesc  

 Low reaction kinetics with decreasing 

temperaturesb  

 Low growth rate of anaerobic 

microorganisms (long start-up period)c, d 

 Low nitrogen and phosphorus removald 

 Substantive loss of dissolved methane at 

low temperaturese 

 Production of sulfide (with treatment of 

sulfur-containing municipal 

wastewaters) c, d 

aLettinga (1995) 

bSpeece (1996) 

cRittmann & McCarty (2001) 

dSeghezzo et al. (1998) 

eBatstone & Jensen (2011) 

 

In contrast to aerobic wastewater treatment, in anaerobic treatment energy input for 

aeration is not necessary. The fact that with municipal wastewater treatment applying 

the aerobic activated sludge process, approximately half of the overall required energy 

is consumed by the aeration system (McCarty et al. 2011), shows the high potential of 

anaerobic biotechnology for energy saving. Furthermore, in aerobic systems, the 

organic loading rate is restricted by oxygen mass transfer (Speece 1996; Rittman & 

McCarty 2001). In anaerobic wastewater treatment, there is no need for aeration and, 

hence, it allows operation at high organic loading rates, thus making anaerobic 

treatment attractive for high-strength wastewater. However, in case of anaerobic 

municipal wastewater treatment, the hydraulic retention time (HRT) usually is the 
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determining design parameter (van Haandel et al. 2006; Chernicharo et al. 2015). As 

municipal wastewater is low-strength (COD < 1,000 mg/l), high organic loading rates 

can only be applied to a limited extend. 

Furthermore, due to low cell yields, nutrient requirements of anaerobic microorganisms 

are proportionally less (Speece 1996; Rittman & McCarty 2001). In case of using 

municipal wastewater as substrate, the addition of nutrients (nitrogen, phosphorous, 

micronutrients) generally is not required (Seghezzo et al. 1998). Furthermore, with 

anaerobic municipal wastewater treatment, the required optimum pH of 6.5-8.2 

(Speece 1996) can be maintained without adding chemicals (Seghezzo et al. 1998). 

A further advantage of anaerobic microorganisms is their unique feature to persevere 

without substrate for periods of more than one year (Lettinga 1995). Consequently, 

anaerobic bioreactors are predestined for seasonal operation (Lettinga 1995; Speece 

1996). 

Unfortunately, anaerobic wastewater treatment brings along several disadvantages, as 

well, the main summarized in Table 1. A critical issue when treating municipal 

wastewater anaerobically is the poor COD removal. Based on data from Chernicharo et 

al. (2015) and Heffernan et al. (2011), an evaluation of the performance of 30 large-

scale anaerobic municipal treatment plants showed that the mean total COD removal 

was only about 60 %. The considered treatment plants were all UASB (upflow anaerobic 

sludge bed) reactors and located in warm climates (Brazil, India, Colombia, and Middle 

East). Unfortunately, wastewater temperatures were not stated. The low total COD 

removal cannot be explained by low biodegradability as the anaerobic biodegradability 

of raw sewage ranges between 64 and 71 % referring to the total COD (Elmitwalli et al. 

2001; Magna 2003; Seghezzo 2004).  

The reasons for the observed low COD removal derive from the kinetics of the anaerobic 

degradation processes. As discussed in section 2.2.1, the first step of anaerobic 

degradation of complex organic matter is hydrolysis, which is generally assumed to be 

the rate-limiting step in the presence of particulate organic matter (Pavlostathis & 

Giraldo-Gomez 1991). Municipal wastewater contains a high fraction of particulate 

COD (about 50 % and more) and therefore the kinetics of hydrolysis has to be 

considered in anaerobic municipal wastewater treatment (Foresti et al. 2006). The 

hydrolysis rate for particulate matter is assumed to normally follow first-order kinetics 

according to Equation 7 (Pavlostathis & Giraldo-Gomez 1991; Gavala et al. 2003; 

Vavilin et al. 2008). Here, rhyd
 (mg COD/(l∙d)) is the substrate hydrolysis rate, Spart 

(mg COD/l) the concentration of particulate substrate, and khyd (1/d) the first-order 

rate coefficient. Hence, the rate of hydrolysis is a function of the substrate concentration 
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S. In contrast to high-strength industrial wastewater or sewage sludge, municipal 

wastewater typically shows COD concentrations below 1,000 mg/l (Gomec 2010; 

Chernicharo et al. 2015) and, therefore, the rate of hydrolysis is proportionally lower. 

It was reported that hydrolysis of lipids, carbohydrates, and proteins in primary sludge 

(settled solids of municipal wastewater) did not follow first-order kinetics (Miron et al. 

2000) and that other models based on the available surface area describe the kinetics 

of hydrolysis more accurately (Sanders et al. 2000). The rate of hydrolysis is affected 

by temperature and decreases with decreasing temperatures (Pavlostathis & Giraldo-

Gomez 1991). Especially in the psychrophilic range (i.e. at temperatures below 20-

25 °C) anaerobic municipal wastewater treatment is limited by the rate of hydrolysis of 

particulate organic matter (Lettinga et al. 2001). Lew et al. (2009), for instance, 

observed that a decrease in temperature from 20 °C to 10 °C reduced the degradation 

rate of suspended solids in municipal wastewater by about 80 %. 

rhyd = khyd∙Spart (7) 

The subsequent anaerobic degradation of soluble substrates is described by Equation 8 

(Pavlostathis & Giraldo-Gomez 1991; Gavala et al. 2003). Here, rs
 (mg COD/(l∙d)) is 

the substrate consumption rate, X (mg VSS/l) the microorganism concentration, Y the 

growth yield (mg microorganisms in VSS per mg utilized substrate in COD), and µ (1/d) 

the specific growth rate of the microorganisms.  

rs = 
X∙μ 

Y
 (8) 

The specific growth rate µ (1/d) in anaerobic processes is generally modeled according 

to Monod (1949), as shown in Equation 9. Here, µmax (1/d) is the maximum specific 

growth rate and S (mg COD/l) the substrate concentration (Bitton 2005). The half-

saturation constant Ks (mg COD/l) is the substrate concentration, at which the specific 

growth rate is µmax/2, and describes the affinity of the microorganisms to the substrate 

(Bitton 2005). A high Ks value indicates a low affinity and vice versa. Both parameters, 

Ks and µmax, depend on temperature and substrate (Bitton 2005). 

μ = 
μmax ∙S

Ks+S
 (9) 

Combining Equations 8 and 9, yields Equation 10. By introducing the maximum specific 

substrate utilization rate kmax (mg COD/(mg VSS∙d)) according to Equation 11, 

Equation 8 can finally be rewritten as shown in Equation 12. 
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rs = 
X

Y
∙
μmax ∙S

Ks+S
 (10) 

kmax = 
μmax

Y
 (11) 

rs = 
X·kmax∙S

Ks+S
 (12) 

Hence, the substrate consumption rate rs depends on the parameters kmax, Ks, the 

substrate concentration S, and the biomass concentration X. Note that, at low substrate 

concentrations (S << Ks), Equation 12 becomes first-order and for high substrate 

concentrations (S >> Ks) zero-order and, hence, independent of the substrate 

concentration. Kinetic parameters for aerobic and anaerobic microorganisms are given 

in Table 2 and Table 3. The reported values vary in a wide range, attributed to different 

operation modes (batch or continuous) and conditions (e.g. cultures, pH, organic 

loading rate) (Pavlostathis & Giraldo-Gomez 1991). However, maximum specific 

growth rates (µmax) of anaerobic microorganisms (except fermentative bacteria involved 

in acidogenesis) are distinctly lower than for aerobic, heterotrophic microorganisms. 

Consequently, despite their low growth yields Y, the maximum specific substrate 

utilization rates kmax of the anaerobic microorganisms are lower by half than those of 

aerobic microorganisms. Furthermore, anaerobic microorganisms generally show high 

Ks values. The Ks values of aerobic microorganisms typically are about 10 % of those for 

anaerobic microorganisms (Speece 1996). In case of anaerobic municipal wastewater 

treatment, in general, maximum specific growth rates are not achieved and the kinetics 

is presumably of first-order and depends on the substrate concentration (Batstone 

2006). A further drawback is the strong influence of temperature on the activity of 

anaerobic microorganisms (Speece 1996). For instance, µmax values decrease and Ks 

values increase for acetogens and aceticlastic methanogens with decreasing 

temperatures, as shown in Table 3. It should be noted that several studies reported 

distinctly lower apparent Ks values for aceticlastic methanogens in well mixed granular 

sludge systems of 39-58 mg COD/l at 10 °C (Rebac et al. 1999) and of 9.8 mg COD/l at 

30 °C (Kato et al. 1994a). Therefore, at sufficiently high biomass concentrations and 

reactor turbulence to overcome mass transfer limitations, high COD removal might be 

possible in anaerobic wastewater treatment even at low substrate concentrations 

or/and temperatures. This was experimentally shown at temperatures between 30 °C 

and 35 °C, with whey (Kato et al. 1994b), ethanol (Kato et al. 1994a, 1994b), and 

mixtures of short-chain fatty acids (Shin et al. 2012).  However, Kato et al. (1994b) 

observed as well that COD removal dropped sharply with COD influent concentrations 

below 200 mg/l using whey as model wastewater at 30 °C. Hydrolysis and acidification 
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were considered to be the rate-limiting steps in this case (Kato et al. 1994b). Rebac et 

al. (1995) reported a COD removal of 90 % in the treatment of low-strength mixtures 

of short-chain fatty acids (COD = 500-600 mg/l) at temperatures of 10-12 °C. More 

recently, Pertopoulos et al. (2017) showed promising results in anaerobic domestic 

wastewater treatment at temperatures of 15 °C and below using an inoculum from cold 

natural environments. 

Table 2 Kinetic parameters for aerobic and anaerobic processes (acidogenesis and 

acetogenesis) 

Process  Aerobic, 

heterotroph 

Acidogenesis Acetogenesis 

Substrate  Not specified Carbohydrates Propionic acid Butyric 

acid 

T (°C) 20 35-37 25 35 35 

µmax (1/d) 9 7.2-30 0.358 0.313 0.354 

Y (mg VSS/mg 

COD) 

0.45 0.14-0.17 0.051 0.042 0.047 

kmax (mg COD/  

(mg VSS·d) 

20 1.33-70.6 7.8 7.7 8.1 

Ks (mg COD/l) > 10a 22.5-630 1,145 60 13 

Ref.  b c d d d 

afor complex substrates 

bRittmann & McCarty (2001) 

cPavlostathis & Giraldo-Gomez (1991) 

dLawrence & McCarty (1969)  
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Table 3 Kinetic parameters for methanogenesis 

Process  Aceticlastic methanogenesis Hydrogenotrophic 

methanogenesis 

Substrate  Acetate H2/CO2 

T (°C) 25 30 35 35-37 35-37 

µmax (1/d) 0.250 0.275 0.357 0.08-0.7 0.05-4.07 

Y (mg VSS/mg 

COD) 

0.05 0.054 0.041 0.01-

0.054 

0.017-0.045 

kmax (mg COD/  

(mg VSS·d) 

5 5.1 8.7 2.6-11.6 1.92-90 

Ks (mg COD/l) 930 356 165 11-421 4.8∙10-5-0.6 

Ref.  a a a b b 

aLawrence & McCarty (1969) 

bPavlostathis & Giraldo-Gomez (1991) 

 

In addition, low growth rates lead to long start-up periods if no suitable seed sludge is 

available (Sehezzo et al. 1998; Rittmann & McCarty 2001). In case of reactor 

breakdown or biomass washout, regeneration of the bioreactor will take longer time in 

comparison to aerobic reactors. 

A further drawback is the poor removal of phosphorus and nitrogen in anaerobic 

processes (Seghezzo et al. 1998; Batstone & Jensen 2011). Between 5 and 15 mg 

nitrogen and 0.8-2.5 mg phosphorus per 1 g utilized COD are incorporated into biomass 

in anaerobic treatment (Rittmann & McCarty 2001). Post treatment by conventional 

nitrogen removal processes (nitrification/denitrification) might be challenging as the 

ratio of COD to ammonia decreases during the anaerobic process. 

The solubility of methane increases with decreasing temperatures, as shown in Figure 

1. Assuming a partial pressure of 0.65 bar for methane, the concentration of dissolved 

methane increases by 35 % when reducing the temperature from 37 °C to 20 °C. Due to 

the low COD influent concentrations, with municipal wastewater treatment, the 

percentage of the lost methane is comparatively high. Assuming an COD influent 

concentration of 500 mg/l, at a temperature of 20 °C about 13 % of the influent COD 

leaves the reactor as dissolved methane, which is not available for energy utilization. 

Furthermore, methane is a strong greenhouse gas with a global warming potential of 
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28 carbon dioxide equivalents over a 100 year horizon (Myhre et al. 2013). Therefore, 

its release to the environment should be prevented. A further important issue is 

potential methane supersaturation of the effluent caused by gas-to-liquid mass transfer 

limitation (Pauss et al. 1990). A methane saturation of 140-220 % in the effluents of 

anaerobic bioreactors treating municipal wastewater was reported (Hartley & Lant 

2006; Souza et al. 2011).  

 

 

Figure 1 Solubility of methane in pure water calculated according to Henry’s law; 

Henry’s law constants were calculated according to NIST (2017). A methane partial 

pressure of 0.65 bar was assumed. 

A further important issue is the production of sulfide during the anaerobic treatment of 

sulfur-containing feeds (Speece 1996). Sulfide can be produced by sulfate-reducing 

bacteria (SRB) that couple the oxidation of organic and inorganic compounds (e.g. 

hydrogen) with the reduction of sulfate, other oxidized sulfur compounds, and 

elemental sulfur to sulfide (Widdel 1988; Hansen 1993). Municipal wastewater often 

contains sulfate in noticeable concentrations, usually between 0 and 200 mg/l (Sanz & 

Fdz-Polanco 1990; van der Last & Lettinga 1992; Shin et al. 2014; Seghezzo 2004; 

Gouveia et al. 2015a; van den Brand et al. 2015). Sulfate-reducing bacteria can utilize 

a wide range of organic and inorganic compounds as substrate (Hansen 1993), 

including acetate and hydrogen, according to Equations 13 and 14 (Widdel 1988), 

which are both used as substrate by methanogens, as well. Unfortunately, sulfate 

reduction by SRB is thermodynamically and kinetically favored over methanogenesis 

and, therefore, SRB will likely outcompete methanogenic archaea (Widdel 1988; 

Hansen 1993; Zinder 1993). Consequently, the presence of sulfate leads to both a 

reduced methane production and the production of sulfide. The latter induces odor 

problems, is highly corrosive, toxic, and a potential inhibitor of anaerobic 



 

 

19 

microorganisms (Oude Elferink et al. 1994; Colleran et al. 1995; O’Flaherty et al. 2006). 

In aqueous solutions, sulfide can exist in form of dissolved hydrogen sulfide (H2Sdiss), 

bisulfide ions (HS-), and sulfide ions (S2-) (Garrels & Christ 1965). At pH = 7, the 

amount of sulfide ions can be neglected, and dissolved hydrogen sulfide and bisulfide 

ions exist in equal amounts (Garrels & Christ 1965). It is generally assumed that the 

inhibitory effect of sulfide on microorganisms is predominantly caused by dissolved 

hydrogen sulfide (Speece 1996; Rittmann & McCarty 2001; Chen et al. 2008). However, 

there are also studies that indicate a relation between the concentration of total 

dissolved sulfide and the inhibition of methanogens (Speece 1996; Chen et al. 2008). 

Based on a literature review, Parkin et al. (1990) stated that the inhibition of 

methanogenesis is expected to be in the range of 100-800 mg sulfur/l in form of 

dissolved total sulfide (sum of H2Sdiss, HS- and S2-) and 50-400 mg sulfur/l in form of 

dissolved H2Sdiss, respectively. Therefore, with anaerobic municipal wastewater 

treatment, inhibition by sulfide is improbable, as sulfate influent concentrations must 

exceed 300 mg sulfate/l to cause such high sulfide concentrations. Besides sulfate 

reduction, fermentation of sulfur-containing amino acids (McInerney 1988) and 

reduction of elemental sulfur by sulfur-reducing bacteria (Widdel 1988) are potential 

sources for sulfide emissions in anaerobic processes. 

4 H2+SO4
2-+H+ → HS-+4 H2O (13) 

CH3COO-+SO4
2- → HS-+2 HCO3

- (14) 

 High-rate reactors for anaerobic municipal wastewater treatment  

As discussed above, at low substrate concentrations and temperatures, the kinetics of 

anaerobic degradation are low in comparison to aerobic degradation. Therefore, with 

anaerobic municipal wastewater treatment, the anaerobic bioreactor must meet the 

following requirements to achieve high volumetric removals: 

 High biomass concentration (i.e. effective biomass retention at high hydraulic 

loading rates) 

 Retention of particular and macromolecular organic matter within the reactor 

until they are hydrolyzed (even at high hydraulic loading rates) 

 Excellent contact between retained biomass and substrate to minimize mass 

transfer limitations  

The key issue therefore is the decoupling of the solids (biomass and particulate 

substrate) retention time (SRT) from the hydraulic retention time (HRT). Respective 

capable reactors are called high-rate reactors (Chernicharo 2007).  



 

 

20 

The most widespread high-rate reactor for municipal wastewater treatment is the 

upflow anaerobic sludge bed (UASB) reactor (van Haandel et al. 2006; Gomec 2010). 

Initially, in the late 1970s, the UASB reactor was developed to treat high-strength 

industrial wastewater (Lettinga et al. 1980). A schematic diagram of the UASB reactor 

is shown in Figure 2a. The anaerobic biomass in UASB reactors is retained in a dense 

bed of – generally – flocculated sludge at the bottom of the reactor (Lettinga et al. 

1980). Some studies reported the formation of granular sludge during the treatment of 

municipal wastewater in laboratory- or pilot-scale UASB reactors (Barbosa & Sant’Anna 

1989; Singh & Viraraghavan 1998; Seghezzo 2004). However, due to low 

concentrations of readily acidifiable COD and low temperatures, granulation during the 

treatment of municipal wastewater seems unlikely (O’Flaherty et al. 2006). Van 

Haandel & Lettinga (1994) did not observe granular sludge formation in large-scale 

UASB reactors treating municipal wastewater. As Figure 2a shows, the influent flows 

vertically through the sludge bed of the UASB reactor. Dissolved substrate gets into 

contact with biomass and particulate organics are captured in the sludge bed and 

hydrolyzed (Gomec 2010). The upflow velocity must be kept on a low level to avoid 

washout of the sludge bed. Typically, upflow velocities applied range between 0.5 and 

1.2 m/h (Chernicharo et al. 2015). In case of municipal wastewater treatment, HRT is 

the decisive design parameter and usually holds in a range between 6 and 12 h 

(Chernicharo et al. 2015). A disadvantage of the UASB reactor is poor turbulence in the 

sludge bed. In particular, at low biogas generation, e.g. during the treatment of low-

strength municipal wastewater, mass transfer limitations might impede substrate 

utilization (den Man et al. 1986; Lettinga 1995). Furthermore, the settleability of the 

sludge determines the applied upflow velocity. Increasing the hydraulic loading rate 

and hence the upflow velocity will result in biomass washout and poor removal of 

organic particulates. 

In order to overcome mass transfer limitations as occurring in UASB reactors, the 

expanded granular sludge bed reactor (EGSB) was developed (Lettinga et al. 2001). A 

schematic diagram of an EGSB reactor is given in Figure 2b. In EGSB reactors, the 

upflow velocity is higher than in UASB reactors and usually ranges between 4 and 10 

m/h (Seghezzo et al. 1998; Lettinga et al. 2001; Chernicharo 2007). To maintain 

biomass retention, the sludge must be granular and show good settleability (Seghezzo 

1998; Lettinga et al. 2001). In contrast, flocculent sludge is washed out of the reactor 

(Seghezzo 1998). Due to the high upflow velocity, the sludge bed is expanded and 

excellent substrate-to-biomass mass transfer is provided (Seghezzo et al. 1998; 

Chernicharo 2007). Furthermore, EGSB reactors provide high biomass concentrations 

of about 25 g VSS/l (Chernicharo 2007). Several studies have shown the ability of the 

http://www.dict.cc/englisch-deutsch/originally.html
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EGSB reactor to treat low-strength wastewater based on ethanol and whey at 30 °C 

(Kato et al. 1994a, 1994b).  Rebac et al. (1995) reported a COD removal of 90 % when 

treating low-strength mixtures of short-chain fatty acids (COD = 500-600 mg/l) at 

temperatures of 10-12 °C. Removal efficiencies of 66-72 % when treating low-strength 

malting wastewater (COD = 282-1,436 mg/l) at 20 °C were reported by Rebac et al. 

(1997). However, with municipal wastewater, low removal of particulate matter is a 

decisive disadvantage (van der Last & Lettinga 1992; Seghezzo et al. 1998). 

Furthermore, conditions with municipal wastewater treatment (low concentration of 

readily acidifiable COD, low temperature and high suspended solids content) are 

assumed to be unfavorable for the formation of granular sludge (O’Flaherty et al. 2006; 

Chernicharo 2007). 

Fluidized bed (FB) reactors (Figure 2c) offer the same advantages as EGSB reactors, i.e. 

high biomass concentration and excellent substrate-to-biomass mass transfer (Heijnen 

et al. 1989; Rittmann & McCarty 2001). The significant difference is that in FB reactors 

the biomass is attached to small inert carriers (Heijnen et al. 1989; Rittmann & McCarty 

2001). Therefore, formation of granular sludge is not required. In laboratory studies, 

Jewell et al. (1981), Yoda et al. (1985), and Sanz & Fdz-Polanco (1990) showed the 

feasibility of the anaerobic FB for municipal wastewater treatment even at low 

temperatures. Generally, with FB reactors, low retention of particulate matter has to be 

expected due to high upflow velocities, which usually range between 10 and 30 m/h 

(Heijnen et al. 1989). However, Yoda et al. (1985) observed entrapment of suspended 

solids in agglomerates formed by liquid motion. Disadvantages of FB reactors are long 

start-up periods, difficult control of biolayer thickness, and increased pumping energy 

demand for providing high upflow velocities (Heijnen et al. 1989). Furthermore, FB 

reactors do generally not provide efficient decoupling of the solids retention time and 

HRT as discussed above. 

There are existing several other processes for high-rate anaerobic treatment. For 

instance, Speece (1996) gives an excellent overview. Based on the evaluation of 

experimental data, van Haandel et al. (2006) concluded that FB and UASB reactors are 

the most efficient reactors for anaerobic municipal wastewater treatment. Therefore, 

the description of other reactors is renounced here. A promising reactor type, not 

considered by van Haandel et al. (2006), is the anaerobic membrane bioreactor, which 

will be introduced in more detail in section 2.4. 

https://dict.leo.org/englisch-deutsch/entrapment
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(a) (b) 

 
(c) 

Figure 2 High-rate reactors for anaerobic wastewater treatment (adapted from 

Lettinga et al. (1980) (a) and Chernicharo (2007) (b and c))  
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 Micro- and ultrafiltration 

Micro- and ultrafiltration are processes for the separation of certain components from 

fluids by size exclusion (Strathmann 2011). In both microfiltration (MF) and 

ultrafiltration (UF), separation mechanisms are based on the sieving effect of a 

synthetic, selective barrier, which is referred to as micro- or ultrafiltration membrane 

(Zeman & Zydney 1996). Certain feed stream components are able to pass the pores of 

MF and UF membranes into the so-called permeate stream (Zeman & Zydney 1996). 

Others, usually larger components, are rejected and concentrated in the retentate 

stream (Zeman & Zydney 1996). A schematic of the UF and MF process is shown in 

Figure 3. As in MF and UF, components are mechanically separated according to their 

dimensions (Strathmann 2011), MF and UF are actually filtration processes. In contrast 

to conventional filter media, MF  and UF membranes show smaller pore sizes in the 

range of about 0.001 µm to 10 µm (Baker 2012). UF and MF are closely related 

processes and they primarily differ in the size of the membrane pores (Zeman & Zydney 

1996; Baker 2012). The pore sizes of MF membranes are usually between 0.1 and 10 

µm, whereas the pores of UF membranes are narrower and in the range of 0.001 µm to 

0.1 µm (Zeman & Zydney 1996; Cheryan 1998; Baker 2012).  

 

 

Figure 3 Schematic of the micro- and ultrafiltration process 

The driving force in MF and UF is the transmembrane pressure (TMP), i.e. the pressure 

gradient between feed and permeate (Zeman & Zydney 1996; Cheryan 1998; 

Strathmann 2011). Hence, the permeate volume flow per membrane surface area, the 

so-called permeate flux J (m³/(m²·s)), is a function of TMP (Pa), as shown in Equation 

15. Here, Rm (1/m) is the hydraulic resistance of the membrane and η (Pa·s) the 

permeate viscosity. Often, the permeate flux J is also stated in l/(m²·h). It should be 

noted that in ultrafiltration of solutions with high concentrations of retained low 

molecular weight compounds, the osmotic pressure between feed and permeate has to 

be considered in Equation 15, as well (Zeman & Zydney 1996; Cheryan 1998; 

Strathmann 2011). Due the high molecular weight cut-offs (MWCO) of the UF 

membranes used in the present study (> 100.000 Da), the osmotic pressure between 

feed and permeate is assumed to be not relevant in the framework of the present study. 
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Furthermore, as discussed later in section 2.3.3, in practical applications, the hydraulic 

resistance is often not determined by the membrane resistance, but rather by 

performance-limiting phenomena, such as concentration polarization and fouling, 

respectively. 

J = 
TMP

Rm·η η
 (15) 

In both processes, MF and UF, solute mass transfer through porous membranes is 

dominated by convective flow through membrane pores (Strathmann 2011). In UF, 

solute mass transfer can be controlled by diffusion, as well, e.g. at very low permeate 

fluxes (Zeman & Zydney 1996; Strathmann 2011). 

 Micro- and ultrafiltration membranes 

In MF and UF, the applied membranes are porous (Strathmann 2011; Baker 2012). 

Porous membranes are characterized by their rigid, highly voided three-dimensional 

structure with randomly interconnected pores (Zeman & Zydney 1996; Baker 2012). 

Macroporous membranes show mean pore sizes larger than 0.005 µm (Strathmann 

2011). Hence, MF membranes are classified as macroporous. UF membranes with 

average pore diameters in the range of 0.005 to 0.002 µm and 0.002 to 0.001 µm are 

classified as mesoporous and microporous, respectively (Strathmann 2011). Size, 

shape, surface character, and interconnectivity of the pores determine the characteristic 

properties of porous membranes, which, consequently, cannot be described by only a 

single parameter, e.g. pore size (Zeman & Zydney 1996). 

Based on their structure, UF and MF membranes are also classified as symmetric and 

asymmetric membranes (Strathmann 2011). As shown in Figure 4, symmetric 

membranes have a uniform structure (Strathmann 2011; Baker 2012). The properties 

of the membrane (pore size, shape, surface character, and interconnectivity of the 

pores) are identical over the entire cross section. In contrast, asymmetric or anisotropic 

membranes show cross-sectional property gradients (Zeman & Zydney 1996; 

Strathmann 2011) and consist of a thin selective layer with narrow pores on a much 

thicker highly porous layer with larger pores (Strathmann 2011; Baker 2012). The 

selective layer determines the separation characteristics, while the thicker, porous layer 

provides stability (Strathmann 2011; Baker 2012). In asymmetric composite 

membranes, selective layer and support layer are made of different materials 

(Strathmann 2011; Baker 2012). Generally, asymmetric membranes show highly 

beneficial properties for micro- and ultrafiltration. Compared to symmetric membranes, 

asymmetric membranes show higher permeability (i.e. a lower hydraulic resistance) at 

comparable rejection (Zeman & Zydney 1996).  
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Figure 4 Principle structures of porous membranes (modified according to Baker 

(2012)) 

UF and MF membranes are manufactured from polymeric and inorganic materials 

(Zeman & Zydney 1996). Inorganic materials are, for example, ceramics, metals, or 

glass (Zeman & Zydney 1996). In wastewater treatment, mainly polymeric and ceramic 

materials are used (Judd 2011). Common polymeric membrane materials are, for 

example, cellulose acetate (CA), polyacrylonitrile (PAN), polyethylene (PE), 

polyethersulfone (PES), polypropylene (PP) polysulfone (PS), and polyvinylidene 

fluoride (PVDF) (Cheryan 1998; Kubota et al. 2008). Ceramic membranes are mainly 

made of alumina (AL2O3), silica (SiO2), titania (TiO2), zirconia (ZrO2), or zeolites (Gitis 

& Rothenberg 2016). In contrast to polymeric membranes, ceramic membranes show 

higher thermal, chemical, and mechanical stability (Gitis & Rothenberg 2016), 

allowing, for example, operation and cleaning at extreme temperatures and pH values 

(Cheryan 1998; Gitis & Rothenberg 2016). Furthermore, due to the higher mechanical 

strength of ceramic membranes, operation and cleaning at high transmembrane 

pressures are possible (Cheryan 1998; Gitis & Rothenberg 2016). These unique features 

of ceramic membranes allow operation at comparative high fluxes and long life spans 

(Cheryan 1998; Gitis & Rothenberg 2016). However, ceramic membranes have one 

decisive disadvantage against polymeric membranes: the costs for ceramic membranes 

are three to five times as high as for polymeric membranes (Cheryan 1998; Gitis & 

Rothenberg 2016). Kumar et al. (2015) quantify the costs for a symmetric tubular 

alumina membrane at 500 Euro/m². The high costs are the major limitation of the 

application of ceramic membranes in MF and UF. 

 Process configurations and membrane modules 

There are two general operation modes for MF and UF filtration processes: dead-end 

filtration and crossflow filtration (Zeman & Zydney 1996; Cheryan 1998; Strathmann 

2011). In dead-end filtration (see Figure 5), the feed flows orthogonally towards the 
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membrane surface. Feed and permeate volume flows are the same. During filtration, 

the retentate is not continuously discharged. A major drawback of dead-end filtration 

is that all retained compounds are concentrated on the membrane surface and rapidly 

build up a cake or gel layer, potentially resulting in high hydraulic resistance. 

Application of dead-end filtration is therefore limited to special applications, e.g. in the 

pharmaceutical industry (Zeman & Zydney 1996).  

 

 

Figure 5 Dead-end and crossflow filtration 

In most industrial applications, MF and UF are operated in crossflow mode (Zeman & 

Zydney 1996; Cheryan 1998; Strathmann 2011). In crossflow filtration (see Figure 5), 

the feed flow is tangential to the membrane surface. Furthermore, in crossflow 

filtration, the feed stream is continuously separated into two streams, permeate and 

retentate (Zeman & Zydney 1996; Cheryan 1998; Strathmann 2011). In the retentate 

stream, the retained components are concentrated. The major advantage of the 

crossflow mode is that the crossflow velocity promotes the mass transfer from the 

membrane surface into the bulk stream. Hence, the concentration of retained 

compounds on the membrane surface can be mitigated or entirely avoided during 

filtration (Zeman & Zydney 1996; Cheryan 1998; Strathmann 2011). Note that the 

filtration flux J will decrease with increasing cake layer thickness assuming constant 

pressure filtration. Hence, in crossflow filtration, higher fluxes can be achieved than in 

dead-end filtration (Cheryan 1998; Strathmann 2011). The main disadvantage of the 

crossflow mode is the increased energy demand for generating the crossflow velocity 

(Zeman & Zydney 1996). In the framework of this work, only crossflow filtration is of 

interest and all following discussions are restricted to this mode of operation.  

To apply MF and UF membranes in technical processes, they have to be integrated into 

a so-called membrane module. The membrane module houses the membrane and 

ensures the tangential crossflow across the membrane. Basic requirements on  

membrane modules are compiled in Table 4. Obviously, many of the listed requirements 
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are highly contradictory. For example, providing high packing density and avoiding 

particulate plugging can hardly be realized simultaneously (Zeman & Zydney 1996). 

Table 4 Mechanical, hydrodynamic, and economic requirements on membrane 

modules (modified according to Zeman & Zydney (1996)) 

Mechanical Hydrodynamic Economic 

 Effective physical 

separation of feed, 

retentate, and permeate 

streams 

 Provision of necessary 

physical support for the 

membranes in use 

 Ability to endure the 

required pressures for 

operation 

 Low pressure drop 

across the device 

 Provision of excellent 

mass transfer to 

minimize concentration 

of retained compounds 

at the membrane 

surface 

 Minimization of 

particulate plugging of 

the device 

 Low manufacturing 

costs 

 Provision of maximum 

membrane packing 

densities (ratio of 

membrane surface and 

device volume) 

 Possibility of easy 

cleaning and 

maintenance 

 Design that allows easy 

scale up, staging or 

cascading 

 

Regarding the membrane geometry, there are different types of membrane modules. 

Each configuration offers unique benefits and drawbacks. Below, the focus is on three 

selected membrane modules: tubular, capillary, and flat sheet. These membrane 

modules are frequently used in wastewater technology. Pros and cons of the selected 

membrane modules are compiled in Table 5. 

In tubular membranes, the feed flows through a tube, its inner surface coated by a 

membrane. The inner side of the tubular membrane, which is exposed to the feed, is 

called the feed side (Cheryan 1998). The permeate flows radially through the 

membrane and its support and is collected on the outer side of the tubular membrane, 

the so-called shell side (Cheryan 1998). Polymeric tubular membranes are, in general, 

not self-supporting and the membranes must be reinforced by a porous support, which 

provides the required mechanical strength to withstand the transmembrane pressure 

(Zeman & Zydney 1996, Strathmann 2011). In contrast, many ceramic membranes are 

self-supporting due to their high mechanical strength (Zeman & Zydney 1996; Cheryan 

1998). The inner diameter of tubular membranes usually is between 2 and 25 mm 

(Zeman & Zydney 1996; Cheryan 1998; Strathmann 2011). The length of tubular 

membranes typically ranges from 0.5 to 6.5 m (Cheryan 1998). The main advantage of 
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tubular membrane modules is their high resistance against particulate plugging (Zeman 

& Zydney 1996; Cheryan 1998; Strathmann 2011) and the possibility to control and 

easily enhance mass transfer from the membrane surface into the bulk stream by 

adjusting the crossflow velocity (Strathmann 2011). The main disadvantages of tubular 

membranes are high production costs (Strathmann 2011) and low packing density, i.e. 

the low ratio of membrane surface to membrane module volume (Zeman & Zydney 

1996; Cheryan 1998; Strathmann 2011). Furthermore, the required high volume flows 

to generate high crossflow velocities and mass transfer rates, respectively, represent a 

distinct drawback of tubular membrane modules (Zeman & Zydney 1996; Cheryan 

1998; Strathmann 2011). 

Essentially, capillary membranes are tubular membranes with small inner diameters of 

0.2-3 mm (Zeman & Zydney 1996; Cheryan 1998; Strathmann 2011). In contrast to 

tubular membranes, capillary membranes are self-supporting and no additional support 

to provide mechanical strength is required (Zeman & Zydney 1996; Cheryan 1998; 

Strathmann 2011). Generally, capillary membranes have an asymmetric structure 

(Strathmann 2011), with a support layer to provide mechanical strength. Capillary 

membranes usually show a thickness between 0.2 and 0.4 mm (Zeman & Zydney 1996; 

Cheryan 1998). When the feed flows through the inner side (the lumen side) of the 

capillary membrane, the permeate is collected on the outer side (shell side). The 

selective layer coats the inner side of the capillary membrane and filtration is carried 

out in the so-called inside-out mode (Zeman & Zydney 1996; Cheryan 1998; 

Strathmann 2011). The permeate can also be collected on the lumen side of the 

capillary membrane (Zeman & Zydney 1996; Cheryan 1998; Strathmann 2011). In this 

case, the feed enters the membrane module on the shell side and the selective layer is 

coated on the outer side of the capillary membrane (Zeman & Zydney 1996; Cheryan 

1998; Strathmann 2011). In case permeate passes the capillary membrane from the 

outer to the inner side, the mode is called outside-in filtration (Zeman & Zydney 1996). 

It should be mentioned that in literature on MF and UF filtration, capillary membranes 

are also called hollow fiber (HF) membranes (Zeman & Zydney 1996; Cheryan 1998). 

In the framework of this thesis, this nomenclature will be followed. The main 

advantages of capillary or HF membrane modules are their low manufacturing costs 

and their high packing density (Zeman & Zydney 1996; Cheryan 1998; Strathmann 

2011). In literature, costs for polymeric HF membranes used in membrane bioreactors 

for wastewater treatment are quantified at 35 Euro/m² (Pretel et al. 2016) to 

50 Euro/m² (Verrecht et al. 2010). Due to the high packing density, generally, low 

volume flows are required to generate high crossflow velocities and mass transfer rates, 

respectively (Zeman & Zydney 1996). However, also due to this characteristic, HF 
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membrane modules are generally more susceptible to particulate plugging than tubular 

membrane modules (Zeman & Zydney 1996). In case of outside-in filtration, this 

limitation can be overcome by increasing the distance between the single HF 

membranes, which, however, results in decreasing packing densities. Another 

disadvantage of HF membranes are the replacement costs in case of membrane damage, 

which tend to be higher (Zeman & Zydney 1996; Cheryan 1998). 

Table 5 Comparison of selected membrane modules frequently used in MF and UF 

(adapted from Zeman & Zydney (1996) and Strathmann (2011)) 

Module 

configuration 

Packing 

density 

Membrane 

costs 

Required 

pumping 

energy to 

generate 

crossflow  

Control of 

mass 

transfer 

Particulate 

plugging 

(-) (m²/m³) (-) (-) (-) (-) 

Tubular 20-100 High High Very good Low 

HF/Capillarya 600-1,200 Low Low Very good High 

Flat sheet 300-800 Moderate Moderate Good Moderate 

aIn MF and UF the term hollow fiber is generally used for capillary membranes. 

 

In flat sheet membrane modules, a flat sheet membrane is fixed to a rigid, flat plate 

(Zeman & Zydney 1996; Cheryan 1998). Spacers between the plate and the membrane 

establish a thin channel for permeate withdrawal. Feed flow is tangential to the flat 

sheet membrane and the permeate is collected in the channel between the plate and 

the flat sheet membrane (Zeman & Zydney 1996; Cheryan 1998). Several of the plates 

are stacked together to form a flat sheet module. Here, the single plates can be placed 

on top of each other (vertical stack) or next to each other (horizontal stack) (Zeman & 

Zydney 1996; Cheryan 1998). Commonly, rectangular flat sheet membranes are used 

(Zeman & Zydney 1996; Cheryan 1998). Regarding packing density, costs for 

membrane modules, and pumping energy required to generate the crossflow, flat sheet 

modules rank between tubular and capillary membrane modules (Zeman & Zydney 

1996; Cheryan 1998). One disadvantage of flat sheet membranes might be their 

susceptibility to particulate plugging, in case only a small distance between the single 

units is chosen. 
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 Concentration polarization and membrane fouling 

According to Equation 15, increasing TMP will result in a higher permeate flux J. This 

is definitely true in case of clean water filtration. However, in practical applications of 

MF and UF, the relationship between TMP and flux shows a distinctly different 

behavior, as shown in Figure 6 (Cheryan 1998).  First, the flux increases with increasing 

TMP, however, after exceeding a certain threshold TMP, the flux remains on a constant 

level. The first area is called pressure-controlled region, the second mass-transfer-

controlled region (Cheryan 1998). Generally, the so-called limiting flux Jlim increases 

with increasing crossflow velocity, temperatures, and decreasing concentration of the 

retained compound in the feed (Cheryan 1998). Obviously, there is further hydraulic 

resistance, besides the membrane resistance, limiting the filtration performance. This 

further resistance is caused by a phenomenon called concentration polarization (CP) 

(Zeman & Zydney 1996; Cheryan 1998; Strathmann 2011; Baker 2012).  

 

 

Figure 6 Simplified correlation between TMP and Flux in MF and UF (adapted from 

Cheryan (1998)) 

The most common model to describe concentration polarization in UF of 

macromolecular solutions is the gel polarization model, which is based on the film 

theory for mass transfer (Porter 1972; Zeman & Zydney 1996; Cheryan 1998). In the 

vicinity of the membrane surface there is, even in tubular flow regime, a laminar 

boundary layer, and the axial liquid flow velocity decreases to u = 0 in direction of the 

membrane surface (Bird et al. 2007; Strathmann 2011). According to the film theory, a 

stagnant concentration boundary layer with the thickness δ (μm) is established within 
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the laminar boundary layer adjacent to the membrane surface, in which the mass 

transfer parallel to the membrane surface can be neglected (Bird et al. 2007; Cussler 

2009; Strathmann 2011). Therefore, as the mass transfer can be regarded as one-

dimensional, a concentration profile and mass flow as shown in Figure 7 will arise in 

the vicinity of the membrane surface (Cheryan 1998; Strathmann 2011). The permeate 

flow induces a convective mass transfer (J∙c) in the direction of the membrane surface. 

Assuming complete solute rejection (permeate concentration (cp) ≈ 0), the 

concentration of the retained solutes will increase on the membrane surface. Due to the 

concentration gradient, a diffusive mass transfer (-D∙dc/dx) from the membrane surface 

into the bulk flow will take place (Porter 1972; Zeman & Zydney 1996; Cheryan 1998; 

Strathmann 2011). According to the gel polarization model, the concentration of the 

retained solute is restricted by its solubility in the solvent. In case, the concentration 

exceeds the solubility limit (cg), the macromolecules will precipitate and form a dense 

gel layer on the membrane surface (Porter 1972; Zeman & Zydney 1996; Cheryan 1998; 

Strathmann 2011). Thus, the maximum concentration of the retained solvent is limited 

to the gel layer concentration cg. At steady-state, the mass balance within the 

concentration boundary layer is given according to Equation 16. 

J∙c = -D∙
dc

dx
 (16) 

Here, J is the permeate flux (here in m/s), c the solute concentration (mg/l), D the 

diffusion coefficient of the solute (m²/s), and dc/dx the concentration gradient. 

Separating the variables and considering the boundary conditions with c = cg at x = 0 

and c = cb at x = δ  leads to Equation 17. 

J  = 
D

δη
∙ln

cg

cb
 (17) 

The flux resulting from Equation 17 represents the so-called limiting flux Jlim (Bowen & 

Jenner 1995; Baker 2012), which is schematically described in Figure 6. At operation 

below the limiting flux, the buildup of a gel layer is avoided and an increase in TMP 

will result in an increase of the flux (pressure-controlled area). However, at operation 

above the limiting flux, a gel layer will rapidly form on the membrane surface and 

present additional hydraulic resistance. Consequently, at constant TMP, the flux will 

drop back to the value where convective and diffusive mass transfer are in balance 

again, i.e. the flux will settle to the limiting flux. Hence, in the mass-transfer-controlled 

area, permeate flux is not a function of TMP anymore, but controlled by mass transfer 

from the membrane surface into the bulk flow (Porter 1972; Zeman & Zydney 1996; 
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Cheryan 1998; Strathmann 2011). By introducing the mass transfer coefficient k (m/s) 

according to Equation 18, the limiting flux is given by Equation 19. 

k  = 
D

δ
  (18) 

Jlim  = k∙ln
cg

cb
 (19) 

 

 

Figure 7 Concentration profiles and mass transport phenomena during UF of 

macromolecular solutions according to the gel polarization model assuming turbulent 

flow conditions (adapted from Cheryan (1998) and Strathmann (2011)) 

Assuming that the bulk concentration cb and the gel layer concentration cg are constant, 

the limiting flux depends on the mass transfer coefficient k. Mass transfer coefficients 

in crossflow UF are commonly estimated by using correlations in the well-known 

dimensionless form according to Equation 20 (Gekas & Hallström 1987; van den Berg 

et al. 1989; Cussler 2009). 

Sh = C∙Rea∙Scb 20 

In most cases, the empirical, dimensionsless constants C, a, and b have to be predicted 

experimentally. The Sherwood number (Sh), the Reynolds number (Re), and the 

Schmidt number (Sc) are defined in Equations 21, 22 and 23. 

Sh  = 
k∙Lc

D
 (21) 
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Re = 
u∙Lc·ρl 

η
 (22) 

Sc  = 
η

ρl·D
 (23) 

The Sherwood number is the ratio of the actual mass transfer rate and the diffusion rate 

(Cussler 2009). In Equation 21, k (m/s) is the mass transfer coefficient, Lc (m) the 

characteristic length (in flow through tubes, e.g. the inner tube diameter di), and D 

(m²/s) the diffusion coefficient. The Reynolds number is the ratio of the inertial forces 

and the viscous forces (Cussler 2009). In Equation 22, u (m/s) is the average fluid 

velocity, Lc (m) the characteristic length, ρl (kg/m³) the liquid density, and η (Pa·s) the 

liquid viscosity. The Schmidt number is the ratio of diffusivity of momentum and the 

diffusivity of mass (Cussler 2009).  

Based on the flow regime (laminar or turbulent) and the device geometry, there are 

several correlations to predict mass transfer coefficients according to Equation 20. 

Gekas & Hallström (1987), van den Berg et al. (1989), and Cussler (2009), for example,  

show a comprehensive compilation of existing correlations. In case of pipe flow, the 

transition between laminar and turbulent flow occurs approximatley at Re = 2,100 

(Bird et al. 2007). In tubular UF and MF membranes under laminar flow conditions (Re 

< 2,100), the Sh number can be predicted according to the Graetz-Leveque equation, 

as shown in Equation 24 (van den Berg et al. 1989; Zeman & Zydney 1996; Cheryan 

1998). Here, di (m) is the inner tube diameter and L (m) the length of the tube. Equation 

24 holds, if the velocity profile within the tube length L is fully developed (L > entrance 

length of the velocity profile Lev), but the concentration profile (L < entrance length of 

the concentration profile Lec) is still developing (Cheryan 1998). The latter case can 

generally be assumed in MF and UF applications (Cheryan 1998).  The entrance Lev can 

be calculated according to Equation 25 (Bird et al. 2007). The corresponding mass 

transfer coefficient k results from Equation 26. 

Sh  = 1.62∙Re0.33∙Sc0.33∙ (
di

L
)

0.33

                (L > Lev and L < Lec)                                                      (24) 

Lev = 0.35∙di∙Re (25) 

k = 1.62∙
u0.33∙D0.67

di
0.33∙L0.33

 (26) 

In case of turbulent flow conditions (Re > 2,100 in pipe flow), the Chilton-Colburn 

equation according to Equation 27 can be applied (van den Berg et al. 1989; Zeman & 
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Zydney 1996; Cheryan 1998). The corresponding mass transfer coefficient k results 

from Equation 28.  

Sh = 0.023∙Re0.8∙Sc0.33 (27) 

k = 0.023∙
u0.8∙D0.67∙ρl

0.47

di
0.2∙η0.47

 (28) 

In summary, as Equations 26 and 28 show, in a tubular membrane module at given 

operating parameters (cb, cg, di, D, ρl, η   = constant), the limiting flux can only be 

increased by increasing the crossflow velocity u. Furthermore, it should be noted that 

in Equations 26 and 28, the exponent of the crossflow velocity is 0.33 in laminar flow, 

but 0.8 in turbulent flow. Hence, turbulent flow conditions are desirable in terms of 

mass transfer. However, note that the pressure loss increases linearly with u in case of 

laminar flow, but in 1.75 power in case of turbulent flow according to Blasius’ law (Bird 

et al. 2007; Green & Perry 2008). Hence, operation under turbulent flow conditions is 

associated with higher pressure losses. 

The above discussed gel polarization model was adapted to predict the limiting flux 

during MF and UF of colloidal and particulate suspensions, as shown in Equation 29 

(Davies 1992; Belfort et al. 1994). Here, Jlim (m/s) is the limiting flux, k (m/s) the mass 

transfer coefficient, Φc (-) the particle volume fraction at the membrane surface, and 

Φb (-) the particle volume fraction of the bulk flow (Davies 1992; Belfort et al. 1994). 

Jlim  = k∙ln
ηΦc

ηΦb
 (29) 

In analogy to the gel polarization model for macromolecular solutes, Equation 29 

implies a specific maximum wall concentration Φc at the membrane surface. Hence, Φc 

actually represents the particle volume concentration of the cake layer, which is 0.6 for 

monodisperse rigid spheres and 0.8-0.9 for compressible or polydisperse particles 

(Davies 1992). 

The mass transfer coefficient in Equation 29 results – in analogy to the classical gel 

polarization model – from Equations 20-23. For colloids and small particles, the 

diffusion coefficient in Equations 21 and 23 can be predicted according to the Stokes-

Einstein equation shown in Equation 30 (Bird et al. 2007; Cussler 2009). Here, kB 

(1.38∙10-23 kg∙m²/(s²∙K)) is the Boltzmann constant, T (K) the temperature, η (Pa∙s) the 

liquid viscosity, and rp (m) the particle diameter. As Equation 30 shows, at given 

temperature and viscosity, the diffusion coefficient decreases with increasing particle 

radius (Einstein 1905). 
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D  = 
kB∙T

6∙π∙η∙rp
 (30) 

Equation 30 implies that with increasing particle diameter, the diffusion coefficient and 

the limiting flux, respectively, decrease. Note that, according to Equations 26 and 28, a 

decrease in the diffusion coefficient will result in a lower limiting flux at constant 

operating parameters. However, Fane (1984) showed that the limiting flux reaches a 

minimum for particles with a diameter of about 0.1 μm. For particles with larger 

diameters, the limiting flux increased, which is in discrepancy to Equation 30 (Fane 

1984). Obviously, diffusion does not determine the back transport of particles larger 

than 0.1 μm (Fane 1984). Therefore, for crossflow filtration of colloids and particles 

with diameters larger than 0.1 μm, the above described model fails and commonly 

undervalues the limiting flux (Davies 1992; Belfort et al.  1994; Zeman & Zydney 1996). 

To overcome this limitation, Zydney & Colton (1986) replaced the diffusion coefficient 

by a shear-induced diffusion coefficient Dsi according to Eckstein et al.  (1977). For their 

model, Zydney & Colton (1986) proposed an approximated shear-induced diffusion 

coefficient as defined in Equation 31. Here, Dsi (m²/s) is the so-called shear-induced 

diffusion coefficient, γ̇m (1/s) the shear rate at the membrane surface, and rp (m) the 

particle radius. 

Dsi  = 0.03∙γ̇m∙rp
2 (31) 

For Newtonian fluids, the shear rate, γ̇m (1/s) is related to the shear stress τm (Pa) at 

the membrane surface according to Equation 32 (Green & Perry 2008). Here, η (Pa∙s) 

is the liquid viscosity.  

τm  =  γ̇m∙η (32) 

In case of pipe flow, the shear stress at the wall of the pipe results from Equation 33 

(Ripperger 1993; Green & Perry 2008) and, hence, depends on the friction factor λ (-), 

the liquid density ρl (kg/m³), and the fluid velocity u (m/s). To predict λ in laminar 

flow (Re < 2,100) the Hagen-Poiseuille equation (see Equation 34) holds (Bird et al. 

2007; Green & Perry 2008). In case of turbulent flow (4,000 < Re < 105), the Blasius 

equation (see Equation 35) can be applied for smooth tubes (Bird et al. 2007; Green & 

Perry 2008). 

 τM = λ∙
ηρl∙u2

2
 (33) 

ηλ = 
16

Re
 (34) 
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ηλ = 
0.079

Re0.25
 (35) 

By combining Equations 32, 33, and 34 or 35, respectively, the shear rate γ̇M at the 

surface of a tubular membrane can be predicted. In case of laminar flow, γ̇M results from 

Equation 36 and for turbulent (4,000 < Re < 105) flow from Equation 37. 

γ̇M =
8∙u

di
 (36) 

γ̇M  = 
0.04∙ρl

0.75∙u1.75

di
0.25∙η0.75

 (37) 

To predict the mass transfer coefficient in Equation 29, the shear-induced diffusion 

coefficient Dsi replaces the diffusion coefficient D in Equations 26 and 28.  Thus, an 

increase in the particle radius rp will increase the shear-induced diffusion coefficient 

and the limiting flux, respectively. Furthermore, an increase in the crossflow velocity u 

will not only increase the mass transfer coefficient itself, but also the magnitude of the 

shear-induced diffusion coefficient. As the exponent of the crossflow velocity u is one 

in laminar flow (Equation 36), but 1.75 in turbulent flow (Equation 37), under 

turbulent flow conditions, the effect of increasing crossflow velocity on the shear rate 

and the shear-induced diffusion coefficient, respectively, is stronger than under laminar 

flow conditions. The approach of Zydney & Colton (1986) is widely acknowledged for 

predicting limiting fluxes during crossflow MF and UF of suspensions containing 

particles with diameters in the range of 0.5-20 µm (Davies 1992; Belfort et al. 1994; Li 

et al. 2000). 

Another approach to describe concentration polarization in crossflow filtration of 

particulate suspensions is based on the balance of the hydrodynamic forces acting on a 

single particle (Davies 1992; Belfort et al. 1994; Zeman & Zydney 1996). The forces 

acting orthogonally to the membrane surface are shown in Figure 8. Induced by the 

permeate flow, the drag force Fd (N) on the particle causes particles to migrate to the 

membrane surface with the velocity of the permeate flow upf (m/s), which is equal to 

the permeate Flux J (here in m/s) (Green & Belfort 1980; Altmann & Ripperger 1997). 

Due to the crossflow velocity, an inertial lift force Fil (N) is induced, which acts in 

opposition to the drag force (Porter 1972; Green & Belfort 1980). If both forces are 

balanced, Equation 38 holds. By introducing the definition of the drag and the inertial 

lift force on a spherical particle (see Equations 39 and 40), the limiting flux is finally 

given by the internal lift velocity uil, as shown in Equation 41.  In Equations 39 and 40, 

η (Pa∙s) is the liquid viscosity and rp (m) the particle radius. 
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Fd = Fil (38) 

Fd = 6∙π∙η∙rp∙J (39) 

Fil = 6∙π∙η∙rp∙uil (40) 

Jlim = uil (41) 

The inertial lift velocity and the limiting flux Jlim, respectively, can be predicted 

according to Equation 42 (Davies 1992; Belfort et al. 1994; Zeman & Zydney 1996). 

Here, ρl  (kg/m³) is the liquid density, rp (m) the particle radius, γ̇m (1/s) the shear rate 

at the membrane surface, and η (Pa ∙ s) the liquid viscosity. The shear rate at the surface 

of a tubular membrane under laminar flow conditions can be predicted according to 

Equation 36. Equation 42 holds for fast laminar flow conditions (Re ≈ 1,500) (Drew et 

al. 1991). According to Equation 42, the limiting flux will increase with increasing 

crossflow velocity u and particle radius rp, but is independent of the particle volume 

concentration Φ. However, in undiluted suspensions, particle interactions have to be 

considered (Belfort et al. 1994). The inertial lift model is widely acknowledged for 

predicting limiting fluxes during crossflow MF and UF of suspensions containing 

particles with diameters larger than 20 µm (Davies 1992; Belfort et al. 1994). 

Jlim = uil =
0.036∙γ̇m2∙rp

3∙ρl

η 
 (42) 

In turbulent flow conditions, the inertial lift velocity in the laminar boundary layer can 

be predicted according to Altmann & Ripperger (1997), as shown in Equation 43. Here, 

the effect of particle volume concentration is neglected. It should be noted that Altmann 

& Ripperger (1997) stated a correction factor for the particle volume concentration, as 

well. As the shear rate, according to Equation 37, depends on the crossflow velocity, an 

increase in the crossflow velocity u and the particle radius rp will result in a higher 

limiting flux. It should be mentioned that there are several other models to describe 

mass transfer during crossflow filtration of colloidal and particulate suspensions 

(Ripperger 1993; Belfort et al. 1994; Altmann & Ripperger 1997).  

Jlim = uil =
0.323∙γ̇m

1.5∙rp
2∙ρl

0.5 

η0.5
 (43) 
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Figure 8 Perpendicular forces acting on a single particle in crossflow filtration 

(adapted from Green & Belfort (1980) and Altmann & Ripperger (1997)) 

As discussed above, concentration polarization can lead to the buildup of cake or gel 

layers on the membrane surface, thus distinctly reducing the performance of the 

filtration process. This means that the flux declines at constant pressure filtration or 

TMP increases at constant flux filtration, respectively. However, even if concentration 

polarization is well controlled and operating parameters are constant, a deterioration 

of the filtration performance might occur. For instance, compounds that can pass 

through the membrane pores may deposit on their walls and narrow or block them 

completely (Strathmann 2011). In general, phenomena causing a deterioration of the 

filtration performance process at constant operating parameter, are called membrane 

fouling (Zeman & Zydney 1996; Cheryan 1998; Strathmann 2011; Baker 2012). It is 

important to note that the use of the term fouling is restricted to describe phenomena 

caused by deposition and accumulation of feed components on the membrane surface 

and/or within the pores of the membrane (Cheryan 1998, Strathmann 2011). Feed 

components that cause fouling are called foulants. 

Depending on its local occurrence, fouling can be classified into external (or surface) 

and internal fouling (Drews 2010; Baker 2012; Wang et al. 2014). External fouling is 

caused by accumulation or deposition of foulants on the membrane surface, whereas 

internal fouling is caused by foulants that penetrate into the pores of the membrane 

(Baker 2012; Wang et al. 2014). Relevant mechanisms causing external and internal 

fouling are discussed below. In practical applications, especially during MF and UF of 
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complex feed streams, different fouling mechanisms will arise simultaneously (Shi et al. 

2014). 

Concentration polarization can result in external fouling if a cake or gel layer is built 

on the membrane surface (Strathmann 2011; Baker 2012). The formed cake or gel layer 

might have a high hydraulic resistance and thus impair the filtration performance. Due 

to altering processes, the hydraulic resistance of the cake or gel layer may increase 

during operation, e.g. by densification under the applied TMP (Baker 2012). As 

concentration polarization might – but not in any case – lead to fouling in form of cake 

or gel layers on the membrane surface, the terms may not be used synonymously.  

Strictly speaking, the formed cake or gel layer displays fouling, but not concentration 

polarization itself. 

Single particles that are transported to the membrane surface by the filtrate flow may 

occlude single membrane pores and reduce the total number of pores available for the 

permeate flow (Rushton et al. 1996; Zeman & Zydney 1996). This phenomenon is 

referred to as pore blockage and occurs in case the size of the particle is larger than or 

comparable to that of the membrane pores (Zeman & Zydney 1996). Hence, with pore 

blockage, the particles do not penetrate into the membrane pores (Rushton et al. 1996; 

Zeman & Zydney 1996).  

The adsorption of solutes on the membrane surface can also cause severe external 

fouling (Cheryan 1998; Zeman & Zydney 1996). Solutes, e.g. macromolecular proteins, 

might adsorb on the membrane surface and form a layer that leads to additional 

hydraulic resistance (Zeman & Zydney 1996). Furthermore, macromolecules may 

adsorb near the pore mouths and cause pore blockage (Zeman & Zydney 1996). Note 

that fouling caused by adsorption of solutes is not related to the filtrate flow and will 

occur even in case concentration polarization is well mitigated. A further cause for 

external fouling can be the growth of biofilms on the membrane surface (Zeman & 

Zydney 1996). 

Internal fouling is caused by adsorption and deposition of solutes and fine particles on 

the wall surface of the membrane pores ((Zeman & Zydney 1996; Wang et al. 2014). 

As a result, during internal fouling the pores are constricted or eventually totally 

plugged (Rushton et al. 1996; Zeman & Zydney 1996; Baker 2012). Internal fouling 

implies that the solutes or particles are smaller than the membrane pores (Rushton et 

al. 1996; Zeman & Zydney 1996; Baker 2012). 
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Fouling control represents a crucial issue for efficient operation of MF and UF 

membrane processes. There are several approaches for mitigation and removal of 

fouling including: 

 Prevention of cake and gel layer buildup: optimization of the mass transfer to 

control concentration polarization 

 Physical cleaning 

 Chemical cleaning with suitable cleaning agents 

 Modification of the membrane properties 

 Pretreatment of the feed stream 

As discussed above, concentration polarization can be controlled by increasing the mass 

transfer from the membrane surface to the bulk stream. Depending on the size of solutes 

and particles, back transport is driven by diffusion, shear-induced diffusion, and lateral 

lift (Davies 1992; Belfort et al. 1994). These back transport mechanisms can be 

enhanced by increasing the crossflow velocity (Davies 1992; Belfort et al. 1994). As 

discussed above, an increase in the crossflow velocity will increase the mass transfer 

coefficient and the shear rate at the membrane surface and might induce turbulent flow 

conditions, as well. Hence, by increasing the crossflow velocity, the buildup of cake or 

gel layers can be prevented. However, in certain cases, an increase in the crossflow 

velocity can reduce the filtration performance during filtration of polydisperse 

suspensions (Cheryan 1998). The mass transfer induced by shear-induced diffusion and 

lateral lift increases with shear rate (i.e. crossflow velocity) and particle radius. Hence, 

at high crossflow velocities and sufficiently high permeate fluxes, the smaller particles 

of polydisperse suspensions will preferably accumulate on the membrane surface 

(Cheryan 1998). As the hydraulic resistance of the cake layer increases with decreasing 

particle radius (Ergun 1952), a cake layer of a high hydraulic resistance is built in this 

case. A further beneficial effect of operation at high crossflow velocities and shear rates, 

respectively, is the fact that fragments of existing gel or cake layers may be removed by 

scouring (Cheryan 1998, Strathmann 2011; Baker 2012). Besides generating a single-

phase crossflow, another frequently applied approach to increase the surface shear rate 

and turbulence in membrane modules is the generation of a gas-liquid two-phase flow 

by using gas bubbling (Cui et al. 2003). 

Fouling products can be removed by physical and chemical cleaning procedures. 

Commonly applied physical cleaning methods are backflushing and relaxation (Zeman 

& Zydney 1996; Cheryan 1998, Strathmann 2011; Wang et al. 2014). For backflushing, 

temporarily, a negative TMP is applied and permeate is pushed back through the 

membrane into the feed stream (Zeman & Zydney 1996; Cheryan 1998, Strathmann 
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2011; Wang et al. 2014). For relaxation, the permeate flow is stopped temporarily, 

while the crossflow is not interrupted (Wang et al. 2014). Hence, the convective mass 

transfer to the membrane surface is interrupted temporarily, while the mass transfer 

into the bulk flow is continued. In contrast to physical cleaning, chemical cleaning 

involves the use of chemical cleaning agents (Zeman & Zydney 1996; Cheryan 1998, 

Strathmann 2011; Wang et al. 2014). Typical cleaning agents are acids and bases, e.g. 

citric acid and NaOH, respectively (Zeman & Zydney 1996; Cheryan 1998, Wang et al. 

2014). Besides, oxidants such as sodium hypochlorite (NaClO), surfactants, and 

enzymatic cleaners are frequently used (Zeman & Zydney 1996; Cheryan 1998; Wang 

et al. 2014) 

Membrane properties can influence its affinity for fouling, as well (Zeman & Zydney 

1996; Cheryan 1998). Generally, membranes with large pores provide lower hydraulic 

resistance, but might be more susceptible to internal fouling than membranes with 

narrower pores. Therefore, the relation between the size of the pores and the 

compounds in the feed is an important issue (Cheryan 1998). Furthermore, the 

deposition of foulants on the membrane surface is affected by its surface properties, e.g. 

hydrophilicity/hydrophobicity or surface charge (Zeman & Zydney 1996; Cheryan 

1998). 

Fouling can also be reduced by pretreatment of the feed stream. For instance, 

interactions between foulants and the membrane surface can be influenced by the pH 

or the ionic strength of the feed (Cheryan 1998; Strathmann 2011). 

 Anaerobic membrane bioreactors for municipal wastewater 

treatment 

Above, the fundamentals of anaerobic municipal wastewater treatment and micro- and 

ultrafiltration have been introduced. In the following section, the focus will be on the 

combination of both: the anaerobic membrane bioreactor (AMBR). 

 Process description 

The anaerobic membrane bioreactor is defined as the combination of an anaerobic 

bioreactor and a membrane module (Liao et al. 2006). The membrane provides 

complete mechanical removal of particulate matter and, depending on the membrane 

pore size, partial mechanical removal of macromolecular matter. Due to the integration 

of membrane filtration, AMBRs offer a unique feature compared to conventional 

anaerobic high-rate reactors: complete decoupling of the solid retention time (SRT) 

from the hydraulic retention time (HRT) regardless of the operating parameters. 
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In principal, there are two different ways to combine an anaerobic bioreactor and 

membrane filtration to form an AMBR (Liao et al. 2006; Lin et al. 2013). In the first 

configuration, the anaerobic bioreactor (typically with suspended, flocculent biomass) 

is coupled to an external membrane module, as shown in Figure 9a. To mitigate fouling, 

the liquid is pumped from the bioreactor through the membrane module at high 

crossflow velocities (Liao et al. 2006; Stuckey 2012). This approach is called external 

crossflow configuration (Liao et al. 2006; Stuckey 2012). TMP is provided by generating 

overpressure at the feed side of the membrane module; therefore, the process is also 

called pressure-driven (Liao et al. 2006; Stuckey 2012). TMP can also be provided by 

generating a vacuum on the permeate side (vacuum-driven). However, in this case, 

TMP is limited to below one bar. The external crossflow configuration allows easy 

maintenance and cleaning of the membrane module. Furthermore, fouling can be 

effectively controlled by applying high crossflow velocities, typically ranging between 

0.5 and 5 m/s (Liao et al. 2006; Martin et al. 2011; Bouman & Heffernan 2016). The 

main drawback of the external crossflow configuration is the high energy demand, 

which is associated with the generation of high crossflow velocities. The total electrical 

energy demand for membrane filtration in AMBRs with external crossflow configuration 

usually is between 1 and 7.3 kWhel/m³ permeate (Liao et al. 2006; Martin et al. 2011). 

According to Martin et al. (2011), permeate drawing accounts for less than 3 % of the 

total energy required for membrane filtration. The main fraction of the required energy 

is for fouling control, i.e. the generation of the crossflow (Martin et al. 2011). 

Furthermore, it was reported that due to the high shear stress, biomass activity was 

negatively affected (Liao et al. 2006; Stuckey 2012). However, statements in literature 

on this phenomenon are highly contradictory; in some studies, a negative effect was 

observed, but not in others (Liao et al. 2006; Stuckey 2012). There is more consensus 

about the fact that the high shear rates can reduce the size of the sludge flocs, which 

might increase their ability to cause fouling (Choo & Lee 1998; Stuckey 2012). 

In the second configuration, the membrane module is directly submerged into the 

bioreactor, as shown in Figure 9b (Liao et al. 2006; Stuckey 2012). Alternatively, the 

membrane module can be submerged in an external membrane tank coupled to the 

bioreactor, as shown in Figure 9c (Liao et al. 2006; Stuckey 2012). In both cases, the 

liquid is not pumped directly through the membrane module as in the external crossflow 

configuration. To mitigate fouling, commonly, a gas-liquid multiphase flow is generated 

by means of biogas sparging (Liao et al. 2006; Stuckey 2012). This approach is called 

submerged membrane configuration (Liao et al. 2006; Stuckey 2012). TMP is provided 

by generating a vacuum by constant drawing on the permeate side and is therefore 

limited to below one bar. 
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(a) 

 
(b) 

 
(c) 

Figure 9 Schematics of the most common AMBR configurations: external crossflow 

configuration (a), submerged membrane configuration (b), and submerged 

membrane configuration with external membrane tank (c) (adapted from Liao et al. 
(2006)) 
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In general, the submerged membrane configurations show a lower energy demand for 

membrane filtration than the external crossflow configuration (Liao et al. 2006; Stuckey 

2012). Usually, the total electrical energy demand for filtration ranges between 0.3 and 

3.4 kWhel/m³ (Liao et al. 2006; Martin et al. 2011). According to Martin et al. (2011), 

permeate drawing accounts for less than 5 % of the total energy required for membrane 

filtration. The main fraction of the required energy is used for fouling control, i.e. biogas 

sparging (Martin et al. 2011). In case the membrane is submerged directly into the 

bioreactor, cleaning and maintenance are difficult (Liao et al. 2006; Martin et al. 2011), 

which, however, can be overcome by placing the membrane module into an external 

chamber. 

In AMBRs, preferably MF and UF membranes are employed (Liao et al. 2006; Dereli et 

al. 2012; Skouteris et al. 2012; Smith et al. 2012; Lin et al. 2013; Ozgun et al. 2013; 

Dvořák et al. 2016; Shin & Bae 2017). The pore size of the membranes typically ranges 

between 0.01 and 0.45 μm (Liao et al. 2006; Dereli et al. 2012; Ozgun et al. 2013; 

Skouteris et al. 2012; Smith et al. 2012; Lin et al. 2013). The employed membranes are 

mostly polymeric, however, ceramic membrane are used, as well (Liao et al. 2006; 

Smith et al. 2012; Lin et al. 2013; Ozgun et al. 2013; Dvořák et al. 2016). The most 

frequently used polymeric membrane materials are polyvinylidene fluoride (PVDF) and 

polyethersulfone (PES) (Lin et al. 2013). Other polymeric materials applied are 

polyethylene (PE), polypropylene (PP), polysulfone (PS), and polytetrafluoroethylene 

(PTFE) (Liao et al. 2006; Ozgun et al. 2013; Smith et al. 2012; Lin et al. 2013; Dvořák 

et al. 2016).  

In the submerged membrane configuration, HF (outside-in filtration) and flat sheet 

membrane modules are employed (Dereli et al. 2012; Smith et al. 2012; Lin et al. 2013; 

Ozgun et al. 2013; Dvořák et al. 2016; Shin & Bae 2017). In the external crossflow 

configuration, usually tubular membrane modules are used (Dereli et al. 2012; Smith 

et al. 2012; Lin et al. 2013; Ozgun et al. 2013; Dvořák et al. 2016; Shin & Bae 2017). 

Besides, the use of HF and flat sheet membrane modules was reported, as well (Dereli 

et al. 2012; Smith et al. 2012; Lin et al. 2013; Ozgun et al. 2013; Dvořák et al. 2016; 

Shin & Bae 2017). 
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 AMBRs for municipal wastewater treatment: pros and cons 

The complete decoupling of the solid retention time from the hydraulic retention time 

in AMBRs provides significant benefits regarding the anaerobic treatment of municipal 

wastewater. The main pros and cons are compiled in Table 6.  

Table 6 Pros and cons of anaerobic membrane bioreactors in contrast to conventional 

anaerobic high-rate reactors for municipal wastewater treatment 

Pros Cons 

 Effective biomass retention regardless of 

operating parameters and sludge 

properties (no need for granular 

biomass)a, b, c, d 

 Intensification of anaerobic treatment by 

retention of slowly degradable 

particulate organics within the reactora, b, 

c, d 

 Concentration of low-strength 

wastewater might be beneficial for rate 

of hydrolysis 

 Effluent is free of suspended solids 

 Retention of pathogens, e.g. bacteria 

(MF, UF) and viruses (UF)e 

 High energy demand for fouling control 

(≥ 60 % of the total required energy for 

AMBR operation)f, g 

 High capital cost for membrane modules 

(about 45-75 % of the total capital 

costs)h 

aLiao et al. (2006) 

bJeison et al. (2011) 

cDereli et al. (2012) 

dStuckey (2012) 

eBaker (2012) 

fPretel et al. (2014) 

gShin & Bae (2017) 

hLin et al. (2011) 

 

 

In AMBRs, the MF or UF unit prevents the washout of the slow-growing anaerobic 

biomass, even at high hydraulic loading rates. Hence, high biomass concentrations can 

be ensured regardless of the bioreactor operating parameters (HRT, temperature, feed 



 

 

46 

characteristics, etc.) and sludge properties (flocculent or granular sludge) (Liao et al. 

2006; Jeison et al. 2008; Dereli et al. 2012; Stuckey 2012). 

As discussed in section 2.2, in anaerobic wastewater treatment, hydrolysis of particulate 

organics generally represents the rate-limiting step. Regardless of HRT, AMBRs provide 

the complete retention of slowly degradable particulate and macromolecular organics 

within the bioreactor until they are degraded (Liao et al. 2006; Jeison et al. 2008; Dereli 

et al. 2012; Stuckey 2012). Hence, the anaerobic degradation of slowly degradable 

particulates can be enhanced (Jeison et al. 2008; Dereli et al. 2012), which should result 

in an increase in the methane production per influent COD. Furthermore, especially in 

case of low-strength wastewater, e.g. municipal wastewater, the bioreactor volume can 

be distinctly reduced.  

The hydrolysis rate of particulate organics is assumed to be of first-order regarding the 

substrate concentration (see section 2.2.2). In AMBRs, particulate organics are 

concentrated, theoretically resulting in an accelerated rate of hydrolysis. Consequently, 

AMBRs represent an interesting option for the treatment of low-strength wastewater 

streams containing particulate organics, e.g. municipal wastewater. 

Furthermore, the AMBR permeate is free of suspended solids. This might be of 

importance for potentially required post-treatment as, for example, the recovery of 

dissolved methane by means of membrane contactors (Crome et al. 2016). 

MF membranes enable the removal of bacteria; UF membranes are able to remove both, 

bacteria and viruses (Baker 2012). Pathogen-free effluent of AMBRs, containing the 

nutrients phosphorus and nitrogen, might be of particular interest in the issue of reuse 

in agricultural irrigation (Ozgun et al. 2013). 

Although, Grethlein (1978) has already demonstrated the feasibility of the AMBR for 

municipal wastewater treatment in the late seventies of the last century, only recently 

the application of AMBRs in municipal wastewater treatment was investigated more 

comprehensively. In several laboratory- and pilot-scale studies, e.g. of Martinez-Sosa et 

al. (2011), Bae et al. (2013), Smith et al. (2013), and Gouveia et al. (2015a), it was 

shown that AMBRs provide a high chemical oxygen demand (COD) removal of 70-90 % 

in the treatment of municipal wastewater, even at temperatures below 20 °C. However, 

despite the unique benefits of AMBRs, up to date, there are no reports on full-scale 

applications for municipal wastewater treatment. The main obstacles in launching 

AMBRs to commercial application are compiled in Table 6. However, several pilot-scale 

studies on AMBRs for municipal wastewater treatment were reported in literature. A 

comprehensive summary of existing pilot-scale AMBRs treating municipal wastewater 

is given by Shin & Bae (2017), who analyzed the energy demand of eleven studies.  
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The main drawback of AMBRs is the energy required for fouling control (Bérubé et al. 

2006; Smith et al. 2012; Stuckey 2012; Lin et al. 2013). The most commonly used 

methods for fouling control are biogas sparging (in case of submerged membrane 

configuration) and the generation of high crossflow velocities (in case of external 

crossflow configuration) (Liao et al. 2006; Smith et al. 2012). For an AMBR in the 

submerged membrane configuration, Pretel et al. (2014) attributed about 60-75 % of 

the total required electrical energy (0.44 kWhel/m³ permeate) to fouling control. In 

contrast, less than 3 % were used for permeate drawing (Pretel et al. 2014). Shin & Bae 

(2017) assumed that for AMBRs in submerged membrane configuration, 70 % of the 

total required energy is needed for fouling control. As a result, the total operating costs 

(sum of costs for chemical cleaning, pumping, sludge disposal, and biogas sparging) are 

mainly caused by energy costs for fouling control (Lin et al. 2011b; Ferrer et al. 2015). 

Lin et al. (2011b) stated that biogas sparging accounts for around 45 % of the total 

operating costs in an AMBR in submerged membrane configuration. As fouling control 

by crossflow is generally associated with a higher energy demand than fouling control 

by biogas sparging, the percentage fraction of the energy costs for fouling control is 

expected to be higher in case of AMBRs in the external crossflow configuration. 

A further disadvantage of the AMBR process is the relatively high cost for the membrane 

modules. According to Lin et al. (2011b), about 45-75 % of the total capital costs 

(including costs for membranes, tanks, and plant equipment) are attributed to costs for 

membrane modules. In their estimations, Lin et al. (2011b) considered an AMBR in the 

submerged membrane configuration using polymeric flat sheet membranes 

(50 Euro/m²). According to Pretel et al. (2016) and Ferrer et al. (2015), the investment 

costs for membranes account for about 50-60 % of the total costs for filtration 

(considering capital and operation costs). In general, investment costs for membranes 

can be reduced by operating at higher fluxes, i.e. effective control of concentration 

polarization and fouling, respectively. However, effective fouling control itself requires 

energy and leads to an increase in operating costs. Hence, by introducing novel, more 

energy-efficient methods for fouling control, total costs for AMBR operation could be 

reduced distinctly. 

Assuming municipal wastewater with a COD concentration of 500 mg/l, a conversion 

of 50 % from influent COD to methane, and a conversion factor of 0.33 from combustion 

heat to electricity, in anaerobic municipal wastewater treatment, about 0.29 kWhel/m³ 

electrical energy could be generated from the produced methane. This is not sufficient 

to cover the energy demand for membrane filtration in conventional AMBRs, which 

ranges from 0.3 to 3.4 kWhel/m³ for the submerged membrane configuration and from 

1 to 7.3 kWhel/m³ for the external crossflow configuration (Liao et al. 2006; Martin et 
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al. 2011). The discrepancy between the relative low energy content of municipal 

wastewater and the high energy demand for fouling control represents one crucial 

reason that so far no large-scale AMBRs have been implemented for carbon removal in 

municipal wastewater treatment. 

In contrast, AMBRs have already been commercially launched for the treatment of 

industrial wastewater. Dorr-Oliver (USA) introduced the first commercially available 

AMBR system in the 1980s (Li et al. 1984; Li & Corrado 1985; Liao et al. 2006). The so-

called membrane anaerobic reactor system (MARS) consists of a continuous-flow 

stirred-tank reactor (CSTR) with suspended biomass coupled to an external flat sheet 

UF membrane module (external crossflow configuration) (Li et al. 1984).  The system 

was developed to treat high-strength industrial wastewater from the food industry (Li 

et al. 1984; Li & Corrado 1985), however, did not become widely accepted. A similar 

system is the so-called anaerobic digestion ultrafiltration system (ADUF), which consists 

of a continuous-flow stirred-tank reactor (CSTR) with suspended biomass coupled to 

an external tubular UF membrane module (external crossflow configuration) (Ross et 

al. 1990). The ADUF process has been developed in South Africa to treat high-strength 

industrial wastewater, e.g. from the food and beverage industry (Ross et al. 1990). A 

full-scale application of the ADUF process, for the treatment of maize-processing 

wastewater, was reported by Ross et al. (1992). Kubota (Japan) introduced the first 

commercially successful AMBR in the 2000s (Kanai et al. 2010). The Kubota AMBR 

system consists of a continuous-flow stirred-tank reactor (CSTR) with suspended 

biomass coupled to an external membrane tank with submerged flat sheet membranes 

(submerged membrane configuration) (Christian et al. 2010; Kanai et al. 2010). 

Membrane fouling is mitigated via biogas sparging (Christian et al. 2010). In 2010, 

there were 14 full-scale AMBRs in Japan and one in the USA, all implemented for 

treating industrial wastewater from the food and beverage industry (Christian et al. 

2010; Kanai et al. 2010). Veolia Water Technologies (The Netherlands) provides an 

AMBR system (Memthane) consisting of an anaerobic bioreactor coupled to an external 

tubular UF membrane module (external crossflow configuration) (Bouman & Heffernan 

2016). The applied crossflow velocity and energy demand ranged from 0.5 to 1.5 m/s 

and 1 to 2 kWh/m³ permeate, respectively (Bouman & Heffernan 2016). In 2016, there 

were seven full-scale applications for the treatment of high-strength wastewater from 

the food and dairy industry (Bouman & Heffernan 2016). In general, AMBRs are well 

suited for wastewater containing high fractions of suspended solids and lipids (Dereli 

et al. 2012; Bouman & Heffernan 2016). Conventional high-rate reactors are generally 

not able to treat such wastewaters adequately as suspended solids cannot be retained 
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effectively and lipids can cause washout of granular biomass (Dereli et al. 2012; 

Bouman & Heffernan 2016). 

 Fouling in AMBRs  

Fouling in AMBRs is complex and not yet understood in detail (Bérube et al. 2006; 

Stuckey 2012). Certainly, in AMBRs there are many components that potentially induce 

fouling. As will be discussed below, potential foulants in AMBRs are suspended and 

colloidal solids as well as soluble organic and inorganic precipitates (Bérube et al. 2006; 

Liao et al. 2006; Stuckey 2012). 

An increase in the suspended solids concentration can accelerate membrane fouling, as 

reported by Jeison & van Lier (2006) and Huang et al. (2011). Jeison & van Lier (2006) 

investigated the influence of the suspended biomass concentration (in total suspended 

solids (TSS)) on the flux at which fouling becomes noticeable. This so-called critical 

flux is discussed in more detail below. In their study, Jeison & van Lier (2006) used an 

AMBR in submerged membrane configuration equipped with a 0.2 µm pore-sized 

polysulfone (PS) HF membrane. Fouling was controlled by gas sparging. It was shown 

that at a temperature of 30 °C, the critical flux decreased linearly by increasing the 

biomass concentration from 25 to 50 g TSS/l (Jeison & van Lier 2006). Since the 

observed fouling was of removable nature, it was concluded that the cake layer buildup 

on the membrane surface was the determining fouling phenomenon. The size 

distribution of the bulk sludge showed that most of the sludge particles ranged between 

10 and 500 μm. Hence, the relevant transport mechanisms were shear-induced diffusion 

and lateral lift. The fact that in case of shear-induced diffusion the back transport rate 

(from the membrane surface into the bulk) decreases with increasing bulk 

concentration of the retained component (cf. Equation 29) may explain the findings of 

Jeison & van Lier (2006). Furthermore, the results of Jeison & van Lier (2006) indicate 

that for undiluted suspensions back transport by lateral lift might be affected by the 

solids concentration as discussed in section 2.2.3. Jeison & van Lier (2006) reported as 

well that the rate of cake layer buildup increased with increasing biomass 

concentration. The same phenomenon was reported by Huang et al. (2011). In their 

study, they operated an AMBR in submerged membrane configuration equipped with a 

0.45 µm pore-sized polyethersulfone (PES) flat sheet membrane module at 25-30 °C. 

Fouling was controlled by gas sparging. The increase in the suspended biomass 

concentration was a result of varying HRT and sludge retention time (SRT). At constant 

HRT, an increase in SRT implies higher biomass concentrations, and accelerated 

membrane fouling was observed (Huang et al. 2011). Huang et al. (2011) also observed 

that with decreasing size of the biomass flocs, fouling was accelerated. This can be 
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attributed to the fact that the cake layer resistance increases with decreasing size of the 

sludge particles (Yang 2003), and the back transfer rate by shear-induced diffusion and 

lateral lift decreases with decreasing particle size (Davies 1992; Belfort et al. 1994). 

Besides the buildup of cake layers, fine colloidal particles about the size of the 

membrane pores cause severe fouling in AMBRs by pore blockage (Liao et al. 2006; 

Stuckey 2012). 

The most important soluble organic foulants in AMBRs are soluble microbial products 

(SMP) and extracellular polymeric substances (EPS). According to Laspidou & Rittmann 

(2002), SMP are defined as cellular components that are released during cell lysis, 

diffuse through the cell membrane, are lost during synthesis, or excreted for some 

purpose. SMP can be classified into substrate-utilization associated SMP (UAP) and 

biomass-associated products (BAP) (Laspidou & Rittmann 2002). UAP directly result 

from substrate metabolism, while BAP mainly are a product of biomass decay. 

(Laspidou & Rittmann 2002). EPS are biopolymers (including polysaccharides, proteins, 

nucleic acids, and lipids) that are secreted by cells to build microbial aggregates, such 

as flocs or biofilms (Flemming & Wingender 2010). EPS bound in microbial aggregates 

can be transferred via hydrolysis or shear into so-called soluble EPS, which then 

represent a part of SMP (Aquino & Stuckey 2008). However, there is no exact definition 

of the compounds or sum parameters representing SMP or EPS, respectively. 

Consequently, there is a multitude of different methods for the extraction of EPS and 

characterization and identification of SMP and EPS (Kunacheva & Stuckey 2014). For 

example, Kunacheva et al. (2017a; 2017b) estimated SMP in an AMBR permeate by 

subtracting the COD of the residual (soluble) substrate and intermediates (volatile fatty 

acids) from the total permeate COD. In contrast to Kunacheva et al. (2017a, 2017b), in 

several studies, SMP are defined as soluble proteins and carbohydrates (Lin et al. 2009; 

Huang et al. 2011; Chen et al. 2017). EPS are frequently defined as proteins and 

carbohydrates (Lin et al. 2009; Huang et al. 2011; Chen et al. 2017) or soluble organics 

(Aquino et al. 2006), which are extracted from microbial agglomerates (sludge flocs). 

Kunacheva et al. (2017a) identified a total number of 120 compounds including 

alkanes, esters, alcohols, nitrogenized compounds, and phenols in the effluent of an 

AMBR treating synthetic low-strength wastewater (submerged membrane configuration 

with suspended biomass; PE flat sheet membrane; mean pore size = 0.2 µm). The 

molecular weight of the compounds varied in a wide range between < 1,000 Da and 

> 1,200,000 Da, whereby the size of most of the compounds ranged between 60,000 

and 460,000 Da (Kunacheva et al. 2017a). The results of Kunacheva et al. (2017a) 

illustrate the diversity of the produced SMP in AMBRs. Consequently, SMP and EPS may 

affect membrane fouling in several ways. Aquino et al. (2006) observed that high-
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molecular weight proteins and carbohydrates caused internal fouling in an AMBR 

(submerged membrane configuration with suspended biomass; PE flat sheet 

membrane; mean pore size = 0.4 μm) treating a low-strength synthetic feed (COD = 

450 mg/l). The addition of powdered activated carbon (PAC) led to fouling mitigation, 

presumably caused by the adsorption of high-molecular weight SMP (Aquino et al. 

2006). Lin et al. (2011a) reported that bound EPS accumulated in the cake layer in an 

AMBR (submerged membrane configuration with suspended biomass; PVDF flat sheet 

membrane; MWCO = 70,000 Da) treating industrial wastewater from a pulp and pulper 

mill. The cake sludge showed a 1.5 times higher EPS concentration than the bulk sludge, 

a phenomenon that was assumed to be one reason for the much higher filtration 

resistance of the cake sludge in comparison to the bulk sludge (Lin et al. 2011a). Chen 

et al. (2017) observed that at low organic loading rates (OLR), fouling in an AMBR 

(submerged membrane configuration with suspended biomass; PE flat sheet 

membrane; pore size = 0.2 μm) was caused by internal fouling induced by SMP. In 

contrast, at increased OLR, fouling was mainly attributed to the buildup of a cake layer, 

which was promoted by the increased concentration of highly adhesive EPS bound to 

the biomass in the reactor (Chen et al. 2017). However, the impact of SMP and EPS on 

membrane fouling is not yet identified in detail. Huang et al. (2011), for instance, 

reported that low EPS concentrations impaired the flocculation of sludge flocs. As a 

result, the size of the sludge flocs decreased in size and membrane fouling was 

aggravated (Huang et al. 2011). Furthermore, it is not yet understood in detail how 

operating parameters influence the production of SMP and EPS in AMBRs (Stuckey 

2012). Huang et al. (2011) and Chen et al. (2017) observed that a decrease in HRT and 

an increase in OLR, respectively, reinforced the production of SMP in AMBRs. 

Furthermore, Kunacheva et al. (2017a) reported that a decrease in HRT increased the 

number of different SMP compounds in the AMBR permeate. 

Precipitates of inorganic compounds can cause fouling in AMBRs, as well (Liao et al. 

2006; Bérubé et al. 2006; Stuckey 2012). Struvite (MgNH4PO4∙6H2O), in particular, was 

identified as potential inorganic foulant in AMBRs (Liao et al. 2006; Bérubé et al. 2006; 

Stuckey 2012). However, Wu et al. 2017 observed that silicon and calcium were the 

predominant irremovable foulants (i.e. eliminable by caustic and acid cleaning) in a 

pilot-scale AMBR treating domestic wastewater, indicating that during the treatment of 

domestic wastewater, struvite fouling might be of minor relevance. In their study, Wu 

et al. 2017 used an AMBR in external crossflow configuration coupled to an anaerobic 

fluidized bed reactor (PVDF HF membrane; pore size = 0.1 μm) using granular 

activated carbon to mitigate fouling. 
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Regardless of the type of foulant, fouling can be classified according to its reversibility. 

Meng et al. (2009) classified fouling in membrane bioreactors (MBR) for wastewater 

treatment into three categories: removable fouling, irremovable fouling, and 

irreversible fouling. Removable fouling can be easily removed by physical cleaning 

methods (Meng et al. 2009). This can be realized, for example, by backwashing 

(applying temporary negative TMP) or generating high crossflow velocities at 

interrupted permeate drawing (relaxation). Irremovable fouling cannot be removed by 

physical cleaning methods, but can be eliminated by chemical cleaning procedures 

(Meng et al. 2009). In contrast, irreversible fouling cannot be removed neither by 

physical nor chemical cleaning procedures (Meng et al. 2009). In general, it can be said 

that removable fouling is attributed to cake layer buildup on the membrane surface 

(Meng et al. 2009). There are several other approaches to classify fouling according to 

its reversibility (see e.g. Chang et al. (2002), Kraume et al. (2009), or Wang et al. 

(2014)), however, they are somewhat arbitrarily chosen. In the framework of the 

present thesis, the definition by Meng et al. (2009) will be followed. 

To minimize the evolution of fouling in (aerobic and anaerobic) membrane bioreactors, 

frequently, it is proposed to operate below a so-called critical flux (Le Clech et al. 2003; 

Le Clech et al. 2006; Stuckey 2012). The critical flux concept was initially introduced 

by Field et al. (1995) and Bacchin et al. (1995). Field et al. (1995) defined the critical 

flux as the flux below which no fouling occurred. Furthermore, it was distinguished 

between a strong and a weak form. (Field et al. 1995). The strong form of the critical 

flux is achieved if the actual flux differs from the corresponding clean water flux at the 

same TMP (Field et al. 1995). In the weak form, the sub-critical flux may be lower than 

the corresponding clean water flux at the same TMP. However, after start-up, steady-

state conditions are achieved rapidly, i.e. no further increase in TMP at constant flux 

filtration occurs (Field et al. 1995). It is important to note that the critical flux must not 

be confused with the limiting flux (cf. section 2.3.3), although both are related to the 

back transfer of compounds retained by the membrane. In contrast to the limiting flux, 

the critical flux is reached when fouling (i.e. deposition of compounds on the membrane 

surface) first occurs in a certain point, i.e. locally, on the membrane surface (Bacchin et 

al. 2002; 2006).  In contrast, the limiting flux is reached, when fouling has occured on 

the entire membrane surface, i.e. a cake or gel layer has formed on the membrane 

surface (Bacchin et al. 2002; 2006). Hence, the critical flux may be considered as the 

point of transition between concentration polarization and fouling by cake or gel layer 

buildup (Bacchin et al. 2006). Based on a theoretical approach on the filtration of 

colloidal suspensions, Bacchin (2004) derived that the critical flux is equal to 2/3 of the 

limiting flux. In practice, the critical flux in membrane bioreactors must be predicted 

https://www.dict.cc/englisch-deutsch/to+distinguish.html
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experimentally. Membrane bioreactors for wastewater treatment are mostly operated 

at constant flux filtration (Le-Clech et al. 2006), and the critical flux is typically 

determined in short-term experiments by stepwise increasing the flux for a fixed 

duration (15-30 min) of each step (Cho & Fane 2002; Le-Clech et al. 2003). It is 

important to note that during filtration of complex fluids, the application of the critical 

flux concept in its strong form – and strictly spoken in its weak form as well – is not 

constructive. In MBRs, fouling will occur even at very low fluxes (Le-Clech et al. 2003), 

e.g. by adsorption of macromolecules. Actually, the critical flux, experimentally 

predicted in MBRs, indicates that a more or less arbitrary defined threshold fouling rate 

is reached (Le-Clech et al. 2003). As the definition of the critical flux is based on the 

distinction between low and high fouling rates, Bacchin et al. (2006) proposed to use 

the term sustainable flux instead of critical flux in this case. Unfortunately, there exists 

no standard protocol for the determination of the critical (or sustainable) flux in MBRs 

(Le-Clech et al. 2006). Consequently, the reported critical fluxes are difficult to 

compare. Furthermore, in long-term operation, critical fluxes predicted in short-term 

experiments are only suitable to a limited extend. For both, aerobic (Le-Clech et al. 

2003) and anaerobic MBRs (Cho & Fane 2002), a sudden, strong increase in TMP 

(termed as TMP jump) was reported after a certain time, although the MBRs were 

operated distinctly below the critical fluxes predicted in short-term experiments. The 

time until the TMP jump occurred increased with decreasing permeate flux (Cho et al. 

2002; Le-Clech et al. 2003) and hence seemed to be dependent on the hydrodynamic 

conditions. Before the TMP jump occurred, only a weak increase in TMP was observed 

(Cho & Fane 2002; Le-Clech et al. 2003). The sudden TMP jump might be the result of 

locally increased fluxes caused by irregular distribution of the preliminary fouling 

(Meng et al. 2009; Le-Clech et al. 2006). Furthermore, sudden changes in the properties 

of a cake layer, which has already formed on the membrane surface, might cause the 

TMP jump (Meng et al. 2009; Le-Clech et al. 2006). 
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3 Anaerobic treatment of sulfate-containing 
municipal wastewater with a fluidized 
bed reactor at 20 °C 

 

 

 

 

 

 

 

 

 

 

 

 

 

This chapter is based on “Düppenbecker B. & Cornel P. (2016) Anaerobic treatment of 

sulfate-containing municipal wastewater with a fluidized bed reactor at 20 °C. Water 

Science and Technology, 73, 2446-2452.”
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 Introduction 

As discussed in Chapter 2, in contrast to aerobic municipal wastewater treatment, 

anaerobic treatment offers several substantial advantages, e.g. generation of a useful 

product in form of gaseous methane, low production of waste biological solids, and lack 

of energy-intensive aeration (Rittmann & McCarty 2001). However, anaerobic 

treatment of municipal wastewater still represents a challenge for wastewater 

engineers. At low temperatures and substrate concentrations, anaerobic treatment 

systems must provide high biomass retention at high hydraulic loading rates to ensure 

high biomass concentrations (Lettinga et al. 2001). Especially at low temperatures, the 

treatment systems must also ensure sufficient turbulence to overcome mass transfer 

limitations (Lettinga et al. 2001). Both demands can be met via the immobilization of 

biomass on a fluidized carrier. Hence, the fluidized bed reactor (FB) might represent a 

promising technology for the anaerobic treatment of municipal wastewater. 

Furthermore, Yoda et al. (1985) reported that particulate organics were effectively 

removed in a FB reactor. Presumably, the particulates were entrapped in agglomerates 

that were formed by the liquid flow motion (Yoda et al. 1985). The feasibility of the 

anaerobic FB for municipal wastewater treatment at low temperatures was shown by 

Jewell et al. (1981), Yoda et al. (1985), and Sanz & Fdz-Polanco (1990). Both Jewell et 

al. (1981) and Sanz & Fdz-Polanco (1990) reported COD removals of above 70 % at 

hydraulic retention times between 1 and 5 h. Recent studies focused on the combination 

of the anaerobic FB and micro- or ultrafiltration (Yoo et al. 2012; Gao et al. 2014; Shin 

et al. 2014). However, in the presence of sulfate, degradation of organic matter by 

sulfate-reducing bacteria (SRB) impairs the recovery of valuable methane gas. SRB are 

able to metabolize a large variety of organic and inorganic compounds, such as acetate, 

propionate, glucose, and hydrogen (Hansen 1993; Muyzer & Stams 2008). The reaction 

equations are discussed in detail in Chapter 6 (pp. 143-145). In sum, for biological 

reduction of one g sulfate, 0.67 g COD are utilized, which are consequently not available 

for methane production. In practice, this value might be slightly higher due to 

incorporation of organic carbon for biomass growth (van den Brand 2014). Previous 

studies have shown that SRB will outcompete methanogenic archaea during the 

treatment of synthetic low-strength wastewater (Harada et al., 1994) and mixtures of 

acetate and propionate (van den Brand et al. 2014). Therefore, it can be assumed that 

sulfate is completely reduced during the anaerobic treatment of municipal wastewater. 

As Table 7 shows, municipal wastewater can contain notable concentrations of sulfate. 

At a COD/sulfate ratio of approximately five (present study), 13 % of the influent COD 

is theoretically degraded by sulfate reduction and not available for methane production. 

Furthermore, at decreasing temperatures, the solubility of methane rises and a 
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significant amount of methane remains dissolved in the effluent (Souza et al. 2011). 

Considering these issues, the objective of the present chapter is the critical evaluation 

of the in- and output COD mass flows of a laboratory-scale anaerobic fluidized bed 

reactor treating sulfate-containing municipal wastewater at 20 °C. 

Table 7 Total and dissolved COD and sulfate influent concentrations of anaerobically 

treated municipal wastewater 

  
Present 

study 

(Giménez 

et al. 

2012) 

(Sanz & 

Fdz-

Polanco 

1990) 

(Seghezzo 

2004) 

(Shin et al. 

2014) 

CODtot (mg/l) 481 720 760 143 256 

CODdiss (mg/l) 148 84 390 52 137 

SO4
2- (mg/l) 97 336 200 41 36 

 

 Material and Methods 

 Experimental setup 

A schematic diagram of the laboratory fluidized bed (FB) reactor is shown in Figure 10. 

The bioreactor consists of an acrylic tube (height (H) = 700 mm; inner diameter (di) = 

24 mm). The volume (317 ml) was defined as reaction zone for calculating the organic 

loading rate (OLR) and the hydraulic retention time (HRT). Feed and recirculation 

inflows were introduced in a lower part (H = 40 mm; di = 24 mm). A wire cloth was 

fixed between both sections. Furthermore, glass beads were filled in as support layer. A 

cylindrical settler was attached on top of the reactor (H = 150 mm; di = 72 mm). A 

second cylindrical settler (H = 180 mm; di = 72 mm) was connected in series to catch 

carryover carrier material. Granular activated carbon (GAC) (8 x 30 mesh; Epibon A, 

Donau Carbon, Germany) was chosen as carrier material. GAC was sieved to sort out 

particles larger than 1 mm. Images of the experimental set-up are shown in Appendix 

A.1. 

Peristaltic pumps were used for recirculating (ProMinent, Germany) and introducing 

feed (IDEX, USA). The recirculation rate was adjusted using a flow meter (GEMÜ, 

Germany). The gas flow rate was measured volumetrically (MilliGascounter, Ritter, 

Germany). Oxidation-reduction potential and pH electrodes (Sensolyt, WTW, 

Germany) were installed in the settler and connected to a pH meter (pH 191, WTW, 

Germany).  

 



 

 

59 

 

Figure 10 Schematic diagram of the laboratory fluidized bed reactor (dimensions in 

mm) 

 Operating Conditions 

The reactor was fed with municipal wastewater (160 μm screened) from the wastewater 

treatment plant Darmstadt Süd (Darmstadt, Germany). The mean total COD of the 

wastewater was 481 mg/l (Standard deviation (SD) = 98 mg/l), whereby a mean 

fraction of 70 % (SD = 6 %) was particulate COD. The total COD concentrations were 

subject to large fluctuations between 224 and 759 mg/l. The mean sulfate concentration 

of the wastewater was 97 mg/l (SD = 16 mg/l). The sulfate concentrations varied 

between 53 and 122 mg/l. The wastewater was stored in a refrigerated, stirred feed 

tank at about 5-10 °C and replaced weekly. Total and dissolved COD concentrations 

were verified three times a week and did not change significantly. Before starting the 

test phase, the biofilm on the GAC was cultivated for more than 12 months using a 

sulfate-containing, sucrose-based synthetic medium. As inoculum, sludge was taken 

from a mesophilic laboratory-scale digester treating waste sludge from a municipal 

wastewater treatment plant. The FB reactor was operated at 20 °C in a climate chamber. 

By increasing the influent flow rate, OLR increased (and hence HRT decreased) 

gradually in each mode, although OLR varied in each mode as a result of fluctuating 

COD influent concentrations. Operating conditions are shown in Table 8. Due to high 

recycle ratios (ratio of recirculation and influent flow rate), the reactor can be 

considered as a completely-stirred tank reactor (Shieh & Keenan 1986). 

The settled immobilized sludge volume (SISV), the immobilized volatile suspended 

solids (IVSS), and the sludge loading rate (SLR) at start and end of operating time are 

Influent 

Sludge

Settler

Biogas Biogas

Sludge

1
5

0

7
0

0

1
8

0

72 72
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shown in Table 9. The SISV of the GAC (covered with biofilm) was determined in a 

100 ml graduated cylinder (di = 27 mm) filled with tap water, after sedimentation to 

constant volume. In order to determine the immobilized volatile suspended solids 

(IVSS), the biofilm was separated carefully with a scalpel from the GAC of 5 ml SISV 

and suspended in deionized water. Images of the GAC particles with and without 

biofilm are shown in Appendix A.2. Then, the GAC was rinsed with deionized water to 

remove residual biofilm, and VSS of the suspension was determined. The mass of dried 

GAC was determined by drying the GAC at 105 °C. The volume of the GAC was 

calculated by assuming an apparent density of 505.5 kg/m³. It should be noted that the 

values given in Table 9 can only provide a rough estimation of the immobilized VSS in 

the reactor. A complete detachment of the biofilm without damaging the GAC was not 

possible. However, the values are in the range as reported by Heijnen (1984) for an 

anaerobic fluidized bed reactor using sand as carrier material. 

Table 8 Operating conditions of the FB (arithmetic means) 

Mode (-) Start-upa I II III 

Operating time (d) 0-55 55-91 91-126 126-166 

HRT (h) 5.7 3.0 1.9 1.4 

Influent flow rate (l/h) 0.056 0.108 0.168 0.222 

OLR 
(kg CODtot  

/(m³∙d)) 

2.0 3.8 6.1 8.5 

Recirculation 

rate 
(l/h) 15.1 15.4 15.3 15.4 

Upflow velocity (m/h) 34 34 34 34 

aBetween operating days 35 and 46 the HRT was increased to ≈ 10.5 h. Data of this period 

were not considered in evaluation. 

 

 

 

 

 

 

http://dict.leo.org/ende/index_de.html#/search=graduated&searchLoc=0&resultOrder=basic&multiwordShowSingle=on
http://dict.leo.org/ende/index_de.html#/search=cylinder&searchLoc=0&resultOrder=basic&multiwordShowSingle=on
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Table 9 Estimated settled immobilized sludge volume (SISV) immobilized volatile 

suspended solids (IVSS), and sludge loading rate (SLR) at start and end of operating 

time 

Operating time SISV IVSSa,b,c Loading rated SLR 

(d) (ml) (g VSS/l) (g CODtot/d) 
(g CODtot/ 

(g VSS∙d)) 

0 88 13 0.7 0.2 

166 120 19 2.7 0.4 

aAssuming constant settled sludge bed porosity of 0.41 and constant GAC volume of 12 ml 

bAssuming 0.1  g VSS/ml biofilm (measured in this study on day 0) 

cRelated to a reactor volume of 317 ml 

dBased on arithmetic means of mode Start up and III 

 

 Sampling and assays 

COD and sulfate concentrations were determined by cuvette tests (Hach, USA). 

Dissolved COD (CODdiss) and sulfate were analyzed after 0.45 μm filtration with a 

syringe filter (VWR, USA). Samples were homogenized with a dispersion tool (IKA, 

Germany) before determining total COD (CODtot). The particulate COD (CODpart) 

results from the difference of CODtot and CODdiss. Before analyzing the effluent COD, 

10 µl of sulfuric acid (4 mol/l) per ml sample were added. The samples were then 

vibrated in open vials for 10 min on a platform shaker (Heidolph, Germany) to strip 

hydrogen sulfide and dissolved methane. Sulfide removal was verified by determining 

the residual sulfide. Extending the pretreatment time from 10 to 30 min did not result 

in a distinct further decrease of the COD. Therefore, it was assumed that the dissolved 

methane was completely stripped during the above mentioned pretreatment procedure. 

Volatile suspended solids (VSS) were determined according to standard methods 

(APHA, 2005) using glass fiber filters and ignition at 500 °C (Whatman GF 92, UK).  

The percentage COD removal was calculated according to Equation 44 and, therefore, 

must not be equated with the biological conversion to methane. COD removal may also 

be attributed to sulfate reduction and mechanical separation of particulate organic 

matter, e.g. by sedimentation. This has to be considered during analysis and discussions 

of the results.   

COD removal (%) = 
CODinfluent -CODeffluent 

CODinfluent 
∙100  (44) 

http://dict.leo.org/ende/index_de.html#/search=sulfuric&searchLoc=0&resultOrder=basic&multiwordShowSingle=on
http://dict.leo.org/ende/index_de.html#/search=acid&searchLoc=0&resultOrder=basic&multiwordShowSingle=on
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Arithmetic means were calculated according to Equation 45 (Ross 2009). Here, n is the 

number of samples and x the sample value. The variance s and the standard deviation 

SD were calculated according to Equations 46 and 47 (Ross 2009). 

x̅ = 
1

n
∙ ∑ xi

n

i = 1

 (45) 

s2 = 
1

n
∙ ∑ (xi-x̅)2

n

i = 1

 (46) 

SD = √s2 (47) 

To determine the accumulated CODpart the liquid (including retained particulates) of 

both settlers (top of the reactor and downstream settler) was removed at the end of 

each operating mode. The suspensions were 0.45 μm filtered (Whatman ME 25, GE, 

UK) using a pressure filtration equipment. The filter cake was washed by filtration using 

100 ml deionized water. Afterwards, the filter cake was suspended in deionized water 

and the CODtot of the suspension was determined. Hence, the accumulated CODpart 

includes particulate organics originating from biological growth within the reactor 

(excess slugde) as well as from the feed (raw wastewater). 

The gas composition (CH4, CO2, N2, O2) was determined using a gas chromatograph 

equipped with flame ionization detector and thermal conductivity detector (Agilent 

Technologies, USA). For analysis, a 5 ml gas sample was taken with a syringe from the 

gas collection system. During each operating mode, the fraction of methane increased 

from start of operation to a roughly constant value. For calculating the methane volume 

flow, the steady state values were chosen, assuming that they represent the true 

composition of the produced gas. For determining dissolved methane, a glass vial (25 

ml) was filled with 4-6 g NaCl (Merck, Germany) and sealed with a septum. Vacuum 

was generated in the vial and 8-13 ml of liquid sample were sucked directly into the 

vial from a sampling point at the settler, which was placed on the top of the reactor. 

After shaking the samples for 30 min at 20 °C, pressure in the vial was measured and a 

gas sample was taken from the headspace and analyzed. The gas volume in the vial was 

determined by filling the vial with a saturated solution of NaCl. The water vapor 

pressure in the vial was calculated neglecting effects of the dissolved NaCl. 

Dissolved methane and gaseous hydrogen sulfide were calculated according to Henry´s 

law. Henry´s law constants were calculated based on data from NIST (2017). Dissolved 

methane concentrations were calculated by considering the above mentioned variation 

of the gas composition. Concentrations of dissolved hydrogen sulfide (H2Sdiss) were 

http://dict.leo.org/ende/index_de.html#/search=underpressure&searchLoc=0&resultOrder=basic&multiwordShowSingle=on
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calculated by assuming total sulfate reduction and considering the dissociation of H2Sdiss 

in aqueous solution, as shown in Equation (48 (Garrels & Christ 1965). 

 H2S ↔ HS-+H+    (48) 

Within the relevant pH range of 6.5-8.2 (Speece 1996), the second dissociation step 

(not shown) can be neglected. Thus, the amount of H2Sdiss can be calculated according 

to Equation (49. Here, c0 (mol/l) is the total dissolved sulfide concentration (sum of 

dissolved hydrogen sulfide (H2Sdiss), bisulfide ions (HS-), and sulfide ions (S2-)) and K 

= 10-7 mol/l (Garrels & Christ 1965). 

H2Sdiss =  
c0∙c(H+)

K+c(H+)
 (49) 
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 Results and Discussion 

 Reactor performance 

Table 10 gives an overview on mean influent, effluent, and COD removals in mode I, II, 

and III. In Figure 11, the volumetric and percentage removal efficiency during Mode I, 

II, and III (operating conditions of each mode are shown in Table 8) of total, particulate, 

and dissolved COD are plotted against OLR. As Figure 11a shows, an influence of the 

OLR, which ranged between 2.7 and 13.7 kg CODtot/(m³∙d), on the CODtot removal was 

not discernible. Looking at the average CODtot removal (Table 10), which was 65 % in 

Mode I and 59 % in Mode II and III, confirms this fact.  As Figure 11b shows, the CODpart 

removal acted comparably to the CODtot removal, however, was slightly higher than the 

CODtot removal. The average CODpart removal was 71 % in Mode I, 66 % in Mode II, 

and 71 % in Mode III (Table 10). Consequently, the CODdiss removal was lower than 

the CODpart, as Figure 11c shows. Furthermore, in contrast to CODtot and CODpart, the 

CODdiss removal seemed to decrease with increasing OLR (Figure 11c). The average 

CODdiss removal was 50 % in Mode I, 40 % in Mode II, and 35 % in Mode III (Table 

10). As the particulate fraction of the CODtot was about 70 %, the CODpart removal 

determined the CODtot removal significantly. However, it has to be considered that due 

to hydrolysis of particulate COD, dissolved COD is released as well. Generally, it can be 

assumed that dissolved COD is degraded more rapidly than particulate COD is 

hydrolyzed. Hence, the CODdiss removal should be by trend higher than CODpart 

removal. However, in the present study the removals for CODpart were distinictly higher 

than for CODdiss. The results strongly indicate that the CODpart removal was mainly 

attributed to mechanical separation rather than biological degradation by hydrolysis.  

Table 10 Mean CODtot and CODdiss influent and effluent concentrations and removal 

of CODtot, CODpart, and CODdiss in mode I, II, and III 

Mode Influenta Effluenta Removal 

 CODtot CODdiss CODtot CODdiss CODtot CODdiss CODpart 

(-) (mg/l) (mg/l) (mg/l) (mg/l) (%) (%) (%) 

I 467 (78) 159 (51) 162 (10) 75 (9) 65 50 71 

II 480 (120) 140 (24) 193 (35) 84 (15) 59 40 66 

III 497 (157) 149 (23) 195 (49) 86 (17) 59 35 71 

aStandard deviation in parentheses 
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(a) 

 

(b) 

 

(c) 

Figure 11 Removal of CODtot (a), CODpart (b), and CODdiss (c) as a function of the OLR; 

only data of mode I, II, and III are plotted. The bisecting line refers to 100 % removal. 

As HRT is the parameter of highest practical relevance for the design of anaerobic 

municipal wastewater treatment plants, in previous studies, the COD removal was often 

correlated with HRT (van Haandel et al. 2006). In the treatment of low strength-
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wastewater, the retention time of organic matter in the reactor might limit COD 

removal. Hence, HRT might determine COD removal and not OLR. In the present study, 

due to fluctuations of the influent COD, OLR is not only a function of HRT. Therefore, 

plots of the COD removal against HRT were evaluated, as well (see Figure 12). 

However, as Figure 12a-c shows, the COD removal of the different fractions plotted 

against HRT showed the same trends as plotted against OLR. The CODtot and CODpart 

removal were not influenced by HRT, which ranged between 1.3 and 3.9 h. In contrast, 

the CODdiss removal decreased slightly with decreasing HRT.  

The results agree well with previous studies of Jewell et al. (1981), Yoda et al. (1985), 

Sanz & Fdz-Polanco (1990), and Yoo et al. (2012), who reported that decreasing HRT 

did not affect the COD removal during the treatment of municipal wastewater in an 

anaerobic FB. However, Jewell et al. (1981) and Yoda et al. (1985) observed a strong 

decline in the removal efficiency at HRT lower than 1 h. In the present study, HRT was 

always higher than 1 h, as Figure 12 shows. It should be mentioned that Jewell et al. 

(1981) and Sanz & Fdz-Polanco (1990) reported a distinctly higher CODtot removal of 

about 70-80 %. Considering that in the present study, coarse particular organic matter 

was removed by 160 μm screening, it is assumed that the reported higher removal 

efficiencies are attributed to the accumulation of coarse particulate organic matter 

within the reactor. Yoo et al. (2012), for example, reported a lower CODtot removal of 

53 % using 10 μm screened municipal wastewater at a HRT of 1.5 h (comparable to 

HRT in Mode III of the present study), though at lower influent CODtot concentrations 

of about 152 mg/l. 

Compared to the removal efficiencies of UASB reactors, it can be stated that FBs reach 

comparable removal efficiencies at higher OLR and lower HRT, respectively. Urban et 

al. (2007), for instance, reported a CODtot removal of 56 % with a UASB reactor at a 

HRT of 4 h, feeding municipal wastewater with comparable influent parameters at 

22 °C. Seghezzo (2004) reported a CODtot removal of 55 % with a UASB reactor at HRT 

of about 4.1 h at 20 °C. However, the influent concentrations in that study were 

distinctly lower (CODtot about 153 mg/l) than those of the present study.  
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(a) 

 

(b) 

 

(c) 

Figure 12 Removal of CODtot (a), CODpart (b), and CODdiss (c) as a function of the HRT; 

only data of mode I, II, and III are plotted. 

 Methane production and biogas composition 

It is a well-known phenomenon that during the treatment of low-strength wastewater 

at low temperatures, the produced biogas contains a distinct fraction of nitrogen 

(Lettinga et al. 1983; Yoda et al. 1985; Giménez et al. 2012; Yoo et al. 2012). This is 
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caused by stripping of dissolved nitrogen linked with the relatively low methane 

production and the increased solubility of methane at low temperatures. The results of 

these previous studies agree well with the results of the present study. As Figure 13a 

shows, the mean methane and nitrogen fractions of the biogas were 62-63 % and 32-

35 %, respectively.  

 

(a) 

 

(b) 

Figure 13 Gas composition (a) and specific methane production (b) at standard 

temperature and pressure during mode I, II, and III; dissolved methane concentrations 

(b) were estimated by Henry´s law. 

The evaluation of the nitrogen (N2) balance for operating mode III showed that 

11.2 mg N2/linfluent were theoretically stripped into the gas phase within the reactor 

assuming a feed temperature of 10 °C and thermodynamic equilibrium of gaseous and 

dissolved nitrogen (calculated according to Henry´s law) within the reactor. Note that 

the nitrogen solubility in the effluent is increased due to the cooling of the effluent to 

5-10 °C. In the biogas, 10.5 mg N2/linfluent were collected. The difference might be caused 

by liquid-gas mass transfer limitation in the feed vessel, i.e. the feed was not saturated 

regarding nitrogen, and consequently the influent concentrations of nitrogen were 
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slightly overpredicted. The carbon dioxide fraction of the produced biogas was low and 

ranged between 3.3 % and 3.7 %, however, agree well with the results of Lettinga et al. 

(1983), Yoda et al. (1985), and Giménez et al. (2012). 

As Figure 13b shows, the specific methane production (Nl CH4 per kg removed COD) 

was distinctly lower than the theoretical maximum value of about 320 Nl per kg 

degraded COD (assuming that 10 % of the degraded COD is utilized for biomass 

growth). In detail, the total methane (gaseous and dissolved) production was 125 Nl/kg 

CODremoved in mode I, 136 Nl/kg CODremoved in mode II, and 118 Nl/kg CODremoved in 

mode III. A fraction of 54-59 % of the total produced methane left the reactor as 

dissolved methane with the effluent. The low poor specific methane production was 

presumably attributed to organic carbon utilization of SRB and the fact that a significant 

amount of particular organic matter only settled in the reactor instead of being 

biologically degraded to methane. 

The dissolved methane concentrations in Figure 13b were calculated by using Henry´s 

law. As Table 11 shows, the measured mean saturation varied between 82 and 108 %. 

During mode I and II, the measured values were close to the thermodynamic 

equilibrium calculated according to Henry´s law.  Noticeable is the low saturation of 

82 % measured during mode III, which cannot be explained so far and might be caused 

by inaccuracies in sampling. However, as distinct supersaturation was not measured in 

the present study, it was assumed that dissolved methane concentrations could be 

predicted by using Henry´s law.  

Table 11 Measured and calculated dissolved methane concentrations 

Mode 
Operating 

day 

Number of 

samples 

Measured 

dissolved 

CH4
a, b 

Reactor 

headspace 

CH4 

Calculated 

dissolved 

CH4
c 

Saturation 

(-) (d) (-) (mmol/l) (Vol.-%) (mmol/l) (%) 

I 82 4 0.95 (0.01) 66 0.99 96 

II 119 3 0.97 (0.02) 60 0.90 108 

III 159 4 0.84 (0.02) 68 1.02 82 

aArithmetic means 

bStandard deviation in parantheses 

cCorresponding to the solubility of methane in pure water at 20 °C calculated by Henry´s 

law 
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 COD mass balance 

To assess the removal efficiency in more detail, the in- and output COD mass flows were 

balanced (Table 12). About 35-40 % of the input CODtot remained in the effluent. 

Additionally, the effluent contained 12-13 % of the input CODtot in the form of dissolved 

methane. The ratio of the total produced methane (gaseous and dissolved) was 20-23 % 

of the input CODtot. Hence, the specific total methane production (g CH4-

COD/g influent CODtot) was 0.23 (mode I and II) and 0.20 (mode III). However, 54-

59 % of the total produced methane left the reactor dissolved in the effluent. Hence, 

only 9-11 % of the input CODtot was recovered as gaseous methane.  Furthermore, a 

distinct amount of 12-19 % of the input CODtot was recovered as particulate organic 

matter accumulated in the reactor. The ignition loss of this sludge varied between 0.72 

and 0.75 VSS/TSS (total suspended solids). In contrast, for sludge from an UASB 

reactor fed with settled municipal wastewater, Seghezzo (2004) reported an ignition 

loss of 0.55 volatile solids/total solids. Considering that the influent ignition loss in the 

present study was about 0.80 VSS/TSS, the results strongly indicate that it was only a 

mechanical separation that took place. It should be mentioned that Yoda et al. (1985) 

reported the effective entrapment of organic particular matter in a FB by the formation 

of granular sludge agglomerations due to liquid flow motion. Furthermore, due to the 

reduction by sulfate-reducing bacteria, 13-14 % of the input CODtot was degraded and 

therefore not available for methane production. In summary, between 0.34 (mode III) 

and 0.37 (mode I and II) g COD per g influent COD were biologically degraded (sum 

of total methane COD and COD utilized for sulfate reduction). The gap of 4-17 % can 

be explained by the variation in the influent concentrations (and the volume flow, 

respectively) and measuring inaccuracies. 
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Table 12 COD mass balances of operating modes I, II, and III 

Mode  I   II   III  

  (mg/l) (%)  (mg/l) (%)  (mg/l) (%) 

Influent CODtotal  467 100  480 100  497 100 

Effluent CODtotal  162 35  193 40  195 39 

Difference  305 65  286 60  303 61 

Methane total  109 23  111 23  102 20 

Methane gaseous  49 11  49 10  42 9 

Methane dissolveda  59 13  62 13  60 12 

Accumulated CODpart
b  57 12  92 19  75 15 

Sulfate reductionc  63 14  66 14  65 13 

Unknown  80 17  17 4  61 12 

aCorresponds to the solubility of methane in pure water at 20 °C calculated by Henry´s 

law 

bCorresponds to suspended and settled CODpart (> 0.45 µm) inside the reactor 

determined at end of each mode; accumulated CODpart included particulate organics 

originating from biological growth within the reactor (excess slugde) as well as from the 

feed (raw wastewater). 

cAssuming total sulfate reduction; mean influent sulfate concentrations were 95 mg/l (I), 

99 mg/l (II), and 98 mg/l (III). 

 

 Adverse impacts of influent sulfate on the anaerobic treatment 

process 

The mean sulfate influent concentration was 97 mg/l (SD = 16 mg/l) or 32 mg/l in 

terms of sulfur. Assuming total sulfate reduction – neglecting other sulfide sources and 

precipitation – the expected effluent concentration is about 32 mg/l of total dissolved 

sulfide (H2Sdiss, HS-, and S2-) at given operating conditions (pH = 7.0-7.3). The sulfur 

mass flow in form of gaseous H2S should be less than 0.5 % of the total sulfur input. 

This is attributed to the high solubility of H2S in water, which at 20 °C is about 70 times 

higher than the solubility of methane. Due to its toxic effects, the concentration of 

H2Sdiss is a crucial parameter in anaerobic bioreactors (Speece 1996). At given operating 

conditions, a concentration of about 13 mg/l of H2Sdiss has to be expected in the reactor. 

Previous investigations in biofilm reactors showed that H2Sdiss concentrations of 

130 mg/l did not affect methanogens in acetate-fed fixed-bed reactors (Maillacheruvu 
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et al. 1993). Furthermore, total dissolved sulfide concentrations of 50-80 mg/l did not 

negatively affect methanogens in acetate-fed anaerobic FB at similar pH values as in the 

present study (Yoda et al. 1987). Therefore, an inhibiting effect of H2Sdiss can be 

excluded in the present study. However, high sulfide concentrations cause odor 

emissions as well as corrosion problems (Visser 1995). Furthermore, considering that 

one mole sulfide is equal to 64 mg COD, about 13 % of the total input CODtot leaves the 

reactor in form of dissolved sulfide. Therefore, further treatment regarding sulfide 

removal might be required. 

 Conclusions 

This chapter deals with the anaerobic treatment of municipal wastewater at 20 °C with 

a fluidized bed reactor. The following main conclusions can be drawn: 

 On average, the total COD removal was about 60 % at OLRs between 2.7 and 

13.7 kg COD/(m³∙d) and HRT between 1.3 and 3.9 h, respectively. Total COD 

and particulate COD removal did not distinctly depend on OLR and HRT, 

respectively. Reported removal efficiencies of 70-80 % (Jewell et al. 1981; Sanz 

& Fdz-Polanco 1990) achieved with the anaerobic FB, were not observed in this 

study.  

 In contrast to the total and particulate COD removal, the dissolved COD removal 

seemed to decrease with increasing OLR and decreasing HRT, respectively.  

 The particulate COD removal was distinctly higher (about 70 %) than the 

dissolved COD removal (35-50 %), indicating that particulate COD removal was 

caused mainly by mechanical separation. This was confirmed by the low 

methane gas production between 118 and 136 Nl/kg CODremoved. 

 The specific total methane (gaseous and dissolved) production (g CH4-

COD/g influent CODtot) was 0.23 (mode I and II) and 0.20 (mode III).  

 Between 54 and 59 % of the total produced methane left the reactor dissolved 

in the effluent.  

 Assuming total sulfate reduction, 13-14 % of the input total COD was utilized by 

sulfate-reducing bacteria. 

 In summary, between 0.34 and 0.37 g COD per g influent COD were biologically 

degraded (sum of total methane COD and COD utilized for sulfate reduction). 

 12-19 % of the input total COD remained as accumulated particular matter in 

the reactor and was not biologically degraded any further, as ignition losses of 

0.72-0.75 VSS/TSS indicate.  

 Further effluent treatment to remove dissolved sulfide might be required. 
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4 Fluidized glass beads reduce fouling in 
novel anaerobic membrane bioreactor 
treating municipal wastewater 

 

 

 

 

 

 

 

 

 

 

This chapter is based on “Düppenbecker B., Kale S., Engelhart M. & Cornel P. (2017) 

Fluidized glass beads reduce fouling in a novel anaerobic membrane bioreactor. Water 

Science and Technology, 76, 953-962.” 

Parts of the sections 4.1 and 4.3.4 of this chapter have been published in “B. 

Düppenbecker, M. Engelhart & P. Cornel (2017) Fouling mitigation in anaerobic 

membrane bioreactor using fluidized glass beads: evaluation fitness for purpose of 

ceramic membranes. Journal of Membrane Science, 37, 69-82.”   
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 Introduction 

In Chapter 3, anaerobic treatment of municipal wastewater with a fluidized bed reactor 

was investigated. At 20 °C, the fluidized bed reactor achieved an average total COD 

removal of 60 % at ORLs between 2.7 and 13.7 kg COD/(m³∙d) and HRTs between 1.3 

and 3.9 h, respectively. The achieved COD removals are in the range of reported 

removals for upflow anaerobic sludge bed (UASB) reactors (Seghezzo et al. 2002; Urban 

et al. 2002), the most commonly reactor applied in large-scale anaerobic municipal 

wastewater treatment (van Haandel et al. 2006). Thus, neither the FB nor the UASB 

reactor is able to generate high-quality effluents in anaerobic municipal wastewater 

treatment.  

To achieve higher COD removal at given operating parameters, further technical 

measures are required. Recently, the anaerobic membrane bioreactor (AMBR), a 

combination of an anaerobic bioreactor and MF or UF membrane filtration, was 

suggested to be a promising option for the intensification of anaerobic treatment of 

municipal wastewater (Liao et al. 2006; Smith et al. 2012; Stuckey 2012; Lin et al. 2013; 

Ozgun et al. 2013). Several studies, e.g. of Martinez-Sosa et al. (2011), Bae et al. 

(2013), Smith et al. (2013), and Gouveia et al. (2015a), showed that by means of 

AMBRs, a high chemical oxygen demand (COD) removal (70-90 %) can be achieved in 

the treatment of municipal wastewater, even at temperatures below 20 °C.  

A crucial obstacle in launching AMBRs to commercial application is fouling control, as 

it is associated with a high energy demand (Bérubé et al. 2006; Smith et al. 2012; 

Stuckey 2012; Lin et al. 2013). The most widespread methods for fouling control are 

biogas sparging (in case of submerged membranes) and the generation of high 

crossflow velocities (in case of external crossflow membranes) (Liao et al. 2006; Smith 

et al. 2012). Recently, solid-liquid fluidization was proposed as an effective method for 

fouling control in AMBRs (Kim et al. 2011). According to Bixler & Rappe (1970), 

fluidized particles might mitigate fouling (1) by decreasing concentration polarization 

via increased turbulence caused by the mixing action of the particles and (2) by scouring 

via the mechanical action of fluidized particles. According to Düppenbecker et al. 

(2017), there are two ways to implement fouling mitigation by solid-liquid fluidization 

in AMBRs: first, a hollow fiber (HF) or flat sheet membrane is submerged into a 

fluidized bed and second, a fluidized bed is generated inside a tubular membrane (see 

Figure 14). In both cases, the particles are fluidized by the feed flow. Typically, the 

diameter of the applied particles ranges between 0.5 and 3 mm. 



 

 

76 

 
(a) 

 
(b) 

Figure 14 Options to implement fouling control by solid-liquid fluidization in membrane 

processes: submerging HF or flat sheet membrane into fluidized bed (a) or generating 

fluidized bed within tubular membrane (b) 
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The use of solid-liquid fluidization to mitigate fouling in AMBRs was firstly described 

by Kim et al. (2011) and was implemented by submerging a hollow fiber membrane 

into a fluidized bed of granular activated carbon (GAC). Due to the positive results of 

this initial work, several subsequent studies focused on the use of fluidized GAC for 

fouling mitigation in AMBRs (Yoo et al. 2012; Bae et al. 2013; Bae et al. 2014; Gao et 

al. 2014; Shin et al. 2014; Yoo et al. 2014; Seib et al. 2016; Aslam et al. 2017a; Wu et 

al. 2017). In most of these studies, HF membranes were submerged into a fluidized bed 

of GAC. Seib et al. (2016) generated the fluidized bed within a tubular membrane and 

Aslam et al. (2017a) submerged a flat sheet membrane into a fluidized bed. The use of 

other fluidization media, such as resin beads (Imasaka et al. 1989; Düppenbecker et al. 

2017), glass beads (Stuckey 2012), silica and polymeric particles (Aslam et al. 2014), 

have been studied as well, however, to a much lesser extent. 

The application of solid-liquid fluidization in membrane processes to reduce 

concentration polarization and fouling, respectively, had already been described before. 

Fluidized glass and stainless steel beads, for example, increased the limiting flux during 

the filtration of macromolecular solutions in tubular membranes (van der Velden 1976; 

van der Waal et al. 1977; Montlahuc et al. 1985; Rios et al. 1987; Noordman 2000; 

Noordman et al. 2002). Comparable results during the filtration of alumina suspensions 

(Mikulášek & Filandrová 1995) and cheese whey (de Boer et al. 1980) using fluidized 

glass beads were reported in the past, as well.  

However, the impact of the fluidized bed parameters (bed voidage, superficial velocity, 

particle diameter and density, particle shape, etc.) on fouling mitigation is not yet 

understood in detail (Aslam et al. 2017a). Previous studies showed that the bed voidage 

ε (the ratio of the void volume to the total volume of the fluidized bed) represents a 

crucial parameter in the optimization of fouling mitigation by means of fluidized 

particles. Rios et al. (1987) used fluidized steel beads during ultrafiltration of 

macromolecular solutions and observed an optimum bed voidage (highest limiting flux 

at constant pressure filtration) of 0.68. This might be explained by the fact that the 

wall-to-liquid mass transfer coefficient in fluidized beds depends on bed voidage and 

reaches – according to the correlation of Schmidt et al. (1999) – a maximum between 

0.64 and 0.72. However, it should be noted that the correlation of Schmidt et al. (1999) 

is only valid in case diffusion is the driving force for mass transfer and does not account 

for the scouring effect of the fluidized particles. Moreover, de Boer et al. (1980) 

observed an optimum bed voidage between 0.65 and 0.80 during filtration of cheese 

whey using fluidized glass beads with diameters between 0.7 and 3 mm. Mikulášek & 

Filandrová (1995) observed an optimum at a bed voidage of 0.8 during filtration of 

alumina suspensions. De Boer et al. (1980) showed that glass beads with a diameter of 
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3 mm were more effective than glass beads with a diameter of 2 and 0.7 mm. Wu et al. 

(2016a) reported, as well, that larger-sized GAC particles are more effective regarding 

fouling mitigation than smaller ones. In summary, there is only little information 

regarding the impact of the bead diameter and bed voidage on the mass transfer at a 

membrane surface in the presence of fluidized particles during the filtration of complex 

media, such as anaerobically treated wastewater.  

In the present chapter, a novel AMBR configuration is introduced using fluidized glass 

beads for fouling mitigation in a tubular ceramic UF membrane module coupled to an 

anaerobic fluidized bed reactor. Another focus of the present chapter is to predict the 

most promising operating parameters of the fluidized bed in the membrane module to 

achieve efficient mitigation of fouling by means of fluidized glass beads. 

 Material and methods 

 Experimental setup 

Figure 15 shows a schematic diagram of the laboratory setup. An anaerobic bioreactor 

was coupled to a tubular ceramic UF membrane (ID = 16 mm; L = 500 mm; 

Am (membrane surface area) = 0.025 m²; 150,000 Da; ZrO2/Al2O3; atech innovations, 

Germany). The membrane was mounted vertically in a PVC housing and operated in 

inside-out mode. The transmembrane pressure (TMP) was generated by suction on the 

permeate side. Glass beads (soda-lime glass; density = 2,500 kg/m³; Worf Glaskugeln, 

Germany) with a diameter (dp) of 0.8-1.2 or 1.5 mm were added as turbulence 

promoters and were fluidized by the upflow to the top of the membrane module. The 

height (H) of the fluidized bed was expanded to 610 mm in each mode. The bed voidage 

was varied by changing the mass of glass beads and the crossflow velocity, respectively. 

Since the fluidized bed showed a sharp boundary, further efforts to avoid discharge of 

the glass beads from the membrane module were not required. To enable fluidization, 

a wire cloth was fixed at the bottom of the membrane module. Furthermore, glass beads 

(d = 2 mm and 4 mm) were filled in as support layer. The anaerobic bioreactor was a 

fluidized bed bioreactor, described in detail in Chapter 3, with a volume of about 

317 ml. This volume was defined as reaction zone for calculating the organic loading 

rate (OLR) and hydraulic retention time (HRT). Since there was no biofilm formation 

on the fluidized glass beads, biological degradation was attributed to the fluidized bed 

bioreactor. A cylindrical settler (H = 150 mm, di = 72 mm) was attached on top of the 

reactor to catch carry-over GAC. The main function of the second settler (H = 180 mm, 

di = 72 mm), placed between bioreactor and membrane module, was the distribution 

of the volume flow. Furthermore, in case of GAC and glass beads discharge, the settler 

prevented clogging of the peristaltic pumps. The total volume of the AMBR (excluding 
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membrane module and recirculation lines) was about 1,600 ml. Granular activated 

carbon (GAC) (8 x 30 mesh; Epibon A, Donau Carbon, Germany) was chosen as carrier 

material. GAC was sieved to sort out particles larger than 1 mm. Images of the 

experimental set-up are shown in Appendix A.3. 

Peristaltic pumps were used for recirculating (ProMinent, Germany) and introducing 

feed or drawing permeate, respectively (IDEX, USA). The recirculation rates were 

adjusted using flow meters (GEMÜ, Germany). Pressure was monitored at the top and 

the bottom of the membrane module and at the permeate line using pressure 

transmitters (PAA-33X, Keller, Switzerland). The permeate flow rate was monitored 

gravimetrically using a balance (Entris, Sartorius, Germany). The biogas flow rate was 

measured volumetrically (MilliGascounter, Ritter, Germany). ORP and pH (Sensolyt, 

WTW, Germany) electrodes were installed in the settler and connected to a pH meter 

(pH 191, WTW, Germany). 

 

 

Figure 15 Schematic diagram of the laboratory setup (dimensions in mm); the height 

of the fluidized bed (610 mm) was constant in each phase. 

 Operating conditions 

The AMBR was fed with raw municipal wastewater (160 μm pre-screened) from the 

wastewater treatment plant Darmstadt Süd (Darmstadt, Germany). Wastewater was 

stored in a refrigerated, stirred feed tank at about 5-10 °C and replaced weekly. The 

mean total COD was 446 mg/l (SD = 164 mg/l), and a mean fraction of 65 % (SD = 

8 %) was particulate COD. The total COD feed concentrations were subject to large 

fluctuations between 155 and 892 mg/l. All experiments were carried out at 20 °C in a 

climate chamber. Before the test phase, the biofilm on the GAC was cultivated for more 
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than 6 months under comparable operating conditions as described in the present study 

(see Chapter 3). The volume of the settled GAC (covered with biofilm) at start of 

operation and start of mode IIIw/B was 129 ml (corresponding to a fixed bed height of 

about 0.3 m in the bioreactor). The volume was  determined in a 100 ml graduated 

cylinder (diameter 27 mm) filled with tap water, after sedimentation to constant 

volume. The recirculation rate and upflow velocity of the fluidized bed reactor were 

adjusted at 13.0-16.5 l/h and 29.1-36.8 m/h, respectively. 

The study was divided into three phases. Each phase started with a filtration test using 

fluidized glass beads (marked by w/). During phase I, glass beads with a diameter of 

0.8-1.2 mm were tested (bed voidage = 0.74). Afterwards, during phase II, the bed 

voidage was increased to 0.8 by decreasing the mass of glass beads and increasing the 

crossflow velocity. Finally, glass beads with a diameter of 1.5 mm were tested at a bed 

voidage of 0.74 (phase III). At the end of each phase, a run without glass beads was 

carried out (marked by w/o). Due to the fast increase in TMP, the runs without fluidized 

glass beads only took about 24 h. The operating conditions are compiled in Table 13. 

OLR varied in each mode as a result of fluctuating COD influent concentrations and 

fluxes, respectively. If need be, the membrane was cleaned with a NaOCl solution 

(195 ppm; 20 °C; 2 x 15 min backflushing followed by 15 min soaking; flushing with 

DI water) and citric acid (1 % monohydrate by mass; 20 °C; 2 x 15 min backflushing 

followed by 15 min soaking; flushing with DI water), however, the membrane was not 

replaced. 
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Table 13 Operating conditions of the AMBR (arithmetic means) 

Phase  I II III 

Mode  Iw/ Iw/o IIw/ IIw/o IIIw/A IIIw/B IIIw/o 

Operating 

time 
(d) 0-56 56-57 57-77 77-78 78-111 111-153 153-154 

Bead 

diameter 
(mm) 0.8-1.2 - 0.8-1.2 - 1.5 1.5 - 

Mass of 

beads 
(g) 80 0 60 0 80 80 0 

Bed 

voidage 
(-) 0.74 1 0.80 1 0.74 0.74 1 

Crossflow 

velocity 
(m/s) 0.053 0.054 0.058 0.058 0.071 0.073 0.073 

Flux 

(mean) 
(l/(m²∙h) 

6.5/7.7/

6.7/5.5 
6.3 6.3 5.7 7.2/9.7 7.9 6.8 

HRTa 

(mean) 
(h) 

2.0/1.7/

1.9/2.3 
2.0 2.0 2.2 1.8/1.3 1.6 1.9 

OLRa 

(mean) 

(kg COD 

/(m³∙d)) 

4.8/6.4/

7.2/5.7 
9.3 5.0 4.0 5.3/6.5 6.8 5.4 

aRelated to the volume of the fluidized bed bioreactor (317 ml) 

 

 Sampling and assays 

COD and sulfate were analyzed as described in Chapter 3 (cf. section 3.2.3). COD 

removal, arithmetic means, and standard deviations were calculated as explained in 

Chapter 3 (cf. section 3.2.3). No efforts were made to control biofilm formation and to 

withdraw suspended solids continuously from the reactor. Due to sampling, between 

30 and 60 ml liquid were removed from the reactor per day, corresponding to 0.7 to 

1.5 % of the influent volume flow. Therefore, a significant influence of sampling on the 

COD concentration within the reactor can be excluded. At the end of mode Iw/, IIw/, 

IIIw/A, and IIIw/B, the liquid from the reactor (including accumulated settled and 

suspended particulate matter) was completely removed. To determine the accumulated 

CODpart the liquid (including retained particulates) of both settlers (top of the reactor 

and downstream settler) was removed at the end of each operating mode. The 

suspensions were 0.45 μm filtered (Whatman ME 25, GE, UK) using a pressure filtration 

equipment. The filter cake was washed by filtration using 100 ml deionized water. 
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Afterwards, the filter cake was suspended in deionized water and the CODtot of the 

suspension was determined. Hence, the accumulated CODpart includes particulate 

organics originating from biological growth within the reactor (excess slugde) as well 

as from the feed (raw wastewater). 

The gas composition (CH4, CO2, N2, O2) was determined as described in Chapter 3 (cf. 

section 3.2.3). For analysis, a 5 ml gas sample was taken with a syringe from the gas 

collection system. Determination of dissolved methane was carried out as described in 

Chapter 3 (cf. section 3.2.3). Samples were taken from the bioreactor top and the 

bioreactor recirculation line. Henry´s law constants for methane were calculated based 

on data from NIST (2017). 

The employed membrane was examined by scanning electron microscopy (SEM) after 

end of operation. Before examination, the membrane was cleaned as mentioned above 

and ignited at 650 °C. The membrane manufacturer (atech innovations, Germany) 

carried out the SEM examinations. 

 Prediction of pumping power required for fluidization  

The pumping power required for the fluidization P (W) of glass beads was determined 

according to Equation 50 (Martin et al. 2011). Here, Q is the volume flow (m³/s) of the 

recirculation required for fluidization and Δp (Pa) the pressure loss across the fluidized 

bed. 

P = Q∙Δp (50) 

The specific pumping energy required for fluidization E (kWh/m³) was calculated 

according to Equation 51. As QP is the permeate volume flow (m³/h), E is the pumping 

energy required for fluidization per m³ permeate. 

E = 
P

QP
 (51) 

The pressure loss of the fluidized bed can be calculated according to Equation 52 

(Epstein 2003). Here, H (m) is the height of the fluidized bed and ε (-) the bed voidage 

(the ratio of the void volume to the total volume of the bed). Due to the fact that the 

product of bed height and particle concentration is constant for a fluidized bed (Epstein 

2003), the pressure drop is determined via the initial depth of the packed bed. 

Δp = H·(1–ε)∙(ρp–ρl)·g (52) 

The volume flow Q in Equation 50 can be calculated predicting the superficial liquid 

velocity u (m/s), which is required to achieve the desired expansion of the fluidized 
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bed, according to Equation 53 (Epstein 2003). By assuming that the glass beads are 

smooth spheres, the free-settling velocity u0 was calculated according to Turton & Clark 

(1987). Furthermore, a mean particle diameter of 1 mm (for particles with diameters 

between 0.8 and 1.2 mm), and a density of 1,000 kg/m³ for water (ρl) were assumed. 

The parameters n (-) and k (-) in Equation 53 were calculated according to Khan & 

Richardson (1989). In the present thesis, the superficial velocity according to 

Equation 53 is also defined as the crossflow velocity in the presence of fluidized glass 

beads. 

u

u0
= k∙εn    (53) 

To estimate the pumping power required for the fluidization of GAC in the bioreactor, 

the pressure lost at onset of fluidization (at minimum fluidization velocity) was 

predicted. For this purpose, the fixed GAC bed height (about 0.29 m at start of mode 

IIIw/B) was equated with the bed height at minimum fluidization velocity. 

Furthermore, a bed voidage of 0.453 at onset of fluidization (according to Wang et al. 

(2017)) and an apparent density of 1,200 kg/m³ for GAC (according to Zamani et al. 

(2015)) were assumed. 

 Modeling membrane-to-liquid mass transfer in presence of 

fluidized particles 

As discussed in Chapter 2 (cf. section 2.3.3), fouling by cake or gel layer buildup results 

from concentration polarization of retained compounds adjacent to the membrane 

surface. In case convective flow to the membrane surface – induced by the permeate 

flow – is higher than back transport, particle deposition or gel layer formation take place 

on the membrane surface. Consequently, higher back transfer rates enable the operation 

at higher fluxes. Therefore, it is of particular interest to understand the impact of the 

fluidized bed parameters (e.g. bed voidage or bead diameter) on the back transport 

rate. 

In case of fine particles (dp < 0.1 µm), diffusion is the driving force for back transfer 

(Davies 1992; Belfort et al. 1994) and – assuming a constant feed concentration of the 

retained compound – the back transfer rate is determined by the mass transfer 

coefficient k (cf. Chapter 2, section 2.3.3). Hence, knowledge about the mass transfer 

coefficient k between a fluidized bed and a wall or a submerged object is fundamental. 

In the observed case, the wall or the submerged object, respectively, is the membrane 

surface. According to Schmidt et al. (1999), mass transfer coefficients for the wall-to-

liquid mass transfer can be predicted according to Equation 54. Equation 54 is based 

on measurements of the oxygen transfer from a membrane submerged into a fluidized 
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bed of inert particles (Schmidt et al. 1999) and is valid in a wide range of Rep/(1-ε) 

(0.9 to 1652) and Sc numbers (151-7021). 

Shp = 0.14∙Rep
0.33∙Sc0.33+0.13∙(1-ε)∙(ε-εmf)∙ (

Sc

Rep
)

0.33

∙Ar0.67 (54) 

In Equation 54, Shp (-) is the particle Sherwood number, Rep the particle Reynolds 

number, Sc the Schmidt number, ε the bed voidage of the fluidized bed, εmf the bed 

voidage of the fluidized bed at onset of fluidization and Ar the Archimedes number. The 

first term on the right side of Equation 54 accounts for the mass transfer not caused by 

the fluidized bed (Schmidt el al. 1999; Epstein 2003). Shp, Rep, Sc and Ar are defined 

in Equations 55-58. 

Shp = 
k∙dp

D
  (55) 

Rep = 
u∙dp∙ρl

η
  (56) 

Sc = 
η

ρl∙D
 (57) 

Ar = 
dp

3 ∙ (ρp-ρl)∙ρl∙g

η2
 (58) 

Here, k (m/s) is the mass transfer coefficient, dp (m) is the diameter of the fluidized 

glass beads, D (m²/s) the diffusion coefficient, u the superficial (crossflow) velocity, 

ρl (kg/m³) the liquid density, η the liquid viscosity, ρp (kg/m³) the particle density, and 

g (m/s²) the acceleration of gravity. The diffusion coefficient was calculated according 

to the Stokes-Einstein equation (cf. Equation 30, Chapter 2, section 2.3.3). The 

superficial velocity was calculated according to Equation 53. Mass transfer coefficients 

were predicted for a spherical feed compound with a diameter of 0.03 µm and using 

glass beads with a diameter of 1 and 1.5 mm as fluidization medium. All input 

parameters are compiled in Table 15. The resulting values for Rep/(1-ε) of 27-802 are 

in the proven range of validity (0.9 to 1,652) of Equation 54. In contrast, due to the 

low diffusion coefficient assumed in the present study, the resulting Sc number of 

69,861 is distinctly above the proven range of validity (151 to 7,021) of Equation 54. 
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Table 14 Input parameters and resulting Ar, Rep, Sc, Shp numbers for predicting mass 

transfer coefficients for spherical feed compounds with a diameter of 0.03 µm 

Diameter glass beads dp (mm) 1 1.5 

Crossflow (superficial) velocity u (m/s) 0.015-0.072 0.02-0.094 

Diffusion coefficienta D (m²/s) 1.43∙10-11 1.43∙10-11 

Bed voidage ε (-) 0.45-0.072 0.45-0.072 

Bed voidage at onset of fluidization εmf (-) 0.4 0.4 

Liquid viscosity η (Pa∙s) 0.001 0.001 

Liquid density ρl (kg/m³) 1,000 1,000 

Glass bead density ρp (kg/m³) 2,500 2,500 

Archimedes number Ar (-) 14,715 49,663 

Particle Reynolds number Rep (-) 27-409 56-802 

Schmidt number Sc (-) 69,861 69,861 

Particle Sherwood number Shp (-) 50-103 82-173 

aDiffusion coefficient of the feed compound (dp = 0.03 µm); calculated according to the 

Stokes-Einstein equation (cf. Equation 30, Chapter 2, section 2.3.3) 

The correlation presented above allows the prediction of mass transfer coefficients in 

case diffusion is the driving force for mass transport, i.e. for feed compounds with 

diameters smaller than 0.1 µm (Davies 1992; Belfort et al.  1994). With larger feed 

compounds in the range of 0.5 to 20 µm, shear-induced diffusion is the decisive 

transport mechanism (Davies 1992; Belfort et al. 1994). To adapt the above described 

correlation to estimate the mass transfer coefficients for feed compounds in the range 

of 0.5 to 20 µm, the diffusion coefficient in Equations 55 and 57 was replaced by the 

shear-induced diffusion coefficient Dsi according to Equation 59  (Davies 1992; Belfort 

et al.  1994; Zeman & Zydney 1996). 

Dsi  = 0.03∙γ̇m∙rp
2 (59) 

To calculate Dsi, the shear rate at the membrane surface γ̇m in the presence of the 

fluidized bed has to be estimated.  A simple approach is given by Zamani et al. (2016) 

that derive from the prediction of shear rates in stirred tanks and bubble column 

bioreactors according to Pérez et al. (2006). According to Zamani et al. (2016), the 

approximate shear rate in a fluidized bed is given by Equation 60.  
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γ̇m = (
P

η∙V
)

0.5

 (60) 

Here, P (W) is the required pumping power for fluidization (cf. Equation 50), V (m³) 

the volume of the fluidized bed and η (Pa∙s) the liquid viscosity. Thus, the shear rate at 

the membrane surface in the presence of a fluidized bed can be estimated according to 

Equation 61. 

γ̇m = (
u∙(1-ε)∙(ρp-ρl)∙g

η
)

0.5

 (61) 

By inserting Equation 61 into Equation 59, the shear-induced diffusion coefficient can 

be calculated. Finally, to predict the wall-to-liquid mass transfer coefficient in the 

presence of fluidized glass beads for retained feed compounds with diameters of 0.5-

20 µm, the shear-diffusion coefficient was  used in the correlation according to Schmidt 

et al. (1999) (cf. Equation 54). Mass transfer coefficients were predicted for a spherical 

feed compound with a diameter of 5 µm and using glass beads with a diameter of 1 and 

1.5 mm. All input parameters are compiled in Table 15. The resulting values for Ar and 

Rep/(1-ε) are the same as in case of diffusion driven mass transfer (cf. Table 14). 

However, the (shear-induced) diffusion coefficient and Sc and Shp numbers differ.  
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Table 15 Input parameters and resulting Ar, Rep, Sc, Shp numbers for predicting mass 

transfer coefficients for spherical feed compounds with a diameter of 5 µm 

Diameter glass beads dp (mm) 1 1.5 

Crossflow (superficial) velocity u (m/s) 0.015-0.072 0.02-0.094 

Shear-induced diffusion coefficienta Dsi (m²/s) 6.5∙10-11-      

8.5∙10-11 

7.6∙10-11-      

9.8∙10-11 

Shear rate at membrane surface γ̇m (1/s) 345-455 540-642 

Bed voidage ε (-) 0.45-0.072 0.45-0.072 

Bed voidage at onset of fluidization εmf (-) 0.4 0.4 

Liquid viscosity η (Pa∙s) 0.001 0.001 

Liquid density ρl (kg/m³) 1,000 1,000 

Glass bead density ρp (kg/m³) 2,500 2,500 

Archimedes number Ar (-) 14,715 49,663 

Particle Reynolds number Rep (-) 27-409 56-802 

Schmidt number Sc (-) 11,732-15,473 10,190-13,120 

Particle Sherwood number Shp (-) 30-57 47-92 

aFor a spherical feed compound (dp = 5 µm); calculated according to Equation 59 

For particles larger than 20 μm, inertial lift is widely acknowledged to be the relevant 

back transfer mechanism (Davies 1992; Belfort et al. 1994). In turbulent flow 

conditions, the inertial lift velocity in the laminar boundary layer can be predicted 

according to Altmann & Ripperger (1997) as shown in Equation 62. To predict the 

inertial lift velocity in the presence of fluidized glass beads, the shear rate at the 

membrane surface γ̇m was predicted according to Equation 61. 

uil =
0.323∙γ̇m

1.5∙rp
2∙ρl

0.5 

η0.5
 (62) 

The inertial lift velocity for spherical feed compounds with a diameter of 20 µm in the 

presence of fluidized glass beads with a diameter of 1 and 1.5 mm were predicted 

according to Equation 62. All input parameters are compiled in Table 16. 
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Table 16 Input parameters for predicting the inertial lift velocity for spherical feed 

compounds with a diameter of 20 µm 

Diameter glass beads dp (mm) 1 1.5 

Crossflow (superficial) velocity u (m/s) 0.015-0.072 0.02-0.094 

Shear rate at membrane surface γ̇m (1/s) 345-455 540-642 

Bed voidage ε (-) 0.45-0.072 0.45-0.072 

Bed voidage at onset of fluidization εmf (-) 0.4 0.4 

Liquid viscosity η (Pa∙s) 0.001 0.001 

Liquid density ρl (kg/m³) 1,000 1,000 

Glass bead density ρp (kg/m³) 2,500 2,500 
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 Results and discussion 

 Effect of fluidized glass beads on filtration performance 

Figure 16a shows TMP and flux over operating time for all phases.  First, glass beads 

with a diameter of 0.8-1.2 mm and a bed voidage of 0.74 were tested (mode Iw/). At 

the beginning, the flux was set to 6.5 l/(m²∙h) without any TMP increase for 

approximately 21 days. From operating day 21 to 35, a mean flux of 7.7 l/(m²∙h) was 

adjusted and TMP started to increase rapidly after 3 days. After cleaning (marked as 

#1 in Figure 16a), the flux was set at 6.7 l/(m²∙h). In contrast to the beginning of the 

test phase, an increase in TMP could only be prevented for approximately 12 days after 

the first cleaning. It should be considered that OLR and CODpart concentrations at the 

membrane inlet varied, for instance, CODpart concentrations at the membrane inlet 

increased continuously up to about 1,000 mg/l during mode I (Figure 16b). Increasing 

OLR (Huang et al. 2011) and particulate matter concentrations (Jeison & van Lier 

2006), can accelerate membrane fouling. This might be one reason for the accelerated 

TMP increase observed at the end of mode Iw/. By decreasing the flux to about 5.5 

l/(m²∙h), a further increase in TMP was prevented. Without fluidized glass beads, TMP 

increased rapidly within one day (mode Iw/o). Increasing the bed voidage from 0.74 to 

0.80 and the crossflow velocity from 0.053 to 0.058 m/s, respectively, did not show any 

beneficial effect (mode IIw/): TMP started to increase after approximately 10 days of 

operation. At a crossflow velocity of 0.058 m/s in the absence of fluidized glass beads, 

TMP reached about 30 kPa (mode IIw/o) within 16 hours. Glass beads with a diameter 

of 1.5 mm were distinctly more effective as mode IIIw/A showed. At a bed voidage of 

0.74 (crossflow velocity of 0.073 m/s), mean fluxes of 7.2 and 9.7 l/(m²∙h) could be 

adjusted for approximately 20 and 12 days, respectively, without any distinct increase 

in TMP (mode IIIw/A). Therefore, glass beads of 1.5 mm diameter and a bed voidage 

of 0.74 were chosen for the final mode of about 41.5 days (IIIw/B). At a mean flux of 

7.9 l/(m²∙h), chemical cleaning (#7) was necessary after 17 days when TMP reached 

approximately 30 kPa. The first cleaning (#7) was carried out in the presence of 

fluidized glass beads and failed. Presumably, silica dissolved by caustic NaOCl solution 

fouled the membrane. In the absence of fluidized glass beads (#8), membrane cleaning 

was successful. During the last 21 operation days, no further cleaning was necessary. 

However, TMP reached about 14 kPa at end of mode IIIw/B. In the absence of fluidized 

glass beads at a crossflow velocity of 0.073 m/s, a rapid increase in TMP was observed 

(mode IIIw/o). It should be noted that chemical cleaning #9 after mode IIIw/B was not 

successful (see Figure 16a), the  reason  not being clear. To verify whether fouling can 

be eliminated by the applied chemical cleaning procedure, a clean water filtration test 
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was carried out after mode IIIw/o and cleaning #10. The lower TMP after cleaning #10 

shows that the fouling was mainly eliminated, i.e. was not irreversible.  

 

 
(a) 

 
(b) 

Figure 16 TMP and flux (a) and OLR, CODpart and CODdiss (at membrane inlet), and 

permeate COD (b) over operating time; flux and TMP after mode IIIw/o were 

measured during clean water (CW) filtration without fluidized bed to verify success of 

cleaning #10.  
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The results show that by using fluidized glass beads for fouling mitigation, crossflow 

velocities are distinctly reduced to 0.053-0.073 m/s, compared to reported crossflow 

velocities of 0.5-5 m/s for conventional AMBRs with external crossflow membrane 

modules (Liao et al. 2006; Martin et al. 2011; Bouman & Heffernan 2016). There are a 

few studies with lower crossflow velocities treating municipal wastewater. An et al. 

(2009), for example, operated an AMBR at crossflow velocities between 0.22 m/s and 

1.45 m/s at a flux of 10.5 l/(m²∙h). However, at crossflow velocities of 0.22 m/s, TMP 

rapidly reached 50 kPa within 20 h. More recently, Seib et al. (2016) achieved runtimes 

(TMP ≤ 50 kPa) of about 50 h, at crossflow velocities between 0.018 and 0.024 m/s 

and fluxes between 5.9 and 7.4 l/(m²∙h). By adding fluidized GAC (0.6-1.7 mm), 

runtimes (TMP ≤ 50 kPa) were extended to 73-84 h (Seib et al. 2016). In the present 

study, the achieved runtimes were > 300 h. Consequently, fluidized glass beads seem 

to be much more effective than fluidized GAC. This might be attributed to the higher 

density of the glass beads (2,500 kg/m³) in comparison to the density of GAC (about 

1,200 kg/m³ according to Zamani et al. (2015)). Due to the higher density, a higher 

superficial velocity is required to fluidize the glass beads. Since momentum transfer and 

shear rate increase with increasing particle density and superficial velocity (Charfi et al. 

2017), glass beads might be more effective than GAC. 

 Membrane damage and rejection 

Figure 17a and b show scanning electron microscopy (SEM) images of a breaking edge 

(a) and the surface (b) of the employed membrane after end of operation. It can be 

seen that the selective layer (150,000 Da) was almost completely abraded and the 

support membrane (0.1 μm) was damaged seriously, as well. One effect of the severe 

membrane damage presumably is the observed decrease in dissolved COD rejection 

from 62 % and 58 % (mean rejection in mode Iw/ and IIw/, respectively) to 47 % and 

42 % (mean rejection in mode IIIw/A and IIIw/B, respectively). Due to the fact that 

CODdiss rejection decreased distinctly in phase III, the use of  the 1.5 mm glass beads 

might be the reason for severe membrane damage.  
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(a) (b) 

Figure 17 SEM images of breaking edge (a) and membrane surface (b) after ignition 

at 650 °C; the bright spots are the residual selective layer (150,000 Da). The support 

membrane (0.1 μm) is damaged as well and the support layer appears (coarse 

structure with mean pore size of 3.9 µm). 

During phase I and II using 0.8-1.2 mm glass beads, there was no distinct decrease in 

CODdiss rejection. The lowest CODdiss rejection was observed during mode IIIw/B after 

cleaning #8. Interestingly, as Figure 18 shows, the CODdiss rejection tends to increase 

with increasing TMP after cleaning #8. Smith et al. (2015a) observed a similar 

phenomenon and attributed it to the biogical activity of a biofilm growing on the 

membrane surface. However, in the present case, the increase in CODdiss rejection is 

unlikely to result from biological activity of a biofilm. Before cleaning #7, the increase 

in TMP occured without any increase in CODdiss rejection after steady-state dissolved 

COD concentrations had been established at the membrane inlet (see Figure 16b and 

Figure 18). It is assumed that before cleaning #7, the destruction of the support 

membrane (pore size 0.1 µm) had already begun and the pores of the support layer 

(mean pore size of 3.9 µm) were locally exposed. Intermediately, deposits on the 

surface of the support layer’s pore walls started to reduce the pore sizes and might have 

blocked them with time. As a result, TMP increased continously. The CODdiss rejection 

did not vary significantly what may be attributed to the fact that the dimished or 

blocked pores still rejected organic matter < 0.45 µm. During chemical cleaning #7 and 

#8, respectivley, all deposits were removed and, consequently, hydraulic resistance and 

CODdiss rejection declined abruptly. It should be noted that cleaning #7 failed due to 

the presence of fluidzed glass beads, as discussed in section 4.3.1. Thereafter, the 

support layer pores were continously dimished or blocked and CODdiss rejection and 

TMP increased simultanously. 

Support 
layer

Selective
layer

Support 
membrane

Selective layer

Support layer
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Figure 18 CODdiss rejection as a function of TMP during mode IIIw/B before cleaning 

#7 and after cleaning #8 

 Organic removal and COD balance 

Overall mean CODtot removals of the AMBR were between 77 and 83 %, and the mean 

COD permeate concentrations were between 69 and 83 mg/l (Table 17). Calculating 

the COD removal of the fluidized bed bioreactor alone – based on COD influent 

concentrations – is not appropriate, since the membrane outlet is recirculated to the 

bioreactor inlet. Note that the present system is not a staged system. The COD removal 

of the bioreactor alone was evaluated in Chapter 3 and is compared with the results of 

the present study in Table 18. The observed COD removal agrees well with previous 

studies of AMBRs treating municipal wastewater. Yoo et al. (2012) reported a CODtot 

removal of 84 % and COD permeate concentrations of about 25 mg/l at slightly higher 

HRT (2.3-3.4 h) and 25 °C. Smith et al. (2013) observed a CODtot removal of 69 % and 

permeate COD of 76 mg/l, respectively, at lower temperature (15 °C) and higher HRT 

between 16-24 h. A CODtot removal of 87 % (permeate COD about 100-120 mg/l) at 

18 °C (HRT = 7 h) was reported by Gouveia et al. (2015a).  

As Table 17 shows, the membrane’s mean total COD rejection varied between 86 and 

91 %. In contrast, mean dissolved COD rejection was subject to fluctuations and 

decreased from 62 % (mode Iw/) to 42 % (mode IIIw/B) over operating time. Note that 

in the present study dissolved COD is defined as organic matter smaller than 0.45 µm. 

By comparing influent and membrane module inlet CODtot concentrations (Table 17), 

it is conspicuous that the low-strength wastewater was concentrated by membrane 

rejection. Mean CODtot concentrations at the membrane inlet were higher by 44 to 95 % 

than in the influent. As CODdiss at the membrane inlet remained on a constant level, a 

concentration of CODpart took place. As Figure 16b shows, during mode Iw/, there was 
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a continuous increase in CODpart at the membrane inlet. CODpart seemed not to have 

been degraded at the same rate as it was accumulated due to the rejection by the 

membrane. An accumulation of CODpart was observed during the other modes, as well. 

However, in mode IIw/ and IIIw/B, it was also observed that at low OLR, the 

concentration of CODpart decreased. In contrast, CODdiss increased only at the beginning 

of each mode and remained on a constant level, presumably due to the fact that the 

rejected dissolved COD (> 150,000 Da) was biologically degraded in the bioreactor. 

During mode Iw/, IIw/, and IIIw/A, mean CODdiss concentrations at the membrane inlet 

were higher by 16 to 41 % than the influent CODdiss concentrations. During mode 

IIIw/B, the mean CODdiss concentration at the membrane inlet is lower than in the 

influent. This might be attributed to the decrease in CODdiss rejection over operating 

time, presumably due to membrane damage. As a result, in mode IIIw/B, CODdiss 

accumulation in the reactor was on a lower level. Frequent sampling did not influence 

COD concentrations within the reactor: only about 2.4 and 1.5 % of the rejected CODdiss 

and CODpart mass flow, respectively, were removed by sampling during mode IIIw/B. 

The results indicate that due to membrane rejection, the effluent quality can be 

improved significantly.  

Table 17 Summary of mean influent, membrane inlet, and permeate COD 

concentrations, mean overall removals, and mean membrane rejections; overall 

removals were calculated based on influent and permeate concentrations. Membrane 

rejections were calculated based on membrane inlet and permeate concentration.  

Mode Influenta Membrane inlet Permeatea 
Overall 

removal 

Membrane 

Rejection 

 CODtot CODdiss CODtot CODdiss COD CODtot CODtot CODdiss 

(-) (mg/l) (mg/l) (mg/l) (mg/l) (mg/l) (%) (%) (%) 

Iw/ 470 (118) 146 918 206 75 (10) 83 91 62 

IIw/ 422 (216) 131 748 164 69 (11) 80 91 58 

IIIw/A 376 (88) 134 629 156 82 (10) 77 86 47 

IIIw/B 461 (139) 174 696 150 83 (14) 81 87 42 

aStandard deviation in parentheses 
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Table 18 CODtot balance of AMBR (mode IIIw/B of present study) and anaerobic 

fluidized bed reactor without membrane. OLR (kg CODtot/(m³∙d))/HRT(h) were 

6.8/1.6 (AMBR) and 6.1/1.9 (fluidized bed), respectively. 

 
AMBR 

Fluidized bed        

(without membrane)a 

 (mg/l) (%) (mg/l) (%) 

Influent CODtotal 460 100 480 100 

Effluent CODtotal 82 18 193 40 

Difference 379 82 286 60 

Methane total 134 29 111 23 

Methane gaseous 77 17 49 10 

Methane dissolvedb 57 12 62 13 

Accumulated CODpart
c 60 13 92 19 

Sulfate reductiond 70 15 66 14 

Unknown 114 25 17 4 

aSee Chapter 3, section 3.3.3 

bCorresponds to the solubility of methane in pure water at 20 °C calculated by Henry’s law 

cCorresponds to suspended and settled CODpart (> 0.45 µm) inside the reactor determined 

at end of mode; accumulated CODpart included particulate organics originating from 

biological growth within the reactor (excess slugde) as well as from the feed (raw 

wastewater). 

dAssuming total sulfate reduction; mean influent sulfate concentrations were 105 mg/l 

(AMBR) and 99 mg/l (FB without membrane) 

 

This fact is confirmed by comparing the COD balance of the AMBR (mode IIIw/B) and 

the fluidized bed reactor without membrane (Table 18). Both reactors were operated 

under similar conditions and fed with the same wastewater. As Table 18 shows, effluent 

concentrations were reduced from 40 to 18 % related to the influent concentrations. 

Furthermore, the production of total methane (gaseous and dissolved) was increased 

from 23 to 29 % related to the influent concentrations. Hence, the specific total methane 

production (mg CH4-COD/mg influent CODtot) increased from 0.23 (without 

membrane) to 0.29 (with membrane), corresponding to an increase of 26 %.  It is 

assumed that the increased methane production is attributed to biological conversion 

of rejected CODpart and CODdiss. However, about 43 % of the produced methane 
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remained dissolved in the effluent. Methane supersaturation within the reactor was not 

observed during mode IIIw/B: saturation values of 92, 100, and 108 % were measured 

(see Appendix A.4). Therefore, the dissolved methane concentration for the COD 

balance was predicted according to Henry’s law. The noticeable gap of 25 % in case of 

the AMBR might mainly be attributed to inaccurate sludge sampling: COD of 

accumulated particulate COD is distinctly lower (13 %) in comparison with the fluidized 

bed reactor without membrane (19 %). Presumably, in case of the AMBR the particulate 

COD was not completely collected at end of operation. About 15 % of the influent COD 

was utilized for sulfate reduction. In summary, in the AMBR, 0.44 g COD per g influent 

COD were biologically degraded (sum of methane and COD utilized for sulfate 

reduction). In contrast, in the fluidized bed reactor, 0.37 g COD per g influent COD 

were biologically degraded. Hence, by integrating the membrane process, the biological 

conversion was enhanced by 20 %. The fraction of total influent COD removed by 

sampling is less than 2 % and accumulation of dissolved COD can be neglected (less 

than 0.5 % of total influent COD). 

 Energy considerations 

Table 19 shows the energy required for bioreactor operation, fouling control, and 

permeate drawing. The pumping energy required for GAC fluidization in the bioreactor 

and for glass beads fluidization in the membrane module are 0.006 kWh/m³ and 0.176 

kWh/m³ treated wastewater, respectivley. The pressure loss across the fluidized bed 

was predicted according to Equation 52. The measured pressure loss across the 

membrane modules was 11-29 % higher than the theoretical values. This can be 

attributed to the neglect of the pressure drop of the support layer and the wire cloth at 

the bottom of the fluidized bed. The latter was often clogged by biomass. Furthermore, 

wall friction was neglected, however, its impact should be neglible (Epstein 2003). The 

pumping energy required for permeate drawing was about 0.003 kWh/m3. A total 

required pumping energy of 0.185 kWh/m3 and electrical energy of  0.308 kWh/m3, 

respectively, was predicted. This is distinctly lower than reported values of 1-7.3 

kWhel/m3 for conventional AMBRs with external crossflow membranes (Liao et al. 

2006; Martin et al. 2011). Note that the predicted energy demand of the present study 

is based on laboratory-scale experiments. Therefore, comparison of these data with data 

from pilot and large-scale plants is only possible to a limited extent. However, the 

extraordinarily low crossflow velocity in the present study (0.073 m/s) in comparison 

to previously reported values (0.5-5 m/s) by Liao et al. (2006), Martin et al. (2011) or 

Bouman & Heffernan (2016) suggests a high potential for energy savings. It should be 

noted that Seib et al. (2016) achieved values of 0.05-0.13 kWh/m3 with a comparable 

configuration in laboratory scale, using fluidized GAC. The distinctly lower required 



 

 

97 

pumping energy is attributed to the lower density of the GAC. The superficial velocity 

required for fluidization and the pressure loss across the fluidized bed increase with 

increasing particle density. However, fouling mitigation by fluidized GAC (as reported 

by Seib et al. (2016)) was distinctly weaker than by fluidized glass beads, as observed 

in the present study. As Table 19 shows, the pumping energy required for fluidization 

constitutes about 90 % of the total required pumping energy. Hence, intermittent 

fluidization may offer a promising opportunity for a considerable further reduction in 

pumping energy. 
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Table 19 Energy demand of the AMBR during mode IIIw/B 

Fluidization GAC (bioreactor)   

Volume flow recirculation (l/h) 14.0 

Pressure lossa, b (kPa) 0.31 

Required pumping powerc (W) 0.001 

Required pumping energyd (kWh/m³) 0.006 

Fluidization glass beads   

Volume flow recirculation (l/h) 52.6 

Pressure lossa, e (kPa) 2.34 

Required pumping powerc (W) 0.034 

Required pumping energyd (kWh/m³) 0.176 

Permeate drawing   

Permeate volume flow (l/h) 0.19 

Pressure loss (TMP) (kPa) 10.2 

Required pumping powerc (W) 0.001 

Required pumping energyd (kWh/m³) 0.003 

Total   

Required pumping energy (kWh/m³) 0.185 

Required electrical energyf (kWhel/m³) 0.308 

aCalculated according to Equation 52  

bAssuming fixed GAC bed height of 0.29 m measured at start of mode IIIw/B 

cCalculated according to Equation 50 

dCalculated according to Equation 51; related to a permeate flux of 7.9 l/(m²∙h) 

eAssuming fluidized bed height of 0.61 m 

fAssuming pump efficiency of 60 % (Martin et al. 2011) 

 

Figure 19 shows the calculated (theoretical) volume flow, pressure loss (of the fluidized 

bed) and specific pumping energy required for fluidization of 1 mm and 1.5 mm glass 

beads as function of the bed voidage. Required volume flows for fluidization, pressure 

loss of the fluidized bed, and required specific pumping power were calculated 

according to Equations 50-53. A constant flux of 7.5 l/(m²∙h) was assumed for all 

calculations. For predicting the pressure loss, a fixed fluidized bed depth of 0.61 m 
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(required to cover the membrane by the fluidized bed) was assumed. The pressure loss 

across the wire cloth and the support layer, respectively, and wall friction were 

neglected. As Figure 19 shows, the initial packed bed depth and the pressure drop 

decreases with increasing bed voidage. In contrast, the volume flow required for 

fluidization increased with increasing bed voidage. The required pumping power (the 

product of both) increases initially with increasing bed voidage and reaches a maximum 

at a bed voidage of 0.7-0.725. Assuming a constant flux of 7.5 l/(m²∙h), the required 

specific pumping energy is only a function of the pumping power and, consequently, 

shows a maximum at a  bed voidage of 0.7-0.725, as well (see Figure 19). A further 

increase in bed voidage results in a decrease of the required pumping power and 

required specific pumping energy, respectively. The pressure loss does not depend on 

the particle diameter. However, with increasing bead diameter, the volume flow 

required for fluidization increased. Consequently, at a given bed voidage the required 

specific pumping power increases with increasing bead diameter. 

 

 

Figure 19 Calculated volume flow, pressure loss, and required specific pumping energy 

for fluidization; a flux of 7.5 l/(m²∙h), a mean particle diameter of 1.0 and 1.5 mm, and 

a constant fluidized bed height of 0.61 mm were assumed. Dots tag measured volume 

flows in mode Iw/, IIw/, IIIw/A, and IIIw/B (arithmetic means). 

At a bed voidage of 0.74, the specific pumping energy demand for fluidization of 1 mm 

beads (phase I) is about 24 % lower than for 1.5 mm beads (phase III). However, 

reducing the glass bead diameter led to a weaker effect in fouling mitigation as shown 

in previous studies (de Boer et al. 1980). This was observed in the present study, as 

well: lower fouling rates were observed for the 1.5 mm than for the 1 mm glass beads 
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at a bed voidage of 0.74. Hence, the fouling rate seems to decrease with increasing bead 

diameter and power input, respectively.  

Energy was also saved, at a given particle diameter, density and geometry, by 

optimizing the fluidized bed operating parameters. For 1 mm beads, an increase in the 

bed voidage from 0.74 (phase I) to 0.8 (phase II) decreased the specific pumping energy 

demand by 6 %. In case of the 1.5 mm glass beads, the required pumping power is 

reduced from 0.181 kWh/m³ to 0.149 kWh/m³ treated wastewater by decreasing the 

bed voidage from 0.74 (applied in the present study) to 0.55. As mentioned above, 

fixing the bed voidage above 0.70-0.725 would result in lower pumping energy required 

for fluidization, as well. In terms of saving energy, the operation at a bed voidage lower 

than 0.725 might be more beneficial: due to the lower required volume flow, the 

pressure loss in the membrane recirculation line (assuming constant tube diameter) and 

across the support layer would be lower. However, it has to be considered that bed 

voidage might also affect fouling mitigation efficacy as discussed below. 

Fluidized particles mitigate fouling (1) by decreasing concentration polarization via 

enhanced mass transfer caused by the mixing action of the particles and (2) by scouring 

of already deposited foulants from the membrane surface via the mechanical action of 

fluidized particles (Bixler & Rappe 1970; de Boer et al. 1980; Mikulášek & Filandrová 

1995; Noordman et al. 2002; Noordman et al. 2003). The effect of decreasing 

concentration polarization must be the result of an enhanced mass transfer from the 

membrane surface to the bulk stream. Consequently, fluidized glass beads enhance 

diffusion-driven mass transfer (relevant for molecular matter and particles < 0.5 µm), 

shear-induced diffusion (relevant for 0.5-20 µm sized particles), or inertial lift (relevant 

for particles > 20 µm) (Davies 1992; Belfort et al. 1994). Since fouling in AMBRs is a 

complex process, involving, for example, foulants in the form of solids and soluble 

organics (Smith et al. 2012; Stuckey 2012), all possible mass transfer mechanisms and 

scouring have to be considered in the present case.  

In case diffusion is the driving force for mass transfer, the wall-to-liquid mass-transfer 

in fluidized beds depends on the bed voidage and reaches an optimum between 0.6 and 

0.75 (Beek 1971). Several further correlations, for instance, by Smith & King (1975), 

Yasunishi et al. (1988), or Schmidt et al. (1999) confirm the existence of an optimum 

bed voidage within this range. Figure 20 shows wall-to-liquid mass transfer coefficients 

for a spherical feed compound with a diameter of 0.03 µm in a fluidized bed of 1 and 

1.5 mm glass beads calculated according to Schmidt et al. (1999). Mass transfer 

coefficients increase with increasing crossflow velocity and bed voidage, respectively, 

and reach a maximum at a bed voidage of about 0.65. Thereafter, mass transfer 
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coefficients decrease with increasing crossflow velocity and bed voidage, respectively. 

This explains the observed optimum bed voidage (highest limiting flux at constant 

pressure filtration) of 0.68 during filtration of gelatin solutions in the presence of 3 mm 

steel beads using an alumina membrane with a pore size of 0.45 µm (Rios et al. 1987). 

Unfortunately, the study did not indicate whether fouling mitigation was attributed to 

enhanced mass transfer or scouring of the built gel layer. Noordman et al. (2002) 

determined mass transfer coefficients during filtration of bovine serum albumin (BSA) 

in the presence of fluidized glass and steel beads using a polysulfone (PS) membrane 

(MWCO = 10 kDa). They showed that the experimentally determined mass transfer 

coefficients were close to those predicted according to Smith & King (1975) and 

Yasunishi et al. (1988). Noordman et al. (2002) concluded that augmentation of 

diffusive back transfer rather than scouring is responsible for fouling mitigation. De 

Boer et al. (1980) compared the limiting flux (at constant pressure filtration) in the 

presence of 3 mm fluidized glass beads and empty tube filtration at fixed mass transfer 

coefficients during filtration of cheese whey (using dense cellulose acetate (CA) 

membrane with sodium chloride rejection of 92.5 %). Even though the predicted mass 

transfer coefficients were on the same level, the flux in the fluidized bed system was 

twice as high as in the empty tube system (de Boer et al. 1980). Based on this results, 

de Boer et al. (1980) concluded that the scouring effect distinctly improves the back 

transfer by scouring of the built gel layer. De Boer et al. (1980) also observed an 

optimum bed voidage (highest limiting flux at constant pressure filtration) between 

0.65 and 0.80, which is slightly higher than the trend, but still within the range reported 

by Beek (1971). The results of these previous studies led to the conclusion that if 

diffusion is the driving force for mass transfer, the optimum bed voidage in terms of 

reducing concentration polarization is between 0.65 and 0.80. This can be explained by 

the fact that the wall-to-liquid mass-transfer reaches an optimum between 0.60 and 

0.75 (Beek 1971; Schmidt et al. 1999). Figure 20 shows, as well, that the mass transfer 

coefficients increase with increasing size of the fluidized glass beads. This might explain 

that by decreasing the bead diameter, fouling mitigation declines, as shown in previous 

studies (de Boer et al. 1980). As discussed above, this effect was observed in the present 

study, as well. It is important to note that the above mentioned models to predict the 

wall-to-liquid mass transfer in fluidized beds were only proven for the case diffusion is 

the driving force for mass transfer. Hence, these models are expected to be able to 

describe only the mass transfer for molecular and submicron particulate matter 

< 0.5 µm (Davies 1992; Belfort et al. 1994). Furthermore, these models do not account 

for the scouring effect and might therefore underpredict membrane-to-liquid mass 

transfer. 
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Figure 20 Calculated wall-to-liquid mass transfer coefficient k and crossflow velocity u 

over bed voidage for a fluidized bed of 1 and 1.5 mm glass beads; mass transfer 

coefficients were predicted according to Schmidt et al. (1999) assuming a spherical 

feed compound with a diameter of 0.03 µm. 

The impact of the bed voidage on the mass transfer, in case shear-induced diffusion or 

inertial lift are the driving forces, i.e. for colloidal and particulate matter between 0.5 

and 20 µm and particles > 20 µm (Davies 1992; Belfort et al. 1994), is not yet described 

in detail. Zhang et al. (2006) and Tanudjaja et al. (2016) showed that during crossflow 

microfiltration of 3, 5, and 10 µm sized latex particles, the critical flux was higher for 

mixtures of these particles than for the smaller particles alone. They concluded that the 

larger particles augmented shear-induced diffusion. A distinct scouring effect of the 

larger particles was not observed by Zhang et al. (2006). Mikulášek & Filandrová (1995) 

used fluidized glass and steel beads to improve the filtration performance for alumina 

(particle size about 25 µm) and vinylacetate-ethylene copolymer (particle size about 

9 µm) suspensions using a 0.2 µm pore-sized alumina membrane. They observed an 

optimum bed voidage (highest limiting flux at constant pressure filtration) of 0.8 for 

both suspensions (Mikulášek & Filandrová 1995). Wang et al. (2017) reported that the 

effect of GAC on fouling mitigation of latex particles (5 µm) tended to correlate 

positively with the power input, indicating an optimum mass transfer at a bed voidage 

between 0.65 and 0.75. Although it is not known whether enhanced mass transfer or 

scouring was the decisive mechanisms in these studies, the results of Mikulášek and 

Filandrová (1995) and Wang et al. (2017) indicate that the optimum bed voidage lies 

within the range observed during filtration of molecular solutions. The assumption is 

confirmed by the calculated shear rates at the membrane surface in the presence of 

fluidized 1 and 1.5 mm glass beads as shown in Figure 21a. As discussed in Chapter 2 

(see section 2.3.3), the shear rate distinctly influenced both shear-induced diffusion and 
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inertial lift. As the calculated shear rate is a function of the power input, it increases 

with increasing bed voidage and crossflow velocity, respectively, and reaches a 

maximum at a bed voidage between 0.7 and 0.75. A further increase in bed voidage 

and crossflow velocity, respectively, leads to a decrease in the shear rate. Consequently, 

the wall-to-liquid mass transfer coefficient (for shear-induced diffusion) and the inertial 

lift velocity behave similarly, as Figure 21b and Figure 21c show. The wall-to-liquid 

mass transfer coefficient (for shear-induced diffusion) reaches a maximum at a bed 

voidage of about 0.675. This is slightly above the maximum of the wall-to-liquid mass 

transfer coefficient (for diffusion) as shown in Figure 20. The inertial lift velocity 

correlates directly with the shear rate (and the power input) and shows a maximum 

between 0.7 and 0.75 and, hence, slightly above the wall-to-liquid mass transfer 

coefficient (for shear-induced diffusion and diffusion). 

In summary, independent of whether diffusion, shear-induced diffusion and inertial lift 

or scouring are the driving mechanism for mass transfer, an optimum bed voidage 

between 0.65 and 0.80 has to be expected (Rios et al. 1987; Mikulášek P. & Filandrová 

L. 1995; de Boer et al. 1980). For the present study, this means that operating at a bed 

voidage below 0.65 and above 0.80, respectively, might result in a lower energy 

demand, but also in a higher fouling rate. However, further investigation is necessary 

to understand the mechanisms of the fluidized particles and the impact of the fluidized 

bed parameters (density, diameter and shape of the fluidized particles and bed voidage) 

on fouling mitigation in more detail. The identification of the optimum ratio between 

energy input and fouling mitigation is particularly crucial. 
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(a) 

 
(b) 

 
(c) 

Figure 21 Calculated shear rate at the membrane surface (a), wall-to-liquid mass 

transfer coefficient k (b), inertial lift velocity vil (c), and crossflow velocity u over bed 

voidage for a fluidized bed of 1 and 1.5 mm glass beads; mass transfer coefficients 

and inertial lift velocities were predicted assuming a spherical feed compound with a 

diameter of 5 µm and 20 µm, respectively. 
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 Conclusions 

In Chapter 4, a novel AMBR configuration was introduced. The process consists of an 

anaerobic fluidized bed reactor coupled to an external tubular membrane module. To 

mitigate fouling, glass beads (dp = 0.8-1.2 and 1.5 mm) were fluidized within a ceramic 

tubular membrane. The results show that fluidized glass beads can distinctly reduce 

fouling at low crossflow velocities during the treatment of municipal wastewater. The 

following main conclusions can be drawn: 

 Fluidized glass beads enabled operating at crossflow velocities of 0.053-

0.073 m/s. Crossflow velocities employed in the present study are distinctly 

lower in comparison to data for conventional AMBR with external crossflow 

membrane modules: 0.5-5 m/s according to Liao et al. (2006), Martin et al. 

(2011), and Bouman & Heffernan (2016).  

 The total required electrical energy was predicted to be about 0.31 kWh/m³ 

treated wastewater. This is distinctly lower than reported values of 1-

7.3 kWhel/m3 for conventional AMBRs with external crossflow membranes (Liao 

et al. 2006; Martin et al. 2011). 

 A glass bead diameter of 1.5 mm and a bed voidage of about 0.74 seemed to be 

appropriate. Further research is necessary to understand the impact of bed 

voidage and particle diameter on the fouling rate in more detail.  

 As scanning electron microscopy examinations showed, the fluidized glass beads 

distinctly damaged the employed ceramic membrane by abrasion. Obviously, this 

type of membrane is not suitable for the intended purpose and (ceramic) 

membranes with other properties have to be identified.  

 The overall mean total COD removal of the AMBR was between 77 and 83 %, 

although hydraulic retention times were only between 1.3 and 2.3 h. The 

resulting mean COD permeate concentrations were between 69 and 83 mg/l.  

 By introducing membrane filtration, the specific methane (dissolved and gaseous 

methane) production (g CH4-COD/g influent CODtot) was increased from 0.23 

(without membrane) to 0.29 (with membrane). This corresponds to an increase 

of 26 %. 

 However, about 43 % of the produced methane remained dissolved in the 

effluent. 

 It is assumed that the increased methane production is attributed to the 

biological conversion of rejected dissolved and particular COD.  

 In summary, in the AMBR, 0.44 g COD per g influent COD were biologically 

degraded (sum of methane and COD utilized for sulfate reduction). In contrast, 

in the fluidized bed reactor (without membrane), 0.37 g COD per g influent COD 
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were biologically degraded. Hence, by integrating the membrane process, the 

biological conversion was enhanced by 20 %. 

 Modeling of the mass transfer in presence of fluidized glass beads and evaluation 

of experimental data from literature indicate that independent of whether 

diffusion, shear-induced diffusion, inertial lift or scouring are the driving 

mechanism for mass transfer, an optimum bed voidage between 0.65 and 0.80 

has to be expected. This means that operating the fluidized bed at a bed voidage 

below 0.65 and above 0.80, respectively, might result in a lower energy demand, 

but also in a higher fouling rate. 
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5 Fouling mitigation in anaerobic 
membrane bioreactor using fluidized 
glass beads: evaluation fitness for 
purpose of ceramic membranes  

 

 

 

 

 

 

 

 

 

 

 

 

This chapter is based on “B. Düppenbecker, M. Engelhart & P. Cornel (2017) Fouling 

mitigation in anaerobic membrane bioreactor using fluidized glass beads: evaluation 

fitness for purpose of ceramic membranes. Journal of Membrane Science, 37, 69-82.”   



 

 

108 

 

  



 

 

109 

 Introduction 

In Chapter 4, a novel AMBR configuration using fluidized glass beads to mitigate fouling 

in an external tubular membrane module was introduced. The results showed that 

fluidized glass beads enabled the operation at extraordinary low crossflow velocities 

between 0.053 and 0.073 m/s. The required electrical energy for filtration was about 

0.31 kWh/m3. The novel AMBR was run for about 150 days using glass beads with a 

diameter of 0.8-1.2 and 1.5 mm and applying a bed voidage of 0.74 and 0.8. Glass 

beads with a diameter of 1.5 mm and a bed voidage of 0.74 showed the strongest 

efficacy in terms of fouling mitigation. A major drawback of using solid-liquid 

fluidization for fouling mitigation became evident as well: the fluidized glass beads 

damaged the employed ceramic UF membrane (150 kDa; ZrO2; atech innovations, 

Germany) severely. The membrane was exposed to the 0.8-1.2 mm fluidized glass beads 

for 76 days and to the 1.5 mm ones for 75 days. Dissolved COD rejection indicated that 

1.5 mm glass beads presumably caused membrane damage.  

Against this background, the objective of the survey presented in Chapter 5 is to test 

the fitness of commercially available ceramic membranes at comparable operating 

conditions (glass beads diameter, bed voidage, duration of exposition) regarding their 

application in the novel AMBR. Two ceramic UF membranes with an active layer of 

ZrO2 and Al2O3, respectively, and a microfiltration (MF) membrane with a selective 

layer of TiO2 were tested. The ZrO2 UF membrane (100 kDa) was similar to the one 

used in the experiment discussed in Chapter 4. Although membrane damage had to be 

expected for this membrane, it was tested because, based on the results of Chapter 4, 

conclusions about the rate of mechanical degradation at given operating parameters 

(bead diameter, bed voidage, superficial veloctiy) could not be drawn. However, new 

results might be useful in terms of ranking the mechanical resistance of the other tested 

membranes. The tested MF membrane is a commercially available membrane with a 

high mechanical resistance. Unfortunately, this type of membrane is only available with 

a pore size of 0.4 µm. A pore size in this range might be of disadvantage because internal 

pore blockage might lead to irremovable fouling (Yue et al. 2015). Therefore, an Al2O3 

membrane with a pore size of 0.05 µm was tested, as well. The mechanical resistance 

of this membrane was expected to be higher than that of the ZrO2 UF membrane, but 

lower than that of the TiO2 MF membrane.  

Fouling behavior in the presence of fluidized glass beads, mechanical resistance against 

abrasion, and solute rejection were evaluated for each membrane during 46 days of 

operation. Operation with intermittent fluidization as measure for reducing the 

required energy for fluidization was examined, as well. Moreover, the overall COD 
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removal and the COD balance were assessed for each membrane. As membrane damage 

was the critical point for all tested membranes described above, a further commercially 

available ceramic MF membrane (Al2O3; pore size ≈ 0.15 µm) was tested regarding its 

mechanical resistance during a clean water filtration test in the presence of fluidized 

glass beads. 

 Material and Methods 

 Anaerobic Membrane bioreactor operation 

5.2.1.1 Experimental setup 

The laboratory AMBR reactor has been described in detail in Chapter 4. However, only 

glass beads (soda-lime glass; density = 2,500 kg/m³; Worf Glaskugeln, Germany) with 

a diameter of 1.5 mm were used in the following test phases. Furthermore, instead of 

2 mm and 4 mm glass beads, only 4 mm glass beads were added as support layer.  

Three different commercially available ceramic membranes were tested. The 

characteristics of the membranes are shown in Table 20. All membranes were 

manufactured by atech innovations (Germany) and had the same dimensions: di = 

16 mm; L = 500 mm; Am (membrane surface area) ≈ 0.025 m². The UF100 membrane 

was similar to the one used in Chapter 4 and membrane damage was expected for this 

membrane. The MF0.4 membrane is a commercially available membrane with high 

resistance to mechanical abrasion. The mechanical resistance of the UF0.05 membrane 

was expected to be higher than that of the UF100 membrane, but lower than that of the 

MF0.4 membrane.  

Table 20 Characteristics of the ceramic membranes tested in the AMBR 

Type Denotation 
Membrane material 

MWCOa/pore 

size 

Selective layer Support Selective layer 

UF100kDZ UF100 ZrO2 Al2O3 100,000 Da 

MF40R 

DURatech® 
MF0.4 TiO2 Al2O3 0.4 µm 

UF50A UF0.05 Al2O3 Al2O3 0.05 µm 

aMolecular weight cut-off 
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5.2.1.2 Operating conditions 

The reactor was fed with raw municipal wastewater (160 μm pre-screened) from the 

wastewater treatment plant Darmstadt Süd (Darmstadt, Germany). The mean total 

COD of the wastewater was 369 mg/l (SD = 98 mg/l), whereby a mean fraction of 

60 % (SD = 8 %) was particulate COD. The total COD feed concentrations were subject 

to large fluctuations between 142 and 678 mg/l. OLR varied as a result of fluctuating 

COD influent concentrations. Wastewater was stored in a refrigerated, stirred feed tank 

between 5 and 10 °C and replaced weekly. All experiments were carried out at 20 °C in 

a climate chamber. Before starting the tests, the biofilm on the GAC was cultivated 

under comparable operating conditions (see Chapter 3 and 4) to those in the present 

study for more than 6 months. The recirculation of the fluidized bed reactor was 

adjusted at 9.5-19.5 l/h resulting in an upflow velocity of 20.4-43.5 m/h. 

Table 21 Operating conditions of the AMBR 

Phase  I   II  III  

Mode  Iw/A Iw/Ba Iw/o IIw/ IIw/o IIIw/ IIIw/o 

Operating 

time 
(d) 0-14 14-46 46-47 0-46 46-47 0-46 46-47 

Membrane (-) UF100 UF100 UF100 MF0.4 MF0.4 UF0.05 UF0.05 

Bead 

diameter 
(mm) 1.5 1.5 - 1.5 - 1.5 - 

Bed 

voidage 
(-) 0.74 0.74 1 0.74 1 0.74 1 

Crossflow 

velocity 
(m/s) 0.073 0.074 0.072 0.074 0.073 0.073 0.072 

Flux 

(mean) 
(l/(m²∙h)) 7.8 7.8 7.3 7.6 7.0 7.6 7.4 

HRTb 

(mean) 
(h) 1.6 1.6 1.8 1.7 1.8 1.7 1.7 

OLRb 

(mean) 

(kg COD 

/(m³∙d)) 
4.2 4.6 5.0 5.3 4.8 5.8 2.7 

aReactor restart at day 14 after reactor breakdown 

bRelated to the FB (bioreactor) volume of 317 ml 
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The study was divided into three phases, carried out in series. In each phase, one of the 

above mentioned membranes was tested at comparable operating conditions (see Table 

21). Each phase included a mode of filtration with fluidized glass beads (marked with 

w/) carried out for 46 days, followed, for one day, by a mode of filtration without glass 

beads (marked with w/o). In each phase, permeate was drawn continuously. Due to a 

reactor breakdown at day 14 during phase I, the filtration test with fluidized glass beads 

had to be restarted. Prior to mode IIw/, filtration was run for 7 days with a leakage in 

the membrane module due to a defect O-ring seal (data are not shown). Before starting 

each mode, the reactor was cleaned (removal of accumulated sludge). After each mode, 

the membrane was cleaned with a NaOCl solution (195 ppm; 20 °C; 2 x 15 min 

backflushing followed by 15 min soaking; flushing with DI water) and citric acid (1 % 

monohydrate by mass; 20 °C; 2 x 15 min backflushing followed by 15 min soaking; 

flushing with DI water). During operation, there were no physical or chemical cleaning 

procedures. 

Following each empty tube filtration test (modes Iw/o, IIw/o, and IIIw/o), a filtration 

test applying intermittent fluidization was carried out. The same membranes, after 

chemical cleaning, as in phase I, II, and III were used. The operating parameters were 

the same as mentioned above (see Table 21). After 16 h, the fluidization was stopped 

for 2 h by interrupting membrane recirculation. After restarting fluidization for 1 h, 

fluidization was stopped again for 3 hours. Finally, after another restart of fluidization 

for 1 h, fluidization was stopped for 4 h. Subsequently, filtration with fluidization was 

applied for 12 h. During the whole procedure, permeate was drawn continuously. 

Following the filtration test with intermittent fluidization, the membranes were 

removed and prepared for scanning electron microscopy analysis as described below. 

5.2.1.3 Sampling and assays 

COD and sulfate were analyzed as described in Chapter 3 (cf. section 3.2.3). COD 

removal, arithmetic means, and standard deviations were calculated as explained in 

Chapter 3 (cf. section 3.2.3). To roughly estimate the growth of active biomass within 

the fluidized bed reactor, the settled immobilized sludge volume (SISV) of the GAC 

(covered with biofilm) was determined as described in section 3.2.2 at start and end of 

each phase. As no measures had been taken to control biofilm formation, the mean SISV 

increased from 119 ml (phase I) to 134 ml (phase II), and 149 ml (phase III), i.e. the 

amount of active biomass steadily increased. During operation, suspended solids were 

not removed from the reactor. However, due to sampling, between 50 and 70 ml liquid 

were removed from the reactor per day. This corresponds to a removal by sampling of 

1.1-1.5 % of the influent volume flow or 2.2-2.6 % of the CODtot influent mass flow. 
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Hence, a significant influence of sampling on the COD concentrations within the reactor 

can be excluded. 

To determine the COD of the accumulated particulate matter within the reactor, the 

liquid (including settled and suspended particulate matter) from the settler and the top 

of the bioreactor was completely removed from the reactor at the end of Mode Iw/B, 

IIw/, IIIw/. The collected sludge suspension was 0.45 μm filtered (Whatman ME 25, 

GE, UK) using a pressure filtration equipment. The remaining filter cake was suspended 

in deionized water, and the CODtot of the suspension was determined. 

The gas composition (CH4, CO2, N2, O2) was determined as described in Chapter 3 (cf. 

section 3.2.3). For analysis, a 5 ml gas sample was taken with a syringe from the gas 

collection system. Determination of dissolved methane was carried out as described in 

Chapter 3 (cf. section 3.2.3). Samples were taken from the bioreactor top and the 

bioreactor recirculation line. Henry´s law constants for methane were calculated based 

on data from NIST (2017). 

Used membranes were examined by scanning electron microscopy (SEM). After careful 

rinsing with DI water, membranes were air-dried at room temperature and stored dry 

until SEM examination. Before examination the membranes were dried at 110 °C.  

Furthermore, the membranes were examinted after ignition at 550-650 °C. SEM 

examinations were carried out by the membrane manufacturer (atech innovations 

GmbH, Germany).  

5.2.1.4 Prediction of pumping power required for fluidization 

The specific pumping energy required for fluidization E (kWh/m³ treated wastewater) 

was calculated as described in Chapter 4 (cf. section 4.2.4). For predicting the energy 

demand in case of intermittent fluidization, a mean TMP of 50 kPa was assumed in 

periods without fluidization. Furthermore, it was assumed that in periods without 

fluidization, as well, a crossflow velocity of 0.0014 m/s was applied to ensure that the 

membrane was not discharged by the continuous permeate flow. The resulting pressure 

loss across the fixed glass beads bed was calculated according to Ergun (1952) as shown 

in Equation 63.  

Δp = 
150·u·η·(1-ε)2·H 

dp
2·ε3

+
1.75·u2·ρl·(1-ε)·H

dp·ε3
 (63) 

Here, u is the superficial (crossflow) velocity, η the liquid viscosity (0.001 Pa·s), ε the 

bed voidage of the fixed bed (≈ 0.4), ρl the liquid density (1000 kg/m³), dp the glass 

bead diameter (1.5 mm) and H (m) the height of the fixed bed. The required pumping 
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energy during periods without fluidization was then calculated according to Equation 

64.  

P = Q·Δp (64) 

 Clean water abrasion test 

As shown in section 5.3.1.2, the three above-mentioned membranes showed damage 

after an exposure of 46 days to fluidized glass beads. Therefore, a further ceramic 

membrane was tested regarding its mechanical resistance. As the operation of AMBRs 

is elaborate, this test was carried out during clean water filtration in the presence of 

fluidized glass beads. Only mechanical abrasion was examined in these tests.  

5.2.2.1 Experimental setup 

Figure 2 shows a schematic diagram of the experimental setup for the clean water 

abrasion tests. The above described membrane module was coupled to a reservoir of 

deionized (DI) water. The transmembrane pressure (TMP) was generated by suction on 

the permeate side. The above described glass beads with a diameter of 1.5 mm were 

used. Peristaltic pumps were used for recirculating (ProMinent, Germany) and 

permeate drawing (IDEX, USA). Pressure was monitored at the top and the bottom of 

the membrane module and at the permeate line using pressure transmitters (PAA-33X, 

Keller). The permeate flow rate was monitored gravimetrically using a balance (Entris, 

Sartorius, Germany). 

 

 

Figure 22 Schematic diagram of the experimental setup for clean water abrasion test 

The characteristics of the commercially available ceramic MF membrane (di = 16 mm; 

L = 500 mm; Am = 0.025 m²; atech innovations, Germany) are shown in Table 22. The 

Fluidized glass 
beads

Tubular 
membrane

Wire cloth

Permeate

BalanceDI water
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tested membrane is expected to show a higher mechanical resistance against scouring 

than the three membranes tested in the AMBR, as described above. The higher 

resistance was achieved by a higher burning temperature during manufacturing. A 

disadvantage of this membrane is the lower porosity resulting in a higher hydraulic 

resistance. However, the higher hydraulic resistance is not decisive in the present case, 

since the energy required to generate the crossflow is about two magnitudes of order 

higher than the energy required for permeate drawing. 

Table 22 Characteristics of the ceramic membrane tested in the clean water abrasion 

test 

Type Denotation 
Membrane material Pore size 

Selective layer Support Selective layer 

MF10n HT MF0.1 Al2O3 Al2O3 ≈ 0.15 µm 

 

5.2.2.2 Operating conditions, sampling, and assays 

The experiment was carried out at 20 °C in a climate chamber. The operating conditions 

are shown in Table 23. The used membrane was examined by scanning electron 

microscopy (SEM). After careful rinsing with DI water, the membrane was air-dried at 

room temperature and stored dry until SEM examination. Before examination, the 

membrane was dried at 110 °C. SEM examination was carried out by the membrane 

manufacturer (atech innovations GmbH, Germany). 

Table 23 Operating conditions of the clean water test 

Membrane (-) MF0.1 

Operating time (h) 1,233 

Bead diameter (mm) 1.5 

Bed voidage (-) 0.71 

Crossflow velocitya (m/s) 0.064 

Flux (mean) (l/(m²∙h) 8.3 

aCalculated according to Equation 53 
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 Results and discussion 

 Anaerobic membrane bioreactor operation 

5.3.1.1 Effect of fluidized glass beads on filtration performance 

Filtration was carried out at constant flux, allowing the fouling rate, i.e. membrane 

fouling, to be calculated from the temporary change in TMP (dTMP/dt). During phase I, 

using the UF100 membrane, there was nearly no increase in TMP in the presence of 

fluidized glass beads (Figure 23a). Unfortunately, the filtration test with fluidized glass 

beads had to be interrupted due to a reactor breakdown around day 13, and could be 

restarted only after chemical membrane cleaning. The fouling rate was 0.02 Pa/min 

before (mode Iw/A) and after restart (mode Iw/B). In case of the MF0.4 membrane 

(phase II), the fouling behavior was clearly different, as Figure 23b shows: in the 

presence of fluidized glass beads (mode IIw/), TMP increased to about 50 kPa within 

46 days. The resulting average fouling rate was 0.73 Pa/min and thus distinctly higher 

than when using the UF100 membrane (phase I). In case of the UF0.05 membrane 

(phase III), there was nearly no increase in TMP in the presence of fluidized glass beads 

(mode IIIw/) during 46 days of operation (Figure 23c). The fouling rate was 0.01 

Pa/min, comparable to the fouling rate of the previously tested UF100 membrane 

(phase I). In the absence of fluidized glass beads, all membranes showed the same 

development in TMP, i.e. a rapid increase within less than 24 h. The fouling rates were 

61.9 Pa/min for the UF100 membrane (mode Iw/o), 56.9 Pa/min for the MF0.4 

membrane (mode IIw/o), and 53.6 Pa/min for the UF0.05 membrane (mode IIIw/o). 

It should be mentioned that prior to the empty-tube filtration test with the MF0.4 

membrane, the initial permeability could not be recovered by chemical cleaning. TMP 

started to increase from a higher level at the start of mode IIw/o after chemical cleaning 

(Figure 23b).  

Previous studies reported that increasing particulate organic matter concentrations 

(Jeison & van Lier 2006; Huang et al. 2011) accelerated membrane fouling in AMBRs 

using 0.45 µm pore-sized PES (Huang et al. 2011) or 0.2 µm pore-sized polysulfone 

(PS) membranes (Jeison & van Lier 2006). As Figure 24a-c shows, particulate organic 

matter concentrations (CODpart) in the membrane inlet were lowest in mode IIw/: on 

average 463 mg/l in comparison to 482 mg/l in mode Iw/B and 532 mg/l in mode 

IIIw/, respectively (cf. Table 24, p. 132). Furthermore, Huang et al. (2011) reported 

that increasing OLR accelerated fouling of a 0.45 µm pore-sized PES membrane, 

presumably caused by the accumulation of soluble microbial products (SMP) in the 

AMBR (Huang et al. 2011). In the present study, OLR was on a comparable level in each 

phase (Figure 24a-c), even though fluctuations of OLR could not entirely be prevented 
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due to varying influent concentrations caused by the use of real municipal wastewater. 

In conclusion, the higher fouling rate of the MF0.4 membrane was probably not caused 

by increased OLR or particulate organic matter concentrations, but rather was a result 

of the larger pores of the MF membrane in comparison to the UF membranes. 

Comparable findings were reported by Yue et al. (2015) for an AMBR with submerged 

ceramic membranes treating domestic wastewater, even though it was operated 

without fluidized particles. The observed fouling rates decreased with decreasing pore 

size when comparing 0.3, 0.2, and 0.08 µm pore-sized ceramic (Al2O3) membranes (Yue 

et al. 2015). Yue et al. (2015) attributed the higher fouling rates to the occurrence of 

internal fouling. In the present case, the fluidized glass beads were obviously not able 

to prevent or remove internal fouling by means of enhanced mass transfer and scouring 

by mechanical action. This agrees well with the results of Aslam & Kim (2017) who 

reported that fluidized GAC particles were not able to remove irremovable, internal 

fouling in an AMBR treating municipal wastewater. In the present study, occurrence of 

internal fouling might also explain the diverse effects of chemical cleaning after mode 

IIw/ and IIw/o (MF0.4 membrane). In contrast to chemical cleaning after mode IIw/ 

(see Figure 23b), chemical cleaning after mode IIw/o showed a distinctly better effect. 

TMP at start of the filtration test with intermittent fluidization (cf. Figure 25b, p. 123) 

was only slightly above the initial value at the beginning of phase I (Figure 23b), 

although, TMP at end of mode IIw/o was higher than at end of mode IIw/. Hence, in 

principle, fouling can be eliminated by the applied chemical cleaning procedure and is 

therefore not of irreversible nature. It is assumed that during filtration in the presence 

of fluidized glass beads (mode IIw/), cake layer build-up was completely prevented. 

Consequently, dissolved and colloidal matter < 0.4 µm, which penetrated into the 

membrane pores, caused internal fouling of the pores. In contrast, in the absence of 

fluidized glass beads (mode IIw/o), cake layer buildup is assumed to be mainly 

responsible for the increase in TMP during mode IIw/o. The extent of internal fouling 

after mode IIw/o is assumed to be lower than after mode IIw/. As the slow increase in 

TMP during mode IIw/ indicates, the rate of blocking is relatively low. The fact that the 

cake layer is removed more easily than internal fouling might explain the distinctly 

stronger effect of chemical cleaning after mode IIw/o. 
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(a) 

 
(b) 

 
(c) 

Figure 23 TMP and flux of phase I (a), II (b), and III (c); modes Iw/o, IIw/o, and IIIw/o 

in each phase were carried out without fluidized glass beads. 

 

 

 



 

 

119 

 
(a) 

 
(b) 

 
(c) 

Figure 24 CODpart and CODdiss at membrane inlet, permeate CODtot and organic 

loading rate (OLR) during phase I (a), II (b), and III (c) 
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The results demonstrate the strong effect of fluidized glass beads on membrane fouling. 

Fluidized glass beads facilitate filtration at low crossflow velocities of 0.073-0.074 m/s 

without chemical cleaning for at least 46 days. In comparison to empty-tube filtration, 

the fouling rate was reduced by > 99.9 % for the UF100 and UF0.05 membranes and 

by > 98.7 % for the MF0.4 membrane, respectively. Due to the low fouling rates in the 

presence of fluidized glass beads, it is expected that the operating time without chemical 

cleaning can be extended even further by using the expedient ceramic UF membranes. 

The crossflow velocities applied in the present study are much lower compared to 

reported crossflow velocities of 0.5-5 m/s for conventional AMBRs with external 

crossflow membrane module (Liao et al. 2006; Martin et al. 2011; Bouman & Heffernan 

2016). It should be noted that in the present study a biofilm reactor was used.  

As postulated by Liao et al. (2006) and Ozgun et al. (2013), it might be advantageous 

to couple an external crossflow membrane to a bioreactor with entrapped biomass (e.g. 

UASB, expanded granular sludge bed (EGSB) or FB reactors) rather than to a 

continuous-flow stirred-tank reactor (CSTR) with suspended biomass, because the 

immobilized biomass cannot affect the filtration negatively. Crossflow velocities 

between 0.2 and 1 m/s were reported (An et al. 2009; Prieto et al. 201; Ozgun et al. 

2015a; Ozgun et al. 2015b) even for external crossflow membranes coupled to UASB 

reactors. For instance, at a crossflow velocity of 0.22 m/s, An et al. (2009) reported a 

rapid increase in TMP up to 50 kPa within 20 h at a flux of 10.5 l/(m²∙h) treating 

municipal wastewater using polymeric membranes in a pilot-scale reactor. Crossflow 

velocities of 1 m/s at a flux of 12.3 l/(m²∙h) (with periodic backwash for 20 s every 

3 min) were reported by Ozgun et al. (2015a; 2015b) treating synthetic low-strength 

wastewater in laboratory scale using a 0.03 µm pore-sized PES membrane. 

Furthermore, operation at a crossflow velocity of 0.5 m/s at a flux of 10-15 l/(m²∙h) 

was reported by Prieto et al. (2013) generating a liquid-gas multiphase flow by biogas 

injection with weekly backwash and chemical cleaning treating synthetic low-strength 

wastewater using a 0.03 µm pore-sized polyvinylidene fluoride (PVDF) membrane in 

laboratory scale. It should be noted that Bérubé et al. (2006) suggested that including 

bioreactors with entrapped biomass to reduce the suspended solids concentration may 

be not beneficial in terms of fouling mitigation. They proposed that mainly soluble 

microbial products cause fouling in membrane bioreactors (Bérubé et al. 2006) 

To the author’s knowledge, there is only one previous study using solid-liquid 

fluidization in a tubular membrane coupled to an anaerobic bioreactor. This study by 

Seib et al. (2016) is of particular interest because, as in the present study, municipal 

wastewater was treated with a laboratory-scale FB reactor coupled to an external 

tubular ceramic membrane (Al2O3; pore size ≈ 0.05 µm,). In contrast to the present 
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study, GAC (0.6-1.7 mm) was used as fluidization medium. Run times (TMP ≤ 50 kPa) 

of approximately 73 h, at a crossflow velocity of 0.024 m/s and fluxes between 6.3 and 

7.4 l/(m²∙h) in the presence of fluidized GAC were reported (Seib et al. 2016). The 

crossflow velocities stated by Seib et al. (2016) are lower than in the present study: due 

to the lower density of GAC, the required superficial velocity for fluidization is lower. 

However, in the present study, the achieved run times (≥ 1,104 h) were significantly 

longer using fluidized glass beads. Consequently, fluidized glass beads seem to be much 

more effective regarding fouling mitigation. It should be mentioned that there are 

several studies on fouling mitigation in anaerobic membrane bioreactors using hollow 

fiber membranes and placing them into a fluidized bed of GAC (Kim et al. 2011; Yoo et 

al. 2012; Bae et al. 2013; Bae et al. 2014; Gao et al. 2014; Shin et al. 2014; Yoo et al. 

2014). For this configuration, at a crossflow velocity of 0.024 m/s during 192 days of 

operation at fluxes between 6 and 12 l/(m²∙h), only a moderate increase in TMP was 

reported treating municipal wastewater using a 0.1 µm pore-sized PVDF membrane in 

a laboratory-scale reactor (Yoo et al. 2012). These facts might indicate that placing a 

hollow fiber membrane into a fluidized bed is potentially more effective in terms of 

fouling mitigation than generating a fluidized bed inside of a tubular membrane. 

The results of the filtration test with intermittent fluidization are shown in Figure 25a-

c. Each filtration test was carried out subsequently to the empty tube filtration test 

(mode Iw/o, IIw/o, and IIIw/o), after chemical cleaning. Before intermittent 

fluidization was applied, filtration under continuous fluidization of glass beads had 

been run for 16 hours. As expected, during this period, there was no distinct rise in TMP 

for either membrane (Figure 25a-c). Then, fluidization was stopped for 2 hours, and a 

strong increase in TMP was observed. Unfortunately, due to a failure in the permeate 

pump, flux of the MF0.4 membrane strongly dropped during the first period without 

fluidization (Figure 25b). In case of the UF membranes, restart of fluidization for 1 hour 

led to a rapid drop in TMP, and when the fluidization was stopped again, TMP started 

to increase from approximately the same level as before intermittent fluidization. The 

same response on restarting fluidization was observed for both UF membranes and the 

MF membrane after extending the period without fluidization to 3 and finally 4 hours 

with a period of fluidization of 1 hour in between. After the last period without 

fluidization, the experiment was continued with fluidization for 12 hours (Figure 25a-

c). During this time, a rapid drop in TMP was observed for each membrane, and after 

2 hours, nearly the initial TMP level (before intermittent fluidization was started) was 

reached. With the MF0.4 membrane, TMP was on a slightly higher level at the beginning 

of the last period without fluidization (Figure 25b). This was observed after the last 

period without fluidization, as well; TMP settled down to a slightly higher level in 
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comparison to the start of the experiment. However, even for the MF0.4 membrane, 

TMP could be reduced distinctly after restarting fluidization. Different fouling rates in 

the absence of fluidization were presumably caused by different COD concentrations at 

the membrane inlet: total and dissolved COD were 453 and 112 mg/l (UF100), 344 

and 97 mg/l (MF0.4), and 211 and 70 mg/l (UF0.05).  
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UF100 

 
(a) 

MF0.4 

 
(b) 

UF0.05 

 
(c) 

Figure 25 TMP and flux over operating time during intermittent fluidization (off = 

fluidization off); the same fluidized bed parameters as in the long-term filtration tests 

in mode Iw/A and B, IIw/, and IIIw/ were adjusted (see Table 21). Permeate was 

drawn continuously over the operating time. 
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It is assumed that during periods without fluidization, a cake layer has rapidly formed 

on the membrane surfaces. The rapid decrease in TMP after restarting fluidization 

indicates that fluidized glass beads were able to remove the built cake layer from all 

membranes promptly. As discussed above, internal fouling by deposits within the 

membrane pores does not seem to be removable by the use of fluidized glass beads. 

Further evidence for this assumption is given by an approximately 1-mm-thick dark 

coloring of the support layer of the MF0.4 membrane, observed after drying at 110 °C 

(see Figure 26a and b). Note that the membrane was not chemically cleaned before 

examination. After ignition at 650 °C, this coloring disappeared, which indicated 

organic deposits within the pores of the support layer. Since similar findings were not 

observed in case of the UF membranes, these findings underline the assumption that 

the increase in TMP using the MF0.4 membrane was caused by internal fouling (see 

Figure 23b). It is assumed that the beginning of internal fouling also caused the 

observed slightly weaker cleaning effect after the restart of fluidization in case of the 

MF0.4 membrane during filtration tests with intermittent fluidization (Figure 25b). 

Kim et al. (2011) reported comparable results using a 0.1 µm PVDF membrane and 

fluidized GAC at a flux of 10 l/(m²∙h) and a period without fluidization of 7 h. Wu et 

al. (2016a), using a 0.1 µm PVDF membrane and fluidized GAC, showed that the time 

span without fluidization should not be too long in order to avoid the buildup of a 

compact, hardly removable cake layer. However, in that study, a substantially higher 

flux of 90 l/(m²∙h) was applied, and a mixture of sodium alginate, bovine serum 

albumin, humic acid, and bentonite as model foulants was used (Wu et al. 2016a). 

Further long-term tests are necessary to assess the impact of operating parameters (on 

and off time span of fluidization) on the long-term fouling behavior. 
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(a) (b) 

Figure 26 Fragment (a) of the MF0.4 membrane (after drying at 110°C) after filtration 

test with intermittent fluidization: Close-up view (b) clearly shows dark coloring 

(thickness of colored layer ≈ 1 mm) of support layer. Note that the membrane was not 

chemically cleaned before examination. 

5.3.1.2 Membrane damage and dissolved COD rejection 

Membrane damage is a major drawback when using solid-liquid fluidization for fouling 

control. Previous studies showed that fluidized GAC (Shin et al. 2016) caused severe 

damage to a PVDF membrane and fluidized glass beads damaged membranes of 

cellulose acetate (CA) (van der Velden 1976; van der Waal et al. 1977; de Boer et al. 

1980), polyacrylonitrile (PAN) (van der Velden 1976; van der Waal et al. 1977), and 

PS (Noordman 2000). The addition of polypropylene granules to a conventional aerobic 

MBR led to brush marks on the surface of the submerged PES membranes (Siembida et 

al. 2010). Cicek et al. (1999) reported the damage of a ceramic membrane (ZrO2; 

MWCO ≈  300,000 Da) by abrasive crystals (presumably calcium magnesium 

phosphate) in crossflow filtration coupled to an aerobic bioreactor. In previous studies 

on ceramic membranes and using fluidized glass beads (Mikulášek & Filandrová 1995), 

polymeric biocarriers (Fu et al. 2016), or GAC (Aslam et al. 2017b) for fouling 

mitigation, the issue of membrane damage was not examinated. Only Rios et al. (1987) 

stated that stainless steel beads did not damage the applied 0.45 µm pore-sized ceramic 

aluminia membrane. However, there was little information on testing membrane 

integrity and time of exposure in that study (Rios et al. 1987). 

In order to investigate whether the fluidized glass beads had damaged the membranes, 

scanning electron microscope (SEM) examinations of the membrane surface were 

carried out. For examination, membranes were removed subsequent to the filtration 

tests with intermitted fluidization (Figure 25a-c). Note that membranes were not 

chemically cleaned before examination. As Figure 27a-f shows, all tested membranes 
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had been damaged, however, the extent of damage differed. The UF100 membrane 

(Figure 27a and b) showed the strongest damage: the selective layer with a MWCO of 

100 kDa was almost completely abraded, and the support membrane (0.1 μm) was 

damaged seriously, as well. Locally, the support layer became visible. Hence, in case of 

the UF100 membrane, the support membrane with a pore size of 0.1 µm was mainly 

responsible for mechanical separation, especially at the end of operation. The fact that 

no evidence of deposits on the dried membrane surface were detected, indicates that 

there was no cake or gel layer formation in the presence of fluidized glass beads. 

Furthermore, the cake or gel layer built  during the period without fluidization (Figure 

25a) was completely removed after restarting fluidization. The observed damage was 

expected, since the previous study using a membrane of the same material and similar 

pore size showed comparable damage (see Chapter 4, section 4.3.2). However, the 

results are of interest due to the following reasons: firstly, assuming that the 0.1 µm 

pore-sized support membrane was mainly responsible for mechanical separation, a pore 

size of 0.1 µm seems to be appropriate for the present application. Secondly, based on 

the results of the previous study (see Chapter 4), no conclusion about mechanical 

degredation at given operating parameters (bead diameter, bed voidage, superficial 

veloctiy) within a fixed time span could be drawn. Therefore, the results for the UF100 

membrane are useful in terms of ranking mechanical resistance of the other tested 

membranes.  

The MF0.4 membrane (Figure 27c and d) showed a distinctly higher resistance against 

mechanical abrasion by fluidized glass beads. This was to be expected since the MF0.4 

membrane is a commercially available membrane with enhanced mechanical resistance. 

The selective layer of the MF0.4 membrane was still existent almost throughout, though 

progressively becoming reduced in thickness to 75 % of the intial thickness. Locally, the 

coarse support layer became visible. Although dark coloring of the support layer was 

observed after drying at 110°C (see Figure 26a and b), there were no visible deposits 

on the membrane surface. This result underlines the assumption made above that 

internal fouling was the reason for the increase in TMP of the MF0.4 membrane over 

the operating time (Figure 23b). 
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UF100 (operating hours = 1,118 h) 

  
(a) (b) 

MF0.4 (operating hours = 1,285 h) 

  
(c) (d) 

UF0.05 (operating hours =1,127 h) 

  
(e) (f) 

Figure 27 SEM images of breaking edges (left) and membrane surfaces (right) after 

end of operation (after drying at 110 °C); the selective layer (bright areas) of the 

UF100 membrane (a, b) was abraded almost completely, the support membrane (0.1 

μm) is damaged as well, and the support layer (coarse structure) became visible locally. 

The MF0.4 membrane showed the strongest resistance against mechanical scouring; 

yet, thickness of the selective layer of the MF0.4 membrane (c, d) was reduced by 

25 % and the support layer (coarse structure) became visible locally. The selective layer 

(bright areas) of the UF0.05 membrane (e, f) was severely damaged; the support 

membrane (0.2 μm) was damaged partly, as well. 
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The UF0.05 membrane was expected to show a higher resistance than the UF100 

membrane, but a lower resistance than the MF0.4 membrane. Indeed, the UF0.05 

membrane (Figure 27e and f) showed lower resistance than the MF0.4 membrane. The 

selective layer (50 nm) was damaged and the support membrane (0.2 μm) became 

visible in many places and was damaged locally, as well. Hence, in case of the UF0.05 

membrane, mechanical separation was not exclusively attributed to the selective 

membrane layer. Especially at the end of operation, the 0.2 µm pore-sized support 

membrane was partly responsible for mechanical separation and therefore a pore size 

of 0.2 µm seems to be sufficient to prevent extensive internal fouling. In contrast to the 

UF100, the selective layer and the support membrane of the UF0.05 showed a higher 

resistance to mechanical scouring. As observed for the other membranes, no deposits 

on the membrane surface were detected after drying at 110 °C on the UF0.05 membrane 

(Figure 27e and f). 

In terms of mechanical resistance, none of the tested membranes is fit for the desired 

purpose. Nevertheless, the results are of particular interest as discussed in more detail 

in the following. Assuming that with the UF membranes, the 0.1 µm (UF100) and 0.2 

µm (UF0.05) support membranes were more (UF100) or less (UF0.05) responsible for 

mechanical separation, a pore size between 0.1 and 0.2 µm seems to be appropriate. 

This pore size agrees well with the result of Bérubé et al. (2006), who suggested a pore 

size of 0.1 µm for AMBRs, based on an extensive literature review. Note that for both 

UF membranes there was no increase in TMP. In contrast, the 0.4 µm pore-sized MF0.4 

membrane showed an increase in TMP, presumably caused by internal fouling, which 

could not be removed by fluidized glass beads. As the comparison of the MF0.4 and 

UF100 membranes shows, the mechanical resistance differs distinctly among the 

membranes. Based on this finding, another ceramic membrane with suitable pore size 

and differing material properties was tested (see section 5.2.2). As the operation of 

AMBRs is elaborate and the focus was set on membrane damage, this filtration test was 

carried out with clean water only (see section 5.3.2). 
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(a) 

 
(b) 

 
(c) 

Figure 28 Dissolved COD rejection during phase I (a), II (b), and III (c) in the presence 

of fluidized glass beads over operating time; dashed (horizontal) lines indicate 

(arithmetic) mean. 

The mean CODdiss rejection was 50 % (mode Iw/A and B) for the UF100 membrane, 

41 % for the MF0.4 membrane (mode IIw/), and 55 % (mode IIIw/) for the UF0.05 

membrane (Figure 28a-c). With the UF100 membrane, the mean value for mode Iw/A 
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and B is stated (Figure 28a). In more detail, mean CODdiss rejection was 55 % (mode 

Iw/A) and 48 % (mode Iw/B). With the UF100 membrane, the CODdiss rejection tended 

to decrease over the operating time (Figure 28a), while with the UF0.05 membrane, 

the CODdiss rejection decreased at the beginning, but seemed to settle on a constant 

level over time (Figure 28c). Note that both UF membranes showed distinctly lower 

rejection at the beginning of each mode, which can be attributed to low CODdiss inlet 

concentrations at the beginning of each mode. The CODdiss rejection of the MF0.4 

membrane (Figure 28b) increased distinctly over the operating time: from 10-20 % to 

60 % around operating day 33. Subsequently, a steady slight decrease in CODdiss 

rejection was observed. As a result of the increasing solute rejection, the permeate COD 

concentration decreased over the operating time (Figure 24b). As Figure 29 shows, the 

rejection of CODdiss positively correlates to TMP; consequently, rejection increased with 

the extent of fouling.  

 

 

Figure 29 Dissolved COD rejection of MF0.4 membrane (phase II) in the presence of 

fluidized glass beads (mode IIw/) as a function of TMP 

The decrease in CODdiss rejection of the UF100 and UF0.05 membranes might result 

from membrane damage, as discussed above (Figure 27). However, although the 

selective layers of both membranes were severly damaged, CODdiss rejection did not 

decrease strongly over the operating time. The support membrane layers with pore sizes 

of 0.1 µm (UF100) and 0.2 µm (UF0.05) still seemed to reject the main fraction of the 

COD < 0.45 µm. The increasing CODdiss rejection of the MF0.4 membrane might be 

caused by deposits on the surface of the selective and support layer’s pore walls. 

Presumably, internal deposits reduce the pore size over operating time. As a result, TMP 

increased continuously and the narrowed pores rejected solutes < 0.4 µm. Akram & 

Stuckey (2008) observed a de facto cut-off of about 30 kDa using a 0.4 µm pore-sized 

membrane of polyethylene (PE). The high rejection was attributed to pore narrowing 
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by internal fouling caused by molecular and colloidal matter and by a cake layer on the 

membrane surface acting as secondary membrane (Akram & Stuckey 2008). 

Unfortunately, in that study, the particular contribution of internal fouling to enhanced 

rejection was not examined. Smith et al. (2015a, 2015b) observed a similar 

phenomenon, as shown in Figure 29, and attributed it to the biological activity of a 

biofilm growing onto the membrane surface. Furthermore, solute rejection can be 

improved by a cake or gel layer on the membrane surface (Chang et al. 2001). In the 

present case, the increase in CODdiss rejection is unlikely to result from cake or gel layer 

or biological activity of a biofilm, since no evidence for deposits were observed during 

SEM examination on the membrane surface after drying at 110 °C (see Figure 27c and 

d). Moreover, as the filtration tests at intermittent fluidization showed, cake layer 

buildup is not likely in the presence of fluidized glass beads. Therefore, the increase in 

CODdiss rejection is presumably attributed to narrowing membrane pores by adsorption 

and deposition of molecular and colloidal matter on the surface of the selective and 

support layers’ pore walls. The observed dark coloring of the MF0.4 membranes’ support 

layer is a further evidence supporting this assumption. 

5.3.1.3 Overall COD removal and COD balance 

The overall CODtot removal of the AMBR was not impacted significantly by the 

membrane properties. Overall, CODtot removal was 80 % in mode Iw/B and IIw/, and 

84 % in mode IIIw/. The permeate CODtot of the MF0.4 membrane (75 mg/l) was 

slightly higher than with the UF100 (61 mg/l) and UF0.05 membrane (67 mg/l). This 

might be attributed to the slightly higher mean CODdiss rejection of the UF100 and the 

UF0.05 membrane (48 and 54 %) in comparison to the MF0.4 membrane (41 %). As 

mentioned above, CODdiss rejection of the MF0.4 membrane increased over operating 

time. 

The achieved overall CODtot removal is in the range of previous studies treating 

municipal wastewater with AMBRs. For a laboratory-scale, two-stage anaerobic 

fluidized bed membrane bioreactor, a CODtot removal of 84-91 % at influent 

concentrations of 154-235 mg/l (HRT = 2.3 h at 25 °C) was reported by Bae et al. 

(2013) using a 0.1 µm pore-sized PVDF membrane. With a pilot-scale UASB coupled to 

a crossflow UF membrane (PVDF, 0.045 µm pore-sized), a CODtot removal of 73-87 % 

at a mean influent concentration of 892 mg/l (HRT = 7 h at 18 °C) was reported by 

Gouveia et al. (2015a). A laboratory-scale AMBR with suspended biomass showed a 

CODtot removal of 86-88 % at influent concentrations of 330 mg/l (HRT = 7.5 h at 25-

30 °C) using ceramic (Al2O3) membranes with pore sizes of 0.3, 0.2, and 0.08 µm (Yue 

et al. 2015). Moreover, for a laboratory-scale AMBR with suspended biomass at a lower 

temperature (15 °C), a CODtot removal of 69 % at an influent CODtot of 259 mg/l (HRT 
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between 16-24 h) was reported by Smith et al. (2013) using a 0.2 µm pore-sized PES 

membrane. 

As Table 24 shows, membrane inlet CODtot concentrations, i.e. reactor CODtot 

concentrations, were 57-92 % higher than in the influent. Hence, due to membrane 

rejection, CODtot accumulated inside the reactor. This enrichment in CODtot can be 

attributed to an accumulation of CODpart, i.e. suspended particular organic matter, over 

operating time, as Figure 24a-c shows. After an initial rapid increase in CODpart, the rate 

of accumulation decreased over time, and finally reached a steady-state with no further 

distinct CODpart accumulation. This phenomenon was observed in each phase (see 

Figure 24a-c). For both UF membranes (Figure 24a and c) at end of operation, the 

CODpart concentration started to increase again, presumably caused by a rising OLR. In 

contrast, CODdiss did not accumulate to the same extent. Only at the beginning of each 

mode, a slight increase in CODdiss was recognizable, after which CODdiss concentrations 

remained on a constant level in each phase. Frequent sampling cannot explain the 

steady-state of CODpart and CODdiss concentrations within the reactor: only 2.4 and 1.2 % 

(mode Iw/B), 3.5 and 1.5 % (mode IIw/), and 2.8 and 1.5 % (mode IIIw/) of the 

rejected CODdiss and CODpart mass flow were removed from the reactor by sampling.  

Table 24 Summary of COD concentrations of influent, membrane inlet, and permeate; 

overall removal was calculated based on influent and permeate concentrations. 

Membrane rejection was calculated based on membrane inlet and permeate 

concentrations.  

Mode Influenta Membrane inlet Permeatea Removal Rejection 

 CODtot CODdiss CODtot CODdiss CODtot CODtot CODtot CODdiss 

(-) (mg/l) (mg/l) (mg/l) (mg/l) (mg/l) (%) (%) (%) 

Iw/B 314 (66) 116 602 120 61 (10) 80 90 48 

IIw/ 379 (91) 147 594 131 75 (15) 80 86 41 

IIIw/ 410 (90) 171 681 149 65 (9) 84 90 55 

aStandard deviation in parentheses 

 

The accumulation of particulate organic matter in AMBRs was observed when treating 

municipal wastewater (Martinez-Sosa et al. 2011; Shin et al. 2014) as well as synthetic 

low-strength wastewater (Bae et al. 2014; Ozgun et al. 2015b) at temperatures below 

25 °C. Furthermore, the accumulation of dissolved COD (< 0.45 µm) was observed in 

previous studies (Martinez-Sosa et al. 2011; Gouveia et al. 2015a; Gouveia et al. 2015b). 

A similar behavior of the dissolved COD as in the present study was reported by Ozgun 
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et al. (2015b) treating synthetic municipal wastewater at 25 °C using a 0.03 µm pore-

sized PES membrane. 

Due to the addition of membrane filtration, the specific methane production (g CH4-

COD/g influent CODtot) was enhanced from 0.23 g CH4-COD/g influent CODtot 

(anaerobic FB without membrane as shown in Chapter 3) to 0.29-0.31 g CH4-COD/g 

influent CODtot (present chapter). Assuming that the rejected CODdiss is biologically 

degraded, higher CODdiss rejection should theoretically result in a higher specific 

methane production. However, the specific methane production tends to be on the same 

level for the MF and UF membranes: 0.29 and 0.31 g CH4-COD/g influent CODtot 

(UF100 and UF0.05) compared to 0.29 g CH4-COD/g influent CODtot (MF0.4). Hence, 

approximately 30 % of the influent CODtot was converted to methane. However, the 

COD balance (Table 25) shows that 50 % of the total methane produced left the reactor 

dissolved in the permeate. Methane supersaturation as reported by (Yoo et al. 2012; 

Yeo & Lee 2013; Yue et al. 2015; Smith et al. 2015a) within the reactor was not 

observed: mean saturation values of 97, 96, and 100 % were measured during mode 

Iw/B, IIw/, and IIIw/ (see Appendix A.5). Therefore, the dissolved methane 

concentrations for the COD balance were predicted by Henry’s law. A distinct amount 

of CODpart accumulated in the reactor. Most of this accumulated CODpart settled within 

the reactor (about 90 %). The rejected CODpart was therefore not only hydrolyzed, but 

was also retained inside the reactor by mechanical separation. Assuming complete 

sulfate reduction, between 16 and 23 % of the influent COD was utilized by sulfate-

reducing bacteria. In summary, in the AMBR, between 0.45 (mode II) and 0.52 (mode 

I and III) g COD per g influent COD were biologically degraded (sum of methane and 

COD utilized for sulfate reduction). The higher biological degradation in case of using 

the UF membranes might be caused by the smaller pore size of these membranes in 

comparison to the MF membrane. Presumably, degradable dissolved COD was rejected 

to a higher extent and biologically degraded in case of using the UF membranes. In the 

FB reactor without membrane (cf. Chapter 3) only between 0.34 and 0.37 g COD per g 

influent COD were biologically degraded. The noticeable gap of 19 and 22 % in case of 

mode IIw/ and IIIw/ might be attributed to inaccurate sampling of accumulated 

particular organic matter inside the reactor. The accumulated CODpart in both modes is 

distinctly lower in comparison with mode Iw/B. The fraction of total influent COD 

removed by sampling is less than 3 %. Accumulation of CODdiss can be neglected 

(approximately 0.3 %). 
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Table 25 CODtot balances of modes Iw/B (UF100), IIw/ (UF0.05), and IIIw/ (MF0.4) 

 

5.3.1.4 Energy considerations 

In Table 26, the required energy for bioreactor operation, fluidization of glass beads, 

and permeate drawing has been compiled. The pumping energy required for bioreactor 

operation was 0.006-0.007 kWh/m³, which is about 3 % of the total required pumping 

energy. The pumping energy required for fluidization was 0.18-0.19 kWh/m³. The 

pressure drop in the fluidized bed was predicted according to Equation 52. The 

pumping energy required for fluidization constitutes 94-97 % of the total required 

pumping energy. The pumping energy required for permeate drawing was 0.0005 and 

0.0006 kWh/m³, respectively, for the UF membranes and 0.0052 kWh/m³ for the MF0.4 

membrane. The higher value is caused by the higher mean TMP due to fouling of the 

MF0.4 membrane. Overall, the resulting electrical energy demand for the AMBR process 

is approximately 0.31-0.33 kWh/m³.  

  

Mode Iw/B IIw/ IIIw/ 

 (mg/l) (%) (mg/l) (%) (mg/l) (%) 

Influent CODtot 314 100 379 100 414 100 

Effluent CODtot 61 20 75 20 65 16 

Difference 252 80 305 80 349 84 

Methane total 91 29 109 29 130 31 

Methane gaseous 39 13 53 14 69 17 

Methane dissolveda 52 17 56 15 60 15 

Accumulated CODpart
b 84 27 65 17 42 10 

Sulfate reductionc 72 23 60 16 87 21 

Unknown 5 2 71 19 90 22 

aCorresponds to the solubility of methane in pure water at 20 °C calculated by Henry’s law 

bCorresponds to suspended and settled CODpart (> 0.45 µm) inside the reactor determined at 

end of each mode; accumulated CODpart included particulate organics originating from 

biological growth within the reactor (excess slugde) as well as from the feed (raw 

wastewater).  

cAssuming total sulfate reduction; mean influent sulfate concentrations were 108 mg/l 

(Iw/B), 90 mg/l (IIw) and 131 mg/l (III/w). 
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Table 26 Energy demand of the AMBR during modes Iw/B, IIw/, and IIIw/ 

Mode  Iw/B IIw/ IIIw/ 

Fluidization GAC (bioreactor)     

Volume flow recirculation (l/h) 15.0 13.9 11.6 

Pressure lossa, b (kPa) 0.28 0.32 0.35 

Required pumping powerc (W) 0.001 0.001 0.001 

Required pumping energyd (kWh/m³) 0.006 0.007 0.006 

Fluidization glass beads     

Recirculation volume flow  (l/h) 53.4 53.8 52.9 

Pressure lossa, e (kPa) 2.34 2.34 2.34 

Required pumping powerc (W) 0.035 0.035 0.034 

Required pumping energyd (kWh/m³) 0.180 0.188 0.184 

Permeate drawing     

Permeate volume flow (l/h) 0.19 0.19 0.19 

Pressure loss (TMP) (kPa) 1.91 18.58 2.20 

Required pumping powerc (W) 0.0001 0.0010 0.0001 

Required pumping energyd (kWh/m³) 0.0005 0.0052 0.0006 

Total     

Required pumping energy (kWh/m³) 0.186 0.199 0.191 

Required electrical energyf (kWhel/m³) 0.310 0.332 0.318 

aCalculated according to Equation 52  

bAssuming fixed GAC bed heights at onset of fluidization of 0.26 (mode Iw/B), 0.3 

(mode IIw/) and 0.33 m (mode IIIw/) 

cCalculated according to Equation 50 

dCalculated according to Equation 51; related to permeate fluxes (l/(m²∙h)) of 7.7 

(mode Iw/B) , 7.3 (mode IIw/), and 7.5 (mode IIIw/) 

eAssuming fluidized bed height of 0.61 m 

fAssuming pump efficiency of 60 % (Martin et al. 2011) 
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As the results in Figure 25 show, intermittent fluidization might be a promising option 

to reduce the overall energy demand of the novel AMBR. The cake layer, built during 

periods without fluidization, was successfully removed after restarting fluidization. In 

Figure 30, the required electrical energy for different percentages of time with 

fluidization at a bed voidage of 0.74 and 0.55 are shown. As discussed in Chapter 4, the 

membrane-to-liquid mass transfer reaches a maximum at about 0.7. Therefore, it might 

be possible that at a bed voidage of 0.55 the fouling rate is higher than at 0.74. Further 

research is needed to clarify the impact of the bed voidage on filtration performance. 

However, the electrical energy demand required for the AMBR process could be reduced 

to about 0.15 kWhel/m³ by applying intermittent fluidization with equal intervals of 

fluidization on and off (time fluidization on = 50 %) and adjusting the bed voidage at 

0.55. Further reduction of the energy demand by increasing the permeate flux above 

7.5 l/(m²∙h) might be possible. Note that with either UF membrane, there was no 

increase in TMP during 46 days of operation. 

The predicted energy demand of 0.15-0.33 kWhel/m³ is distinctly lower than reported 

values of 1 to 7.3 kWhel/m³ for membrane filtration in conventional AMBRs with 

external crossflow membranes (Liao et al. 2006; Martin et al. 2011). For AMBRs with 

submerged membranes, the electrical energy demand for filtration ranges between 0.3 

and 3.4 kWhel/m³ (Liao et al. 2006; Martin et al. 2011). Hence, the energy demand 

level for fluidized glass beads enabled operation of an AMBR in external crossflow 

configuration and AMBRs in the submerged membrane configuration are the same. 

However, note that the predicted energy demand is based on laboratory-scale 

experiments. Therefore, comparison of these data with data from pilot- and large-scale 

plants is only possible to a limited extent. However, the extraordinarily low crossflow 

velocity in the present study (0.073 m/s) in comparison to previously reported values 

of 0.5-5 m/s by Liao et al. (2006), Martin et al. (2011), and Bouman & Heffernan (2016) 

suggests a high potential for energy savings. 

It should be mentioned that there are several studies on effective fouling mitigation in 

anaerobic membrane bioreactors using hollow fiber membranes placed in a fluidized 

bed of GAC (Kim et al. 2011; Yoo et al. 2012; Bae et al. 2013; Bae et al. 2014; Gao et 

al. 2014; Shin et al. 2014; Yoo et al. 2014). For this configuration, the energy demand 

was predicted to be about 0.05 kWhel/m³ based on a laboratory-scale study (Yoo et al. 

2012) and 0.13 kWhel/m³ based on a pilot-scale study (Shin et al. 2014). This results 

indicate that it might be more beneficial to submerge a HF or flat sheet membrane into 

a fluidized bed of low density medium such as GAC (ρp ≈ 1,200 kg/m³) rather than 

using fluidized glass beads (ρp ≈ 2,500 kg/m³) in a tubular membrane module. A further 

disadvantage of generating a fluidized bed in a tubular membrane is the control of the 
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fluidized bed height within the membrane channel. This would be especially 

challenging in a pilot- or large-scale plant as in every single membrane channel the 

fluidized bed must be controlled separately. In contrast, Shin et al. (2014) operated an 

AMBR with HF membranes submerged in a fluidized over 485 days continuously. 

However, further research in pilot-scale is required to prove the potential for energy 

savings and feasibility in pilot scale of the novel AMBR introduced in this thesis. 

 

 

Figure 30 Specific electrical energy demand in case of intermittent fluidization 

 Clean water abrasion tests 

As reported above, all membranes tested in the AMBR showed severe membrane 

damage. However, damage differed from membrane to membrane and the MF0.4 

membrane showed the highest resistance. Therefore, membrane damage might be 

further reduced by selecting membranes with more suitable material properties. Based 

on these findings, a further MF membrane was tested. Since the results of the present 

study indicated that a pore size of about 0.1-0.2 µm might be sufficient to minimize 

internal fouling in the observed case, a ceramic MF membrane (MF0.1) with a pore size 

of 0.15 µm was selected. The membrane was exposed to fluidized glass beads (1.5 mm) 

for 1,233 h (~ 51 days). The operating parameters (crossflow velocity = 0.064 m/s; 

bed voidage = 0.71) were the same as during AMBR operation. As Figure 31a and b 

show, the tested membrane showed no damage: raised areas were smoothed, however, 

the selective layer was not abraded. Due to the higher hydraulic resistance of the MF0.1 

membrane, the fraction of energy required for permeate drawing would be about 2 % 

of the total required energy demand. With UF100 and UF0.05, the fraction was below 

1 % during AMBR operation. Consequently, the impact of the higher hydraulic 

resistance of this membrane type on the total energy demand is neglible. Therefore, the 
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tested membrane offers a promising option for the introduced novel AMBR 

configuration. In the next step, fouling behavior and mechanical resistance of this 

membrane should be examinated in the novel AMBR process treating municipial 

wastewater during long-term operation. 

  
(a) (b) 

Figure 31 SEM images of the MF0.1 membrane after clean water abrasion test 

 Conclusions 

Chapter 5 focuses on the optimization of the novel AMBR configuration. A ZrO2 UF 

membrane (MWCO = 100 kDa), a TiO2 MF membrane (0.4 µm), and a Al2O3 UF 

membrane (0.05 µm) were evaluated regarding fouling behavior, mechanical 

resistance, and solute rejection during 46 days of operation. The following main 

conclusions can be drawn: 

 During operation at crossflow velocities between 0.073 and 0.074 m/s, the 

fouling rates were reduced by more than 95 % in the presence of fluidized glass 

beads. Both tested UF membranes showed almost no increase in TMP during 46 

days of operation at fluxes of 7.6 and 7.8 l/(m²∙h). With the MF membrane, TMP 

rose to about 50 kPa within an operating time of 46 days in the presence of 

fluidized glass beads and a flux of 7.6 l/(m²∙h). The increase in TMP was 

attributed to internal fouling that was not removable by the fluidized glass beads.  

 Due to low crossflow velocities, the total electrical energy required for filtration 

was 0.31-0.33 kWh/m³ assuming an operating flux of 7.5 l/(m²∙h).  

 The reported energy demand for conventional AMBRs with submerged 

membranes is about 0.3-3.4 kWhel/m³ (according to Liao et al. (2006), Martin et 

al. (2011)). Hence, the energy demand level for fluidized glass beads enabled 

operation of an AMBR in external crossflow configuration and AMBRs in the 

submerged membrane configuration are the same.  

 By applying intermittent fluidization, i.e. applying fluidization only during 50 % 

of the total operating time, and reducing the bed voidage from 0.74 to 0.55, the 

Selective layer

Support 
layer

Selective layer

Support 
layer
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total electrical energy required for filtration could be reduced to about 0.15 

kWhel/m³.  

 At a flux of 7.6-7.8 l/(m²∙h) in the presence of fluidized glass beads, no increase 

in TMP was observed during 46 days, therefore, operation at higher fluxes might 

be possible. This would lead to a further decrease in energy demand. 

 The membranes showed severe damage, however, mechanical resistance 

differed distinctly among them: the TiO2 MF membrane showed the highest 

resistance, followed by the Al2O3 UF membrane. In contrast, the ZrO2 UF 

membrane showed the strongest damage. 

 As all tested membranes showed membrane damage, a further ceramic MF 

membrane (Al2O3; pore size = 0.15 µm) was tested regarding its mechanical 

resistance during a clean water filtration test: the membrane showed no damage 

and might represent a suitable option for the novel AMBR configuration. 

 Mean CODdiss rejection of the UF membranes was 50 % (ZrO2 membrane) and 

55 % (Al2O3 membrane) and decreased slightly over operating time. Mean 

CODdiss rejection of the TiO2 MF membrane was 41 %. However, a strong positive 

correlation between TMP and rejection was observed in case of the MF 

membrane. Presumably, internal deposits reduced the pores of the MF 

membrane over operating time. 

 At HRT between 1.6 and 1.7 h, the overall COD removal was between 80 and 

84 % and did not show a clear correlation to the type of applied membrane.  

 Due to the addition of membrane filtration, the specific methane production was 

enhanced by 26-35 % from 0.23 (anaerobic FB without membrane, as shown in 

Chapter 3) to 0.29-0.31 g CH4-COD/g influent CODtot. 

 In the AMBR, between 0.45 and 0.52 g COD per g influent COD were biologically 

degraded (sum of methane and COD utilized for sulfate reduction). In the FB 

without membrane (cf. Chapter 3), only between 0.34 and 0.37 g COD per g 

influent COD were biologically degraded. 
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6 Biological sulfate reduction in an 
anaerobic membrane bioreactor treating 
sulfate-containing municipal wastewater 
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 Introduction 

As shown in Chapters 4 and 5, the application of AMBRs might represent a promising 

technology for energy-efficient organic carbon removal from municipal wastewater 

streams at low HRT and temperatures. Besides the lack of energy-intensive aeration and 

low production of waste biological solids, anaerobic treatment provides a valuable 

product in form of gaseous methane. However, during the anaerobic treatment of 

sulfate-containing wastewater, sulfate-reducing bacteria (SRB) will most likely reduce 

the methane yield distinctly, as they are able to couple the oxidation of organic and 

inorganic (e.g. hydrogen) compounds with the reduction of sulfate to sulfide (Widdel 

1988; Hansen 1993; Muyzer & Stams 2008). 

Table 27 Sulfate concentrations in municipal wastewater 

Sulfate Country Ref. 

(mg sulfate/l) (mg sulfate-S/l)   

885 295 Hong Kong Wu et al. (2016b) 

588 196 Hong Kong Lu et al. (2012) 

336 112 Spain Giménez et al. (2012) 

200 67 Spain Sanz & Fdz-Polanco (1990) 

131 44 The Netherlands van den Brand et al. (2015) 

110 36 Germany present study 

47 16 Spain Gouveia et al. (2015a) 

45 15 
The Netherlands 

van der Last & Lettinga 

(1992) 

41 14 South Korea Shin et al. (2014) 

41 14 Argentina Seghezzo (2004) 

0 0 The Netherlands van den Brand et al. (2015) 

 

Municipal wastewater often contains sulfate in significant concentrations. As literature 

data show (see Table 27), sulfate concentrations in municipal wastewater vary in a wide 

range between 0 and 885 mg/l. The extraordinarily high sulfate concentrations in Hong 

Kong result from seawater-based toilet flushing (Lu et al. 2012; Wu et al. 2016b). 

Usually, sulfate concentrations are between 40 and 200 mg/l. Van den Brand et al. 

(2015) examined the influent sulfate concentrations in nine wastewater treatment 

plants (WWTP) in the Netherlands. Sulfate concentrations varied considerably from 0 
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to 131 mg/l. However, only two plants showed concentrations higher than 100 mg/l. 

The elevated concentrations of sulfate are caused by intrusion of brackish (sulfate-rich) 

groundwater (van den Brand et al. 2015). 

According to Equations 65 and 66, see below, SRB can utilize hydrogen and acetate as 

energy sources (Widdel 1988). Consequently, SRB directly compete with methanogenic 

archaea, which predominantly utilize hydrogen, carbon dioxide, and acetate as 

substrates (Hansen 1993; Zinder 1993; Muyzer & Stams 2008). SRB can also utilize 

plenty of other compounds as substrate, e.g. propionate (according to Equation 67), 

butyrate, alcohols, amino acids, sugars, or aromatic compounds (Widdel 1988; Hansen 

1993; Hao et al. 2014). Hence, during anaerobic treatment of sulfate-containing 

wastewater, SRB might also compete for substrate with other microorganisms, e.g. 

acetogens. Equations 65-67 show that to reduce one g sulfate, theoretically 0.67 g COD 

are required, which then is not available for methane production. For instance, to 

reduce one mole of sulfate (mass = 96 g), one mole of acetate (COD = 64 g) is utilized: 

64/96 = 0.67 g COD per g sulfate. In practice, this value will be slightly higher due to 

the incorporation of organic carbon for biomass growth and cell maintenance (van den 

Brand 2014). 

4 H2+SO4
2-+H+ → HS-+4 H2O (65) 

CH3COO-+SO4
2- → 2 HCO3

-+HS- (66) 

CH3CH2COO-+0.75 SO4
2- → CH3COO-+HCO3

-+0.75 HS-+0.25 H+ (67) 

Previous studies have shown that SRB will outcompete methanogenic archaea during 

anaerobic treatment of sulfate-containing municipal wastewater (Giménez et al. 2011; 

Yoo et al. 2012; Pretel et al. 2014; Shin et al. 2014). This is attributed to the fact that 

sulfate reduction by SRB is thermodynamically and kinetically favored over 

methanogenesis and therefore SRB will likely outcompete methanogenic archaea 

(Widdel 1988; Hansen 1993; Zinder 1993). Thus, it has to be expected that biological 

sulfate reduction by SRB reduces the methane production distinctly, even though some 

studies reported low sulfate removals of about 60 % and below when treating sulfate-

containing municipal wastewater (Shin et al. 2014; Lee et al. 2016).  

Further problems may arise from the produced sulfide itself, which is a potential 

inhibitor of anaerobic microorganisms (Oude Elferink et al. 1994; Colleran et al. 1995; 

O’Flaherty et al. 2006) and causes odor emissions as well as corrosion problems (Oude 

Elferink et al. 1994; Colleran et al. 1995; O’Flaherty et al. 2006). In addition, 

considering that one mole sulfide is equal to 64 g COD, the presence of dissolved sulfide 

increases the oxygen demand of the effluent (Poinapen et al. 2009). In summary, the 
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presence of sulfate and its biological reduction to sulfide by SRB may adversely affect 

energy balance, process stability, and sustainability of anaerobic municipal wastewater 

treatment. 

Against this background, Chapter 6 focuses on the evaluation of the sulfate input and 

its removal in a laboratory AMBR treating sulfate-containing municipal wastewater at 

20 °C. Based on the evaluation of the sulfate-S influent concentrations, the sulfate 

removal of the AMBR was studied over an operating time of about four months. 

Furthermore, the emission of dissolved sulfide with the effluent was quantified and a 

possible inhibition of anaerobic microorganisms by dissolved sulfide was discussed. For 

verification of the determined sulfate removal and sulfide emissions, sulfur input and 

output mass flows were balanced, as well. Finally, the adverse effect of biological sulfate 

reduction on the energy balance of the AMBR process was evaluated and discussed. 

 Material and Methods 

 Experimental setup 

The laboratory AMBR was described in detail in Chapter 4 and 5. In brief, the AMBR 

consists of an anaerobic FB bioreactor, which has been coupled with an external tubular 

membrane module. Granular activated carbon (0.595-1.00 mm; Epibon A; Donau 

Carbon, Germany) has been chosen as carrier material for the FB bioreactor. Three 

different commercially available ceramic membranes were tested: Firstly, an 

ultrafiltration membrane with a cut-off of 100.000 Da, secondly, a microfiltration 

membrane with a mean pore size of 0.4 µm, and finally, an ultrafiltration membrane 

with a mean pore size of 0.05 µm. All membranes were manufactured by atech 

innovations (Germany) and had the same dimensions: di = 16 mm; L = 500 mm; 

Am ≈ 0.025 m². Glass beads (soda-lime glass, density = 2,500 kg/m³, Worf Glaskugeln, 

Germany) with a diameter of 1.5 mm were used to mitigate fouling. The glass beads 

were fluidized within the tubular membranes by the crossflow.  

 Operating conditions 

The study was divided into three phases carried out in series. In each phase, one of the 

above mentioned membranes was tested under comparable operating conditions. Each 

phase included a mode of filtration with fluidized glass beads (marked with w/) carried 

out for 46 days, followed by a mode of filtration without glass beads (data not shown). 

For assessing the sulfur balance, only the modes in the presence of fluidized glass beads 

were evaluated. Due to a significant increase in TMP in the absence of fluidized glass 

beads, the empty-tube filtration tests were too short (duration about one day) for 

sufficient data collection. Table 28 compiles the relevant operating conditions. Detailed 
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information on further operating parameters (crossflow velocity, organic loading rate, 

flux), filtration performance, and organic removal are given in Chapter 5 (see section 

5.2.1.2) 

The reactor was fed with raw municipal wastewater (160 μm pre-screened) from the 

WWTP Darmstadt Süd (Darmstadt, Germany). The raw wastewater was stored in a 

refrigerated, stirred feed tank between 5 and 10 °C and replaced weekly. The mean 

total COD of the wastewater was 369 mg/l (SD = 98 mg/l), whereby the total COD 

feed concentrations were subject to large fluctuations between 142 and 678 mg/l. The 

mean sulfate concentration of the wastewater was 110 mg/l (SD = 25 mg/l). Sulfate 

concentrations varied between 43 and 141 mg/l. The resulting COD/sulfate ratio was 

about 3 or based on sulfate-S about 10, respectively. All experiments were carried out 

in a climate chamber at 20 °C. Before starting the tests, for more than 6 months, the 

biofilm on the GAC was cultivated under operating conditions (same feed, organic 

loading rate, and temperature) comparable to those in the present study.  

Table 28 Operating conditions of the AMBR (arithmetic means) 

Mode (-) Iw/ IIw/ IIIw/ 

Operating time (d) 46 46 46 

HRT (h) 1.6 1.7 1.7 

Total COD (mg/l) 307 379 410 

Influent sulfate (mg/l) 105 90 131 

Influent sulfate-S (mg S/l) 35 30 44 

Sulfate-S LR (kg sulfate-S/(m³∙d)) 0.5 0.4 0.6 

 

 Sampling and assays 

COD and sulfate were analyzed as described in section 3.2.3. Sulfate effluent 

concentrations were determined according to the German standard method DIN 

(2009a). Permeate (effluent) samples for sulfate analysis were preserved by adding 

0.1 ml formalin (37%) and 1 ml NaOH (0.1 mol/l) per 100 ml sample. Total sulfur 

concentrations of the influent were determined according to the German standard 

methods DIN (2002) and DIN (2009b). To determine the total sulfur incorporated in 

the particular organic matter and accumulated within the reactor, the sludge in the 

AMBR was collected at the end of each operating mode. The sludge was 0.45 μm filtered 

(Whatman ME 25, GE, UK) using a pressure filtration equipment and the recovered 

filter cake was suspended in deionized water. Total sulfur concentrations of the 



 

 

147 

suspensions were determined according to the German standard methods DIN (2002) 

and DIN (2009b). Influent and sludge samples were stored refrigerated until analysis. 

The total dissolved sulfide concentration of the permeate (sum of dissolved hydrogen 

sulfide (H2Sdiss), bisulfide ions (HS-), and sulfide ions (S2-)) was determined using 

cuvette tests (Hach, USA). To avoid stripping of hydrogen sulfide, the sample (1 ml) 

was diluted with 29 ml deionized water and 0.125 ml NaOH (0.1 M) immediately after 

collection. Consequently, the pH-value of the diluted samples ranged between 9 and 

10. Subsequently, the sulfide concentration of the dilution was determined. 

Concentrations of dissolved hydrogen sulfide (H2Sdiss) and bisulfide ions (HS-) in the 

AMBR were calculated considering the dissociation of hydrogen sulfide in aqueous 

solution according to Equations 68 and 69 (Garrels & Christ 1965).  

H2S ↔ HS-+H+ (68) 

HS- ↔ S2-+H+ (69) 

Within the pH range of 6.9-7.4 (as measured in the present study), the second 

dissociation step (Equation 69) can be neglected (Speece 1996). Thus, the amount of 

H2Sdiss can be calculated according to Equation 70. Here, c0 (mol/l) is the total dissolved 

sulfide concentration (sum of H2Sdiss, HS-, and S2-). The dissociation constant K is 10-7 

mol/l (Garrels & Christ 1965). To predict the concentration of hydrogen ions, the pH-

value was determined during sampling by means of a pH electrode (Sensolyt, WTW, 

Germany) installed in the AMBR and connected to a pH meter (pH 191, WTW, 

Germany). It was assumed that pH-value and sulfide concentrations within the reactor 

were equal to the values of the permeate.  

H2Sdiss =  
c0∙c(H+)

K+c(H+)
 (70) 

Gaseous hydrogen sulfide (H2Sgas) partial pressure was calculated according to Henry´s 

law. Henry´s law constant was calculated based on data from NIST (2017). As the 

biogas flow rate, measured volumetrically (MilliGascounter, Ritter, Germany), was 

known, the H2Sgas mass flow could be calculated. To predict the potential electrical 

energy of the produced methane, a conversion factor of 0.33 (heat from combustion to 

electrical energy) and a lower heating value of 800 kJ/mole were assumed. 
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 Results and Discussion 

 Total sulfur and sulfate influent concentrations 

Figure 32 shows the mean total sulfur influent concentrations in mode Iw/ (40 mg/l), 

mode IIw/ (33 mg/l), and mode IIIw/ (46 mg/l). In each mode, sulfate was clearly the 

most important sulfur compound in the influent. The mean fraction of sulfate-S of the 

total influent sulfur was 86 % (mode Iw/B), 92 % (mode IIw/), and 95 % (mode IIIw/). 

The residual sulfur (residual-S) fraction was not analyzed in detail. However, an input 

of dissolved sulfide-S via raw wastewater was excluded: any sulfide should have been 

stripped during 160 µm screening of the raw wastewater or the subsequent refrigerated, 

unsealed storage of the influent under continuous stirring. Lee et al. (2016), as well, 

stated that sulfate is the main sulfur source in municipal wastewater. In their study, the 

fraction of sulfate-S of the total influent sulfur was about 89 % and 99 %, respectively 

(Lee et al. 2016). In the present study, the main source for sulfate is probably local 

potable water. According to analysis data of the local water supplier, the potable water 

contains between 66 and 102 mg sulfate/l (ENTEGA AG, 2017). Sulfate concentrations 

of the raw wastewater ranged between 43 and 141 mg/l.  

 

 

Figure 32 Mean total sulfur (Total S) and sulfate-sulfur (Sulfate-S) influent 

concentrations of each mode (n = number of samples) 

 Sulfate removal 

A mean sulfate-S removal of 95 % was observed in the present study (see Figure 33). 

The sulfate-S removal was, regardless of the sulfate-S loading rate, on a constant level 

of above 90 %, except for a one-time drop to 87 %. The almost complete sulfate-S 

removal signifies that SRB successfully competed with other microorganisms (e.g. 

methanogenic archaea) for substrate under the given operating conditions. 
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As previous studies have shown, SRB will outcompete methanogenic archaea during 

the treatment of synthetic media and municipal wastewater. Therefore, the observed 

high sulfate removal was expected. A sulfate removal of 94 % was observed during 

treatment of a low-strength wastewater based on sucrose at a temperature of 25 °C by 

Harada et al. (1994). High sulfate removals were also reported during anaerobic 

treatment of sulfate-containing municipal wastewater with AMBRs. Giménez et al. 

(2011) reported a sulfate removal of 98 % treating municipal wastewater with a pilot-

scale AMBR at a temperature of 33 °C. Furthermore, at a temperature of 25 °C, complete 

sulfate removal (> 99 %) with an AMBR in laboratory scale treating municipal 

wastewater was observed by Yoo et al. (2012). Pretel et al. (2014) reported a sulfate 

removal of 98 % with a pilot-scale AMBR treating municipal wastewater at 

temperatures between 17 °C and 33 °C. At temperatures ranging from 15 °C to 30 °C, 

Shin et al. (2014) reported complete sulfate removal (> 99 %) with a pilot-scale AMBR 

treating municipal wastewater. In the same study, in wintertime, the sulfate removal 

decreased to about 62 % at temperatures between 9 °C and 11 °C (Shin et al. 2014). 

Based on theirs findings, Shin et al. (2014) concluded that temperature might influence 

sulfate removal. However, lower sulfate removal values were observed at higher 

temperatures, as well. At a temperature of 25 °C, Lee et al. (2016) reported sulfate 

removals of 78 % and 47 % with an AMBR treating municipal wastewater. The reported 

low sulfate removal might be caused by the presence of acetate as predominant 

substrate for SRB. Omil et al. (1998) and van den Brand et al. (2014) observed that 

SRB were poor competitors of methanogens for acetate.  

 

 

Figure 33 Sulfate-S removal versus sulfate-S loading rate during mode I/w, IIw/, and 

IIIw/  
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 Sulfide emissions 

Sulfide is a critical wastewater compound as high sulfide concentrations cause odor 

emissions and corrosion problems (Oude Elferink et al. 1994; Colleran et al. 1995; 

O’Flaherty et al. 2006). In addition, considering that one mole sulfide is equal to 64 mg 

COD, the presence of dissolved sulfide increases the oxygen demand of the effluent. 

Due to its toxic effect, dissolved sulfide is also a potentially strong inhibitor of the 

anaerobic process (Oude Elferink et al. 1994; Colleran et al. 1995; O’Flaherty et al. 

2006). Therefore, the emissions of total dissolved sulfide (sum of H2Sdiss, bisulfide ions 

(HS-), and sulfide ions (S2-)) with the permeate, i.e. the effluent, of the AMBR were 

quantified. 

Figure 34a and Figure 35a show the mass flows of total dissolved sulfide-S (sum of 

H2Sdiss-S, HS--S, and S2--S) for mode IIw/ and mode IIIw/ leaving the reactor with the 

permeate. Furthermore, the mass flow of reduced sulfate-S are shown. As sulfate 

represents the main source for sulfur in the present study, sulfide emissions strongly 

correlate with the mass flow of reduced sulfate-S. A decline in the reduced sulfate-S 

mass flows promptly led to a decline in the permeate sulfide-S mass flow (see mode 

IIw/ in Figure 34a). Another interesting result is that the dissolved sulfide-S output 

mass flow (leaving the reactor with the permeate) was generally slightly higher than 

the reduced sulfate-S mass flow. Hence, a part of the residual sulfur in the influent was 

converted to dissolved sulfide-S in the bioreactor, as well. An input of dissolved sulfide-

S via raw wastewater seems rather unlikely, as the influent was stored unsealed under 

continuous stirring. The total dissolved sulfide-S (sum of H2Sdiss-S, HS--S, and S2--S) 

permeate concentrations are shown in Figure 34b (mode IIw/) and Figure 35b (mode 

IIIw/). Depending on the sulfate influent concentrations, the total dissolved sulfide-S 

concentrations of the permeate varied between 14 and 43 mg/l in mode IIw/ (Figure 

34b). During mode IIIw/ (Figure 35b), the influent sulfate concentrations did not show 

any distinct fluctuations and the total dissolved sulfide-S concentrations were in a 

narrow range between 40 and 44 mg/l. Furthermore, Figure 34b and Figure 35b show 

the concentrations of H2Sdiss and HS-, calculated according to Equation 70. As long as 

the pH-value is above 7, HS- is the predominant sulfide species. In the present study, 

this was generally the case, only during mode IIw/ the pH-value dropped slightly below 

7 once. 
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(a) 

 
(b) 

Figure 34 Sulfide-S emissions and reduced sulfate-S mass flow (a), and sulfide-S, H2S-S, 

and HS--S concentrations of the AMBR permeate (b) during mode IIw/; H2S-S and HS--S 

concentrations were calculated according to Equation 70 considering the 

corresponding pH-value. 

 

 

 

 

 

 



 

 

152 

 
(a) 

 
(b) 

Figure 35 Sulfide-S emissions and reduced sulfate-S mass flow (a), and sulfide-S, H2S-S, 

and HS--S concentrations of the AMBR permeate (b) during mode IIIw/; H2S-S and HS--

S concentrations were calculated according to Equation 70 considering the 

corresponding pH-value. 

Regarding the inhibiting effect of the different sulfide species on methanogenesis, there 

are contradictory statements in literature (Speece 1996; Chen et al. 2008). It is 

generally assumed that the toxic effect of sulfide on microorganisms is predominantly 

caused by dissolved hydrogen sulfide (H2Sdiss) (Speece 1996; Rittmann & McCarty 

2001; Chen et al. 2008). However, there is some discrepancy in this hypothesis as it 

was observed that total dissolved sulfide concentration and pH-value affected the 

inhibition of methanogens, as well (Speece 1996; Chen et al. 2008). According to 

Maillacheruvu et al. (1993), concentrations of up to 130 mg H2Sdiss/l and 400 mg total 

dissolved sulfide/l did not affect methanogens in an acetate-fed biofilm reactor at a 

temperature of 35 °C. As Figure 34b shows, during mode IIw/ H2Sdiss-S concentrations 
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were between 7 and 16 mg/l or between 8 and 17 mg/l H2Sdiss, respectively. During 

mode IIIw/ (Figure 35b), sulfate influent concentrations showed less fluctuations and 

consequently H2Sdiss-S concentrations were in a narrow range between 13 and 16 mg/l 

or in terms of H2Sdiss between 13 and 17 mg/l. Due to the high internal recirculation 

rate, permeate concentrations can be equated with inflow concentrations of the 

anaerobic fluidized bed reactor. In summary, an inhibiting effect of the H2Sdiss or total 

sulfide concentration can be excluded in the present study.  

 Sulfur balance 

High dissolved sulfide concentrations imply that only a small fraction of the inflow 

sulfur mass flow left the AMBR in form of gaseous H2S or accumulated within the 

reactor. To verify this result, the input and output sulfur mass flows during mode IIIw/ 

were balanced (Table 29). About 94 % of the influent sulfur is attributed to sulfate-S, 

which is then almost completely reduced in the process. Consequently, the effluent 

contained only 4 % of the total influent sulfur or 5 % of the influent sulfate-S, in form 

of sulfate. 93 % of the total influent sulfur left the reactor in form of dissolved sulfide, 

which is mainly due to sulfate reduction. Roughly, one third of the dissolved sulfide 

existed as H2Sdiss. About 1 % of the total sulfur influent accumulated within the reactor 

in form of particulate matter (> 0.45 µm). Less than 1% of the influent sulfur left the 

reactor in form of gaseous hydrogen sulfide (H2Sgas). Note that H2Sgas concentrations 

were not measured but calculated assuming thermodynamic equilibrium using Henry’s 

law. The sulfur balance confirms the results discussed above and shows that the main 

fraction of the inflow sulfur leaves the AMBR as dissolved sulfide with the permeate. 

Only a small fraction (less than 1 %) of the influent sulfur is transferred into the gaseous 

phase. 
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Table 29 Sulfur balance of mode IIIw/ 

  (mg/l) (%)  

Influent Total S  46 100  

Influent Sulfate-S  44 94  

Permeate total Sulfide-S  43 93  

Permeate HS--S  29 62  

Permeate H2S-S  14 31  

Permeate sulfate-S  2 4  

Accumulated S  0.4 1  

Gaseous H2S-S  0.2 < 1  

Unknown  1 2  

 

 Energy considerations 

SRB utilize organic carbon and hydrogen for the reduction of sulfate, which is therefore 

not available for methane production. Consequently, the presence of sulfate affects the 

energy balance of the AMBR process. In Figure 36 the energy content of the theoretically 

produced methane (expressed in kWh per m³ treated influent) is plotted against sulfate 

concentration for wastewater with a COD of 300, 414 (mean COD concentration of 

mode IIIw/), 500 and, 700 mg/l. To predict the potential energy content of the 

produced methane, a lower heat value of 800 kJ/mole and recovery of both the gaseous 

and the dissolved methane were assumed. Based on data from Chapter 5 during 

treatment of municipal wastewater at 20 °C and a HRT between 1.5 and 2 h, about 

50 % of influent COD is biologically degraded in the AMBR and can potentially be 

converted to methane. Furthermore, based on the results discussed above, a sulfate 

removal of 95 % was assumed. 

Mean COD and sulfate concentrations in mode IIIw/ were 414 mg/l and 131 mg/l 

resulting in a COD to sulfate ratio of 3.2 (see square in Figure 36). In the absence of 

sulfate, the energy content of the produced methane is 0.72 kWh/m³. However, due to 

the presence of sulfate, the specific methane production was reduced by almost 40 % 

resulting in an energy recovery of 0.45 kWh/m³ (based on measured data from Chapter 

5). Furthermore, it should be noted that a distinct part of the produced methane leaves 

the AMBR dissolved with the permeate: in mode IIIw/, energy equivalents of 

0.24 kWh/m³ were recovered as gaseous methane and 0.21 kWh/m³ left the AMBR 

dissolved with the effluent. As methane solubility increases with decreasing 

http://dict.leo.org/englisch-deutsch/degrade
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temperature, the loss of dissolved methane is a serious issue during anaerobic municipal 

wastewater treatment at ambient temperatures. Further efforts are mandatory to 

recover the dissolved methane as energy resource and minimize emissions of methane, 

which is a strong greenhouse gas with a global warming potential of 28 carbon dioxide-

equivalents over a 100-year horizon (Myhre et al. 2013). Assuming a COD-to-methane 

conversion factor of 50 % at a COD/sulfate ratio of 1.3, the biologically degradable COD 

is completely consumed by SRB. In this case, no methane would be produced. Figure 

36 illustrates the distinct negative impact of sulfate on methane production during 

treatment of low-strength wastewater. 

 

 

Figure 36 Energy content of the produced methane (expressed in kWh per m³ treated 

influent) as a function of the sulfate influent concentrations for different COD influent 

concentrations; an influent COD-to-methane conversion factor of 50 % in the AMBR, 

sulfate removal of 95 %, a lower heat value of 800 kJ/mole for methane, and 

utilization of dissolved and gaseous methane were assumed. Note that at 20 °C and 

COD ≈ 410 mg/l (present study), about 50 % of the total produced methane is 

dissolved in the liquid phase as indicated in the figure. 

Of particular interest is, whether the generated electrical energy is sufficient to cover 

the energy demand of the AMBR. Based on laboratory experiments, the electrical energy 

demand for AMBR operation was calculated to be about 0.31 kWhel/m³ (see Chapter 5, 

Table 26, p. 135). In the described AMBR, fouling was minimized via the use of fluidized 

glass beads, which enabled an operation at low crossflow velocities and energy 
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demands, respectively (see Chapters 4 and 5). Further process optimization of the 

fluidized bed parameters and the application of intermittent fluidization could lead to 

a reduced energy demand as discussed in Chapter 5. The electrical energy demand of 

the optimized process was estimated to be 0.15 kWhel/m³ by reducing the bed voidage 

(of the fluidized bed within the membrane module) from 0.74 to 0.55 and applying 

intermittent fluidization with a fraction of 50 % without fluidization. As Table 30 shows, 

based on experimental data from mode IIIw/, without dissolved methane recovery, 0.08 

kWhel/m³ electrical energy can be generated from the gaseous methane (assuming a 

conversion factor of 0.33 from combustion heat to electricity), sufficient to cover about 

26 or 53 (optimized process) % of the AMBR process. Via the recovery of the dissolved 

methane, the usable electrical energy could be increased up to 0.15 kWhel/m³.  

To use the dissolved methane fraction as energy source, recovery techniques are 

required. Degassing membranes represent a promising approach for dissolved methane 

recovery (Crone et al. 2016). For an AMBR treating municipal wastewater at 

temperatures below 20 °C, Crone et al. (2016) estimated the electrical energy required 

for recovering dissolved methane by using degassing membranes in the range of 

0.01 kWhel/m³ effluent. For direct injection into the natural gas grid, further processing 

of the biogas is required. According to Scholz et al. (2013), the electrical energy demand 

for biogas upgrading by pressure swing adsorption (PSA) is about 0.25 kWhel/m³ 

treated biogas. In the present study, during mode IIIw/, 24.3 Nl CH4/m³ treated influent 

were captured as gaseous methane and 21.1 Nl CH4/m³ treated influent left the AMBR 

dissolved with the effluent. Assuming complete recovery of the dissolved methane and 

a methane fraction of 60 % in the reactor headspace biogas and of the biogas recovered 

by degassing membranes, the total electrical energy required for biogas upgrading is 

about 0.02 kWhel/m³ treated influent. 

As Table 30 shows, the electrical energy demand of the AMBR process including 

methane recovery and upgrading is about 0.34 kWhel/m³ or 0.18 kWhel/m³ (for the 

optimized AMBR process). By energy utilization of the total produced methane 

including the dissolved fraction (0.15 kWhel/m³), about 44 or 83 (optimized process) 

% of the total required electrical energy are covered. As Table 30 shows, in the absence 

of sulfate, an energy-neutral process might be attainable, even at low COD 

concentrations of about 400 mg/l. At higher COD concentrations of 700 mg/l, this 

might be possible also at high sulfate influent concentrations of about 250 mg/l. The 

resulting COD to sulfate ratio of about three would be on the same level as in the present 

study. In summary, the observed AMBR process might offer an energy-efficient 

treatment step for carbon removal from municipal wastewater. However, the COD 

effluent concentrations in mode IIIw/ ranged between 44 and 88 mg/l (mean = 65 
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mg/l). Therefore, in case of strict thresholds, further efforts for COD removal are 

required. Furthermore, depending on the desired use of the AMBR effluent, additional 

treatment for nitrogen, phosphorus, and sulfide removal might be mandatory. However, 

the pathogen-free effluent of the AMBR, containing the nutrients phosphorus and 

nitrogen, might be of particular interest in the issue of reuse in agricultural irrigation 

(Ozgun et al. 2013). 

Table 30 Energy balance of the AMBR process for different cases at a temperature of 

20 °C 

 

 Without 

dissolved 

methane 

recovery 

With 

dissolved 

methane 

recovery 

With 

dissolved 

methane 

recovery 

Influent COD (mg/l) 414 414 414 

Influent sulfate (mg/l) 131  131  0  

Operation AMBRa (kWhel/m³) 0.31 (0.15)b 0.31 (0.15)b 0.31 (0.15)b 

Recovery of dissolved methanec (kWhel/m³) - 0.01 0.01 

Biogas upgradingd (kWhel/m³) - 0.02 0.02 

Process energy demand (kWhel/m³) 0.31 (0.15)b 0.34 (0.18)b 0.34 (0.18)b 

Electrical energy from produced 

methane 
(kWhel/m³) 0.08e 0.15e 0.24f 

Total energy demand (kWhel/m³) 0.23 (0.7)b 0.19 (0.03)b 0.1 (-0.06)b 

aBased on data shown in Chapter 5 (cf. Table 26, p. 135) 

bReduced energy demand with regard to process optimizations as suggested in Chapter 5 (cf. 

Figure 30, p. 137) 

cAccording to Crone et al. (2016) 

dCalculated assuming a specific electrical energy demand of 0.25 kWh/m³ biogas according to 

Scholz et al. (2013) 

eBased on experimental data from Mode IIIw/ assuming a conversion factor of 0.33 from 

combustion heat to electricity 

fBased on calculated data shown in Figure 36 and assuming a conversion factor of 0.33 from 

combustion heat to electricity 
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Finally, it should be noted that the prediction of the energy demand for the AMBR 

process and methane recovery are based on theoretical values from laboratory 

experiments. Therefore, comparison of these data with data from pilot- and large-scale 

plants is only possible to a limited extent. 

 Conclusions 

Sulfate reduction in a laboratory AMBR treating sulfate-containing municipal 

wastewater with a COD/sulfate ratio of about three and a temperature of 20 °C was 

investigated. The following main conclusions can be drawn: 

 A high mean sulfate removal of 95 % shows that SRB successfully competed for 

substrate with other anaerobic microorganisms, e.g. methanogens. 

 As more than 90 % of the total influent sulfur was attributed to sulfate-S, 

dissolved sulfide emissions strongly depend on the sulfate influent mass flow.  

 More than 90 % of the total influent sulfur left the reactor in form of dissolved 

sulfide with the effluent. However, an inhibiting effect of the produced dissolved 

sulfide can be excluded in the presented study. Only a small fraction of the 

influent sulfur is transferred into the gas phase as hydrogen sulfide (< 1 %) or 

accumulated within the reactor (≈  1 %). 

 Biological reduction of sulfate affects the energy balance of the AMBR process 

distinctly. At a mean COD influent concentration of 414 mg/l and a COD/sulfate 

ratio of 3.2, between 44 and 83 % of the required electrical energy for AMBR 

operation can be covered by energetic utilization of the produced methane. In 

the absence of sulfate, an energy-neutral process for carbon removal might be 

attainable. However, recovery of the dissolved methane is mandatory to achieve 

such promising energy balances. 

 The AMBR process might be an energy-efficient option to produce a phosphorus- 

and nitrogen-containing and pathogen-free effluent that can be utilized for 

agricultural irrigation. However, the fitness for purpose of the effluent must be 

considered case by case. 
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 Final Conclusions 

This thesis focuses on developent and optimization of a novel AMBR configuration. The 

novel process consists of an anaerobic fluidized bed reactor coupled to an external tubular 

membrane module. To mitigate fouling, glass beads (dp = 0.8-1.2 and 1.5 mm) were 

fluidized within the employed ceramic tubular membranes. The results show that by 

means of fluidized glass beads, fouling can be controlled at low crossflow velocities 

(< 0.1 m/s). Based on the treatment of actual municipal wastewater at 20 °C with a 

laboratory AMBR, the following main conclusions can be drawn: 

 During operation at crossflow velocities between 0.073 and 0.074 m/s, fouling 

rates were reduced by more than 95 % in the presence of fluidized glass beads. UF 

membranes (MWCO/pore size = 100.000 Da/0.05 μm) showed almost no increase 

in TMP during 46 days of operation at mean fluxes of 7.6 and 7.8 l/(m²∙h) in the 

presence of fluidized glass beads. With the MF membrane (pore size = 0.4 μm), 

TMP rose in the presence of fluidized glass beads at a mean flux of 7.6 l/(m²∙h) to 

about 50 kPa within an operating time of 46 days. The increase in TMP was 

attributed to internal fouling that was not removable by the fluidized glass beads. 

 A glass bead diameter of 1.5 mm and a bed voidage of about 0.74 seem to be 

appropriate. However, further research is necessary to understand the impact of 

bed voidage and particle properties (e.g. diameter, density, and geometry) on the 

back transfer of retained compounds in more detail.   

 Due to the comparatively low crossflow velocities, the AMBR could be operated at 

an electrical energy demand of 0.31-0.33 kWh/m³ assuming an operating flux of 

7.5 l/(m²∙h).  

 The reported energy demand for conventional AMBRs with submerged membranes 

is about 0.3-3.4 kWhel/m³ (Liao et al. 2006; Martin et al. 2011). Hence, the energy 

demand level for fluidized glass beads enabled operation of an AMBR in external 

crossflow configuration and AMBRs in the submerged membrane configuration are 

the same.  

 By applying intermittent fluidization (i.e. applying fluidization only during 50 % of 

the total operating time) and reducing the bed voidage from 0.74 to 0.55, the 

electrical energy demand of the AMBR could be reduced even further to about 0.15 

kWhel/m³.  

 Modeling of the mass transfer in presence of fluidized glass beads and evaluation 

of experimental data from literature indicate that independent of whether diffusion, 

shear-induced diffusion, inertial lift, or scouring are the driving mechanism for 

mass transfer, an optimum bed voidage between 0.65 and 0.80 has to be expected. 

This means that operating the fluidized bed at a bed voidage below 0.65 and above 
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0.80, respectively, might result in a lower energy demand, but also in a higher 

fouling rate. 

 At fluxes of 7.6-7.8 l/(m²∙h) in the presence of fluidized glass beads, there was no 

increase in TMP during 46 days; therefore, operation at higher fluxes might be 

possible. This would reduce the energy demand even further. 

 At a mean COD influent concentration of about 400 mg/l and a COD/sulfate ratio 

of 3.2 (as measured in this study), between 44 and 83 % of the electrical energy 

required for AMBR operation are covered by energetic utilization of the produced 

methane. In the absence of sulfate, an energy-neutral process for carbon removal 

might be attainable. However, recovery of the dissolved methane is mandatory to 

achieve such promising energy balances. 

 All UF and MF membranes used in the AMBR showed severe damage, however, 

mechanical resistance differed distinctly among them: the MF  membrane (TiO2; 

pore size = 0.4 μm) showed the highest resistance, followed by the Al2O3 UF 

membrane (pore size = 0.05 μm). In contrast, the tested ZrO2 UF (MWCO = 

100.000 Da) membrane showed the strongest damage. 

 Another ceramic MF membrane (Al2O3; pore size = 0.15 µm) was tested regarding 

its mechanical resistance during a clean water filtration test: the membrane showed 

no damage and might represent a suitable option for the novel AMBR configuration. 

 At HRT between 1.3 and 2.3 h, the overall COD removal of the AMBR was about 

80 % and did not vary distinctly with the type of applied membrane.  

 Due to the addition of membrane filtration, the specific total methane production 

was enhanced by 26-35 % from 0.23 (anaerobic FB without membrane) to 0.29-

0.31 mg CH4-COD/mg influent CODtot.  

 In the AMBR, between 0.45 and 0.52 g COD per g influent COD were biologically 

degraded (sum of total methane and COD utilized for sulfate reduction). In the 

anaerobic fluidized bed reactor without membrane, only between 0.34 and 0.37 g 

COD per g influent COD were biologically degraded. 

 A high mean sulfate removal of 95 % shows that SRB successfully compete for 

substrate with other anaerobic microorganisms, e.g. methanogens. Hence, almost 

total sulfate reduction has to be expected treating municipal wastewater with the 

introduced AMBR process. As pointed out above, the biological reduction of sulfate 

affects the energy balance of the AMBR process distinctly. 

 The AMBR process might be an energy-efficient option to produce a phosphorus- 

and nitrogen-containing and pathogen-free effluent that can be utilized for 

agricultural irrigation. 
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 Outlook 

In this thesis, it was demonstrated that using fluidized glass beads might be a promising 

option to mitigate fouling in AMBRs with external crossflow membrane modules. 

However, there are manifold challenges regarding optimization and feasibility of the 

introduced AMBR process: 

 In the present study, the fluidized bed was generated in an external tubular 

membrane module. It might be challenging to scale-up such a configuration since 

the height of the fluidized bed has to be controlled in every single membrane 

channel. The crossflow velocity must be kept in a narrow range in every membrane 

channel to maintain coverage of the membrane surface by the fluidized bed. This 

may induce considerable efforts in terms of control techniques. Pilot-scale studies 

are required to test the feasibility of the introduced AMBR configuration and 

compare the performance with pilot-scale studies using HF membranes submerged 

in a fluidized bed of GAC as reported by Shin et al. (2014). 

 Fluidized glass beads with a diameter of 1.5 mm show a strong effect in terms of 

fouling mitigation. The glass bead density (ρ = 2,500 kg/m3) seems appropriate. 

However, (soda-lime) glass beads are not resistant to caustic cleaning solutions and 

other materials, e.g. polymeric media, might be cheaper. Therefore, the 

identification of other fluidization media with comparable size, density, and 

geometry are of high interest. 

 The impact of the fluidized bed parameters (bed voidage, superficial velocity, 

particle diameter, density, shape, etc.) on fouling mitigation is not yet understood 

in detail. Further research is needed to understand the fouling mitigation 

mechanism and to develop predictive models to quantify the effect of fluidized 

particles regarding fouling mitigation. 

 Membrane damage is a crucial issue when using solid-liquid fluidization for fouling 

mitigation in AMBRs. In the present study, a suitable ceramic membrane regarding 

mechanical resistance was identified. However, ceramic membranes are three to 

five times more expensive than polymeric ones. Costs and benefits of ceramic 

membranes have to be balanced.  The use of polymeric membranes has to be 

considered. 

 The results of this thesis show the strong effect on solid-liquid fluidization for 

fouling mitigation in AMBRs. Other opportunities to implement solid-liquid 

fluidization for fouling control in water-related membrane processes should be 

identified and tested. 
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Appendix 

A.1 Images of the laboratory anaerobic fluidized bed reactor 

 

Figure 37 Image of the laboratory anaerobic fluidized bed reactor 
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Figure 38 Zoom on the fluidized bed of GAC coated with biofilm  
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A.2 Images of GAC particles coated with biofilm 

 

Figure 39  GAC particles coated with biofilm (top) at start of operation; GAC and 

biomass after separation of the biofilm with a scalpel (bottom) 
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A.3 Images of the laboratory anaerobic membrane bioreactor 

 

Figure 40 Image of the laboratory AMBR 
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Figure 41 Membrane module of the laboratory AMBR 
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Figure 42 Zoom on the inlet (a) and outlet (b) of the membrane module 
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A.4 Dissolved methane concentrations during AMBR operation (Chapter 

4) 

Table 31 Measured and calculated dissolved methane concentrations in mode IIIw/B 

Mode 
Operating 

day 

Number of 

samples 

Measured 

dissolved 

CH4
a, b 

Reactor 

headspace 

CH4 

Calculated 

dissolved 

CH4
c 

Saturation 

(-) (d) (-) (mmol/l) (Vol.-%) (mmol/l) (%) 

IIIw/B 120 4 0.92 (0.03) 55 0.84 108 

IIIw/B 141 4 0.85 (0.02) 60 0.92 92 

IIIw/B 148 4 0.68 (0.01) 44 0.68 100 

aArithmetic means 

bStandard deviation in parantheses 

cCorresponding to the solubility of methane in pure water at 20 °C calculated by Henry´s 

law 
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A.5 Dissolved methane concentrations during AMBR operation (Chapter 

5) 

Table 32 Measured and calculated dissolved methane concentrations in mode Iw/B 

Mode 
Operating 

day 

Number of 

samples 

Measured 

dissolved 

CH4
a, b 

Reactor 

headspace 

CH4 

Calculated 

dissolved 

CH4
c 

Saturation 

(-) (d) (-) (mmol/l) (Vol.-%) (mmol/l) (%) 

Iw/B 22 4 0.77 (0.04) 50 0.76 101 

Iw/B 26 4 0.84 (0.01) 59 0.89 94 

Iw/B 33 4 0.83 (0.05) 56 0.82 101 

Iw/B 41 3 0.67 (0.02) 52 0.78 86 

Iw/B 43 4 0.83 (0.03) 54 0.81 101 

aArithmetic means 

bStandard deviation in parantheses 

cCorresponding to the solubility of methane in pure water at 20 °C calculated by Henry´s 

law 
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Table 33 Measured and calculated dissolved methane concentrations in mode IIw/B 

Mode 
Operating 

day 

Number of 

samples 

Measured 

dissolved 

CH4
a, b 

Reactor 

headspace 

CH4 

Calculated 

dissolved 

CH4
c 

Saturation 

(-) (d) (-) (mmol/l) (Vol.-%) (mmol/l) (%) 

IIw/B 4 4 0.97 (0.03) 67 0.99 98 

IIw/B 6 4 0.88 (0.04) 62 0.92 96 

IIw/B 8 4 0.93 (0.01) 63 0.95 99 

IIw/B 12 4 0.83 (0.02) 57 0.87 96 

IIw/B 27 4 0.67 (0.02) 51 0.76 89 

IIw/B 29 4 0.91 (0.01) 59 0.88 103 

IIw/B 34 4 0.73 (0.02) 52 0.77 95 

IIw/B 41 4 0.80 (0.02) 59 0.88 90 

aArithmetic means 

bStandard deviation in parantheses 

cCorresponding to the solubility of methane in pure water at 20 °C calculated by Henry´s 

law 
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Table 34 Measured and calculated dissolved methane concentrations in mode IIIw/B 

Mode 
Operating 

day 

Number of 

samples 

Measured 

dissolved 

CH4
a, b 

Reactor 

headspace 

CH4 

Calculated 

dissolved 

CH4
c 

Saturation 

(-) (d) (-) (mmol/l) (Vol.-%) (mmol/l) (%) 

IIw/B 6 3 0.93 (0.01) 60 0.88 106 

IIw/B 13 3 0.98 (0.02) 65 0.98 100 

IIw/B 20 4 0.87 (0.02) 62 0.91 95 

IIw/B 27 4 0.90 (0.04) 62 0.92 98 

IIw/B 34 4 0.93 (0.01) 64 0.96 97 

IIw/B 41 4 1.04 (0.02) 68 1.02 101 

aArithmetic means 

bStandard deviation in parantheses 

cCorresponding to the solubility of methane in pure water at 20 °C calculated by Henry´s 

law 
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